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Abstract 

Depleting fossil fuel reserves and adverse environmental effects of current crude-oil-

based processes have governed the development of sustainable energy resources. Biomass 

and natural gas are promising alternate sources for precursors used in chemical industry. 

Biomass upgrading is limited by its high oxygen content which reduces its energy density 

and brings forth significant challenges in its downstream processing. Chemistries that 

eliminate oxygen selectively while keeping the carbon backbone intact are required for 

development of technologies for conversion of low-quality, low-price waste product, 

biomass, to high-value specialty chemicals. Non-oxidative direct conversion of methane, 

major component of abundant natural gas reserves, to aromatics faces intrinsic 

thermodynamic constraints. This dissertation reports on (i) the kinetic, mechanistic, and 

site requirement studies performed on low temperature hydrodeoxygenation of biomass 

precursors and (ii) a novel polyfunctional catalyst formulation addressing the persistent 

thermodynamic limitations in high temperature methane dehydroaromatization. 

Transient kinetic measurements and temperature-programmed-surface reactions were 

utilized to establish accumulation of oxygen during vapor phase anisole 

hydrodeoxygenation (HDO) on molybdenum carbide (Mo2C) catalysts at 423 K and 

atmospheric pressure resulting in suppressed hydrogenation functionality of Mo2C. Kinetic 

studies on as-synthesized Mo2C (without ambient exposure prior to kinetic measurements) 

and oxygen treated Mo2C (oxygen incorporation of O:Mobulk ~ 0.075) demonstrated that 

oxygen only reduces the number of anisole HDO active sites at these low O* 

concentrations. Anisole HDO reactions on as-synthesized Mo2C and oxygen-treated Mo2C 
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(O:Mobulk ≈ 0.076 – 0.276) resulted in varying benzene and phenol selectivity elucidating 

that O* content can be used to tune the product selectivity in hydrodeoxygenation reactions 

on transition metal carbides. These changes in catalytic reactivity were plausibly ascribed 

to the formation of MoOx/MoOxCy species that disrupt ensembles required for selective 

aromatic C-O bond cleavage. In-situ CO chemical titration was developed as an operando 

technique to obtain an accurate count of active sites and thus estimate turnover frequency 

for anisole HDO reactions on Mo2C catalysts (1.1±0.3 x 10-3 mol molMo
-1 s-1). 

As-synthesized molybdenum carbide showed >98% selectivity towards deoxygenated 

products and stable chemical conversion for >30 h time-on-stream for vapor phase 

hydrodeoxygenation of acetic acid at low temperature (403 K) and atmospheric pressure. 

Space time variation experiments explicated the sequential reaction pathway for acetic acid 

deoxygenation on Mo2C. Kinetic studies established that the catalytic sites for H2 and 

acetic acid activation are distinct on Mo2C. Temperature programmed surface reaction 

(TPSR) with hydrogen post acetic acid HDO reaction evinced the catalyst surface evolution 

due to oxygen and carbon deposition. A comparison of the results in this thesis with prior 

reports suggested that the identity of the feed oxygenate determined its proficiency for 

heteroatom accumulation on/in fresh carbidic materials. 2,2-dimethylpropanoic acid 

(DMPA) was used as a selective titrant to estimate the catalytic site densities and calculate 

a turnover frequency (TOF) of (9 ± 1) × 10−4 mol s−1 molDMPA
−1 for acetic acid HDO on 

Mo2C. 

Catalyst characterization using chemical transient experiments, high-angle annular 

dark-field imaging (HAADF-STEM), and Raman spectroscopy evidenced the formation of 
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molybdenum carbide nanoclusters inside zeolite pores on high temperature (973K) 

methane exposure of MoO3/H-ZSM-5 physical mixtures air treated at 973 K. Coupling the 

catalytic function of MoCx/ZSM-5 with the hydrogen absorptive function of Zr metal in 

polyfunctional formulations resulted in circumvention of thermodynamic barriers to 

methane dehydroaromatization without perturbing the reaction pathways and aromatics 

product selectivity (70 % benzene and 20% naphthalene). Addition of Zr metal to 

MoCx/ZSM-5 in the form of staged-bed, stratified-bed, and interpellet physical mixtures 

effectively scavenges H2 formed in the catalyst bed, thereby, enhancing single-pass 

benzene + naphthalene yield to 14-16% compared to 8% in formulations without 

zirconium. Isothermal treatment of the MoCx/ZSM-5 + Zr formulation in helium post-

reaction resulted in desorption of absorbed hydrogen and regeneration of the Zr absorbent 

leading to partial regeneration of the polyfunctional catalyst formulation yielding above 

equilibrium methane conversions in multiple reaction-regeneration cycles. The critical role 

of dispersive/diffusive H2 transport in lab-scale methane DHA experiments was 

demonstrated through a detailed reaction-transport model capturing the interplay of kinetic, 

diffusive, and convective length scales.  

Current catalytic technologies are faced with new challenges due to shift in available 

feedstocks towards chemically diverse and renewable sources. This research addresses the 

challenges in large-scale deployment of biomass and methane upgrading chemistries at 

fundamental and applied levels by examining the concepts of deoxygenation and C-H 

activation on catalytic surfaces.  
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Figure 2-3 Normalized mass spectrometer (MS) signals of m/z = 78, cyclohexane 

(m/z=84) and anisole (m/z=108) during the transient of vapor phase anisole HDO for (a) a 

freshly prepared molybdenum carbide catalyst and (b) an oxygen treated molybdenum 

carbide catalyst.  All MS signals were normalized to the MS signal of m/z=78 at steady 

state. .................................................................................................................................. 28 

Figure 2-4 TPSR with H2 at 723 K of the oxygen treated molybdenum carbide catalyst in 

which a freshly synthesized Mo2C catalyst was treated in a flow of 1% O2/He (3.75 cm3 s-

1) for 2 h at RT, followed by ramping to 423 K in 30 min and the temperature was held at 

423 K for 30 min in 1% O2/He, the catalyst was cooled to RT in a flow of H2/Ar (2.67 cm3 

s-1) prior to the TPSR experiment. The sample, after this TPSR experiment, was directly 

used for kinetic measurements of vapor phase anisole HDO (Exp #1 shown in Table 2-2).

........................................................................................................................................... 29 

Figure 2-5 Arrhenius plot of oxygen treated and freshly prepared molybdenum carbide 

catalysts for vapor phase anisole HDO.  Experimental data obtained at anisole/H2 vol% = 

~0.16%/bal with total flow rate ~1.67 cm3 s-1 under ambient pressure.  The catalysts were 

synthesized from ~1.6 g AMT.  The rates per gram of catalyst were normalized by the 

weight of the spent catalysts in which the catalysts were passivated in 1% O2/He before 

being removed from the reactors. ..................................................................................... 32 

Figure 2-6 Benzene synthesis rates vs. time-on-stream during the course of in situ CO 

titration.  The catalyst (~1.11 g, CO chemisorption uptake ~240 μmol g-1) was stabilized 

for ~10 ks before in situ CO titration.  Shaded areas indicate CO/Ar mixtures (~0.005 to 

~0.028 cm3 s-1/ ~0.036 cm3 s-1) were co-fed into the reactant feed comprising anisole/H2 

(vol%) = ~0.36/bal with a total flow rate ~1.67 cm3 s-1 at reaction temperature ~423 K 

under ambient pressure.  The dashed line is shown as a guide to the eye. ....................... 36 

Figure 2-7 Normalized Ar (m/z = 40) and CO (m/z =28) mass spectrometer (MS) signals 

as a function of time in which a CO (0.017 cm3 s-1)/Ar (0.033 cm3 s-1) gas mixture was co-

fed into (a) an empty reactor with a reactant gas stream (pure H2, 1.67 cm3 s-1) at time zero 

and (b) over Mo2C catalyst bed during the course of in situ CO titration. τB and τ represent 

the breakthrough time of CO and average residence time of CO determined by integration 

of the normalized Ar and CO breakthrough curves (shaded area). Reactant feed comprising 
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anisole/H2 (vol%) = ~0.36/bal (total flow rate ~1.67 cm3 s-1) at a reaction temperature ~423 

K under ambient pressure; Mo2C loading ~1.11 g (CO chemisorption 240 μmol g-1). .... 37 

Figure 2-8 Turnover frequency (TOF) of benzene synthesis determined by in situ CO 

titration as a function of CO space time, defined as (amount of catalyst) / (CO co-feed flow 

rate employed in the corresponding titration experiments).  Different CO space times were 

achieved using both different amounts of catalyst (~1.77 g, ~1.11 g and ~0.43 g) and 

different CO co-fed flow rates (~0.0076 cm3 s-1to 0.053 cm3 s-1). Detailed experimental 

data used in this plot is published in [38]. Reaction conditions: feed composition: 

anisole/H2 (vol%) = 0.36~0.75/bal; reaction temperature 423 K; ambient pressure; anisole 

conversion ~10 to ~19% with benzene selectivity ~95%. ................................................ 38 

Figure 3-1(a) Benzene and phenol formation rates and (b) aromatic product selectivity on 

molar basis, as a function of oxygen content on Fresh and oxygen-modified Mo2C catalysts 

during steady-state anisole HDO reactions (36 ks time-on-stream). O:Mobulk 

(molO/molMobulk) calculated as discussed in Table 3-1. Reaction conditions: temperature 

423 K, anisole/H2 ≈ 1 kPa/balance, total flow rate 1.67 cm3 s-1, and catalyst loading 1g. 54 

Figure 3-2 Product selectivity (on molar basis) vs. time-on-stream for anisole HDO 

reaction on oxygen-modified Mo2C (O-Mo2C-343, O:Mobulk ≈ 0.129 molO/molMobulk) (a) 

before and (b) after temperature-programmed-surface-reaction (TPSR) with H2 at 723 K. 

Reaction conditions: temperature 423 K, anisole/H2 ≈ 1 kPa/balance, total flow rate 1.67 

cm3 s-1, and catalyst loading 1g......................................................................................... 56 

Figure 3-3 Benzene turnover rate (TOR, measured via in-situ CO chemical titrations) as a 

function of oxygen content on Fresh and oxygen-modified Mo2C catalysts during steady-

state anisole HDO reactions. O:Mobulk (molO/molMobulk) calculated as discussed in  Table 
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Figure 3-4 Mass spectrometer transient profile of reactor effluent and reactor temperature 

during temperature-programmed-surface-reaction (TPSR) with H2/Ar (87.5/12.5 vol%, 

~2.67 cm3s-1) at ~723 K, following oxygen treatment of as-synthesized Mo2C at 423 K 

(O:Mobulk ~0.276). ............................................................................................................ 64 

Figure 3-5 Mass spectrometer transient profile of H2O (m/z = 18) and benzene (m/z = 78) 

during anisole reaction on oxygen-modified Mo2C (O-Mo2C-343). Reaction conditions: 
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temperature ~423 K, anisole/H2 ~ 1 kPa/balance, total flow rate ~1.67 cm3 s-1, and catalyst 
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Figure 3-6 Transient reaction profile of anisole reaction on (a) Fresh-Mo2C and (b) 

oxygen-modified Mo2C (O-Mo2C-343). Reaction conditions: temperature ~423 K, 
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Figure 3-7 Effect of H2 partial pressure (red data points, varied from 5.5 – 107 kPa at 0.5 

kPa anisole and balance argon, total flow rate ~1.67 cm3 s-1, temperature = 403 K and 

catalyst loading ~1g) and anisole partial pressure (black data points, varied from 0.16 – 

1.80 kPa at 107 kPa H2, total flow rate ~1.67 cm3 s-1, temperature = 403 K and catalyst 

loading ~1g) for (a) Fresh-Mo2C and (b) oxygen-modified Mo2C (O-Mo2C-423). Dashed 

lines are included as a guide to the eye. ............................................................................ 70 

Figure 3-8 Logarithmic plot of benzene synthesis rate vs. inverse temperature for Fresh 

and oxygen-modified Mo2C catalysts (O:Mobulk ~ 0.002 – 0.276). Reaction conditions: 

temperature varied from 392 – 445 K at anisole/H2 = 1 kPa/balance, total flow rate ~1.67 

cm3 s-1 and catalyst loading ~1g. Dashed lines are included as a guide to the eye. .......... 71 

Figure 3-9 Benzene synthesis rate vs. time-on-stream during the course of in-situ CO 

titration. The catalyst (1g) was stabilized for 15 ks before in-situ CO titration. Shaded areas 

indicate CO (0.0076 to 0.053 cm3 s-1)/Ar (0.03 cm3 s-1) mixtures were co-fed into the 

reactant feed comprising 1 kPa anisole/ balance H2 with a total flow rate 1.67 cm3 s−1 at 

reaction temperature 423 K under ambient pressure. Anisole conversion was 20% at steady 
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Figure 3-10 Normalized Ar (m/z = 40) and CO (m/z =28) mass spectrometer signals 

through (a) a blank reactor and (b) Fresh-Mo2C catalyst, during the course of in-situ CO 
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comprising anisole/H2 1kPa/balance (total flow rate 1.67 cm3 s−1) at a reaction temperature 
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presence/absence of CO were tracked using GC before 0 s and after 0.2 ks. ................... 75 

Figure 4-1(a) Acetic acid conversion and (b) measured product selectivity of acetaldehyde 

and ethanol as a function of time-on-stream at 403 K and 1 atm. Reaction conditions: acetic 
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acid/ cyclohexane/ H2 = 1.5 kPa/0.07 kPa/balance, total flow rate  ~1.67 cm3 s-1 and catalyst 
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Figure 4-2 (a) Acetic acid conversion and (b) measured product selectivity of acetaldehyde 

and ethanol as a function of time-on-stream at 403 K and 1 atm. Fresh Mo2C catalyst (black 

data points) and the same catalyst after regeneration (red data points). Reaction conditions: 

acetic acid/ cyclohexane/ H2 = 1 kPa/0.07 kPa/balance, total flow rate  ~1.67 cm3 s-1 and 

catalyst loading = 83 mg. (c) Temperature-programmed surface reaction with H2 (TPSR) 

of the Mo2C catalyst after vapor phase acetic acid HDO for ∼1500 minutes shown in 

Figure 4-2(a) and (b). The catalyst was purged in a flow of H2/Ar (81.5/18.5 vol %, total 

flow rate ∼2.6 cm3 s−1) at ∼403 K for ∼10 minutes; subsequently, the temperature was 

ramped from ∼403 K to ∼723 K with a ramp rate ∼0.09 K s−1. ...................................... 93 

Figure 4-3  (a) Normalized effluent partial pressures as a function of contact time (0.06 – 

26 h gcat gacetic acid
-1). (b) Normalized effluent partial pressures for major products at short 

contact times (0.06 – 1.73 h gcat gacetic acid
-1). (c) Normalized effluent partial pressures as a 

function of contact time (0.06 – 26 h gcat gacetic acid
-1) for side products in acetic acid HDO. 

Reaction conditions: temperature = 403 K, pressure = 1 atm, acetic acid/ cyclohexane/ H2 

= 1 kPa/0.07 kPa/balance, total flow rate was varied from 0.33 – 6.17 cm3 s-1 and catalyst 

loading was 95 mg and 720 mg in two independent experiments. Acetic acid conversion 

varied from 0.008 % to 46 %. Dashed lines are included as a guide to the eye. .............. 98 

Figure 4-4 (a) Effect of H2 partial pressure (red data points, varied from 11 – 107 kPa at 

0.21 kPa acetic acid and balance argon, total flow rate ~1.67 cm3 s-1, temperature = 403 K 

and catalyst loading = 101 mg) and acetic acid partial pressure (black data points, varied 

from 0.14 – 6.30 kPa at 107 kPa H2, total flow rate ~1.67 cm3 s-1, temperature = 403 K and 

catalyst loading = 63 mg). (b) Effect of water partial pressure (varied from 0 – 46 Pa at 1 

kPa acetic acid and 106 kPa H2, total flow rate  ~1.67 cm3 s-1, temperature = 403 K and 

catalyst loading = 90 mg). Acetic acid conversion was in the range 0.75 – 4.40 %. Dashed 

lines are included as a guide to the eye. .......................................................................... 104 

Figure 4-5 Logarithmic plot of kapp (= acetic acid HDO rate/PH20.5) vs inverse 

temperature. Reaction conditions: temperature varied from 373 – 433 K at acetic acid/ 
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cyclohexane/ H2 = 0.2 kPa/0.32 kPa/balance, total flow rate ~1.67 cm3 s-1 and catalyst 

loading = 88 mg. Acetic acid conversion in the range 1.1 – 4.5 %. ............................... 105 

Figure 4-6  (a) Effect of H2 partial pressure (red data points, varied from 11 – 107 kPa at 

0.21 kPa acetic acid and balance argon, total flow rate ~1.67 cm3 s-1, temperature = 403 K 

and catalyst loading = 101 mg) and acetic acid partial pressure (black data points, varied 

from 0.14 – 6.30 kPa at 107 kPa H2, total flow rate ~1.67 cm3 s-1, temperature = 403 K and 

catalyst loading = 63 mg). (b) Effect of water partial pressure (varied from 0 – 46 Pa at 1 

kPa acetic acid and 106 kPa H2, total flow rate  ~1.67 cm3 s-1, temperature = 403 K and 

catalyst loading = 90 mg). Acetic acid conversion was in the range 0.75 – 4.40 %. Dashed 

lines are included as a guide to the eye. .......................................................................... 106 

Figure 4-7 Acetic acid HDO rate vs. time-on-stream during the course of in-situ 2,2-

dimethylpropanoic acid (DMPA) titration. The catalyst (∼180 mg) was stabilized for 

∼1450 minutes before in-situ DMPA titration. Shaded areas indicate DMPA/Ar mixtures 

(0.04 – 0.38 kPa DMPA/ 3.70 kPa argon) were co-fed into the reactant feed comprising 

0.50 kPa acetic acid/ balance H2 with a total flow rate ~ 1.67 cm3 s−1 at reaction temperature 

= 403 K under ambient pressure. Acetic acid conversion was 5.8 % at steady state in 

absence of DMPA co-feed. ............................................................................................. 109 

Figure 4-8 Normalized Ar (m/z = 40), DMPA (m/z =57) and acetic acid (m/z = 43) mass 

spectrometer signals through (a) a blank reactor and (b) Mo2C catalyst, during the course 

of in-situ DMPA titration. The breakthrough time of DMPA and average residence time of 

DMPA determined by integration of the normalized Ar and DMPA breakthrough curves 

(green shaded area) are represented by t1 and t2. DMPA/Ar was co-fed as a titrant/ inert 

tracer with a flow rate of ∼ 1.8 x 10-5 cm3 s−1/∼0.06 cm3 s−1 into a reactant feed comprising 

acetic acid/H2 ∼0.50 kPa/balance (total flow rate ∼1.67 cm3 s−1) at a reaction temperature 

= 403 K under ambient pressure; Mo2C loading ∼180 mg. Acetic acid HDO rates in the 

presence/absence of DMPA were tracked using GC before 0 s and after 1800 s. .......... 112 

Figure 4-9 Turnover frequency (TOF) of acetic acid HDO, determined by in-situ DMPA 

titration, as a function of DMPA pressure (varied from 0.04 – 0.38 kPa). Reaction 

conditions: temperature = 403 K under ambient pressure; feed composition: acetic acid/H2 

= 0.51 kPa/balance; Mo2C loading ∼180 mg. The amount of DMPA adsorbed was 
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calculated using the breakthrough time, t1, as shown in Figure 4-8((b). Acetic acid 

conversion ranged from ~ 5.0 – 7.0 % at steady state in absence of DMPA co-feed. .... 114 

Figure 4-10 (a) X-ray diffraction patterns of Mo2C catalysts before and after acetic acid 

HDO reaction (30 h time- on-stream), including reference diffraction patterns for FCC α-

Mo2C (JCPDS PDF # 00-015-0457) and orthorhombic β-Mo2C (JCPDS PDF # 01-072-

1683). (b) X-ray photoelectron spectrum (XPS) of Mo 3d region of Mo2C catalysts (b) 

before and (c) after acetic acid HDO reaction. ............................................................... 119 

Figure 4-11 Time on stream evolution of product GC areas of acetic acid HDO in 

presence/absence of cyclohexane co-feed. Reaction conditions: temperature = 403 K under 

ambient pressure; feed composition: acetic acid/cyclohexane/H2 = 0.99 kPa/0.08 

kPa/balance; Mo2C loading ∼113 mg. ............................................................................ 121 

Figure 4-12 Selectivity (on a molar basis) of acetic acid HDO products on as-synthesized 

Mo2C catalyst used in this study with respect to acetic acid conversion. Reaction 

conditions: temperature = 403 K, pressure = 1 atm, acetic acid/ cyclohexane/ H2 = 1 

kPa/0.07 kPa/balance, total flow rate was varied from 0.33  ‒ 6.17 cm3 s-1 and catalyst 

loading was 95 mg and 720 mg in two independent experiments where contact time varied 

from  0.06 ‒ 26 h gcat gacetic acid
-1. ..................................................................................... 122 

Figure 4-13 Turnover frequency (TOF) of acetic acid HDO, determined by in-situ DMPA 

titration, as a function of DMPA pressure (varied 0.04 ‒ 0.38 kPa). Reaction conditions: 

temperature = 403 K under ambient pressure; feed composition: acetic acid/H2 = 0.51 

kPa/balance; Mo2C loading ∼180 mg. The amount of DMPA adsorbed was calculated 

using the average residence time, t2, as shown in Figure 4-8 (b). Acetic acid conversion 

was always 5.0 ‒ 7.0 % at steady state in absence of DMPA co-feed. ........................... 136 

Figure 4-14 Acetic acid HDO rate as a function of acetic acid conversion. A range of acetic 

acid conversion was achieved by adjusting the catalyst mass (95 mg and 720 mg in two 

independent experiments) and total flow rate (3.37 – 6.17 cm3 s-1) at temperature = 403 K, 

pressure = 1 atm, acetic acid/ cyclohexane/ H2 = 1 kPa/0.07 kPa/balance. Dashed line is 

included as a guide to the eye. ........................................................................................ 137 

Figure 4-15 X-ray photoelectron spectrum (XPS) of (a) C 1s and (b) O 1s regions of Mo2C 

catalysts after acetic acid HDO reaction for 30 h time-on-stream. ................................. 139 
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Figure 4-16 X-ray photoelectron spectrum (XPS) of (a) C 1s and (b) O 1s regions of Mo2C 

catalysts before acetic acid HDO reaction. ..................................................................... 139 

Figure 4-17 Temperature measurement during acetic acid HDO using a concentric thermal 

well for the catalyst bed and a thermocouple attached to the outside wall of the quartz 

reactor. Reaction conditions: 1 kPa acetic acid and 106 kPa H2, total flow rate ~1.67 cm3 

s-1, and catalyst loading = 150 mg. ................................................................................. 140 

Figure 4-18 (a). Acetic acid conversion and (b) acetaldehyde and ethanol molar selectivity 

as a function of time-on-stream during the course of in-situ 2,2-dimethylpropanoic acid 

(DMPA) titration. The catalyst (∼180 mg) was stabilized for ∼1450 minutes before in-situ 

DMPA titration. Shaded areas indicate DMPA/Ar mixtures (0.04 – 0.38 kPa DMPA/ 3.70 

kPa argon) were co-fed into the reactant feed comprising 0.50 kPa acetic acid/ balance H2 

with a total flow rate ~ 1.67 cm3 s−1 at reaction temperature = 403 K under ambient 

pressure. .......................................................................................................................... 142 

Figure 4-19 Selectivity (on a molar basis) of acetaldehyde and ethanol during acetic acid 

HDO on as-synthesized Mo2C catalyst as a function acetic acid conversion. Reaction 

conditions: temperature = 403 K, pressure = 1 atm, acetic acid/ cyclohexane/ H2 = 1 

kPa/0.07 kPa/balance, total flow rate was varied from 1.12 ‒ 6.17 cm3 s-1 and catalyst 

loading was 95 mg and 720 mg in two independent experiments where contact time varied 

from 0.06 ‒ 1.74 h gcat gacetic acid
-1. Symbols are experimental data while dash lines are fourth 

order polynomial fits. ...................................................................................................... 143 

Figure 4-20 Acetaldehyde and ethanol molar selectivity as a function of time-on-stream 

during the course of in-situ 2,2-dimethylpropanoic acid (DMPA) titration. The catalyst 

(∼180 mg) was stabilized for ∼1450 minutes before in-situ DMPA titration. Shaded areas 

indicate DMPA/Ar mixtures (0.04 – 0.38 kPa DMPA/ 3.70 kPa argon) were co-fed into 

the reactant feed comprising 0.50 kPa acetic acid/ balance H2 with a total flow rate ~ 1.67 

cm3 s−1 at reaction temperature = 403 K under ambient pressure. Closed symbols are 

experimental data whereas open symbols are estimates from the fourth order polynomial 

fits shown in Figure 4-19. .............................................................................................. 144 

Figure 5-1 Transient product formation rates and methane conversion as a function of 
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CH4/balance Ar), and catalyst loading ~1.2 g with Mo/Alf ~0.25. (a) Symbols are GC data 

and lines are mass spectrometer (MS) transient data. (b) Symbols are GC data and lines are 

included as a guide to the eye. ........................................................................................ 157 

Figure 5-2 Raman spectra of (a) physical mixture of MoO3 and H-ZSM-5 with Mo/Alf 

~0.25, (b) Mo/H-ZSM-5 with Mo/Alf ~0.25, and (c) H-ZSM-5 treated in flowing air at 973 

K for 5 h. The lines shown are a guide to the eye for bands at 376 cm-1, 820 cm-1, and 970 

cm-1. ................................................................................................................................ 159 

Figure 5-3 HAADF-STEM images of (i) H-ZSM-5 along [010], (ii) Mo/H-ZSM-5 along 

[010], (iii) MoCx/H-ZSM-5 along [100], and (iv) Mo/H-ZSM-5 post CH4 reaction for ~150 

ks along [100]. Reaction conditions: ~0.21 cm3 s-1 (90 vol% CH4), Mo/H-ZSM-5 ~1.2 g, 

973 K. .............................................................................................................................. 162 

Figure 5-4 Product formation rates and methane conversion as a function of time-on-

stream for Mo/H-ZSM-5 at 973 K, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), 

and catalyst loading ~1.2 g with Mo/Alf ~0.25. The dotted red line indicates the equilibrium 

conversion ~10% for 6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. ................................................. 164 

Figure 5-5 Transient product formation rates and methane conversion as a function of 

time-on-stream for Mo/H-ZSM-5 and MoCx/H-ZSM-5 at 973 K, total flow rate ~0.21 cm3 

s-1 (90 vol% CH4/balance Ar), and catalyst loading ~1.2 g with Mo/Alf ~0.25. CH4 reaction 

on Mo/H-ZSM-5 was stopped after 15.5 ks and the feed was switched to helium (~0.83 

cm3 s-1). The catalyst was cooled to room temperature, then heated to ~973 K in the same 

helium flow, and finally CH4 reaction was started on the pre-carburized catalyst designated 

as MoCx/H-ZSM-5. The dotted red line indicates the equilibrium conversion ~10% for 

6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. Symbols are GC data and lines are included as a guide 
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Figure 5-6 Transient (a) product formation rates and methane conversion, (b) effluent 

hydrogen rate and methane conversion, as a function of time-on-stream for an interpellet 

physical mixture of MoCx/H-ZSM-5 and Zr metal. Reaction conditions: temperature ~973 

K, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), and catalyst loading ~1.2 g 

MoCx/H-ZSM-5 with Mo/Alf ~0.25 and ~2.4 g Zr metal. Symbols are GC data and lines 
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are mass spectrometer (MS) transient data. The dotted red line indicates the equilibrium 
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Figure 5-7 Transient (a) methane conversion, (b) C2Hx, (c) benzene, (d) naphthalene, (e) 

toluene, and (f) hydrogen formation rates as a function of time-on-stream for MoCx/H-

ZSM-5 and an interpellet physical mixture of MoCx/H-ZSM-5 and Zr metal. MoCx/H-

ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 

cm3 s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. The dotted red line in (a) indicates 

the equilibrium conversion ~10% for 6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. ....................... 175 

Figure 5-8 Cumulative (a) methane converted, (b) benzene, (c) naphthalene, (d) toluene, 

(e) xylenes, (f) C10+ , and (g) C2Hx yield as a function of time-on-stream for MoCx/H-
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ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 
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Figure 5-9 (a) Normalized Ar (m/z = 40) and H2 (m/z = 2) effluent flow rates obtained 

using a mass spectrometer at different hydrogen feed pressures (3.28 – 95.13 kPa) during 
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Figure 5-10 X-ray diffraction patterns of (a) Zr metal, and (b) Zr hydride formed by 

hydrogen uptake of Zr metal as shown in Figure 5-9(a). The reference diffraction patterns 

are also included for Zr metal (JCPDS PDF # 03-065-3366) in (a) and ZrH1.66 (JCPDS PDF 

# 00-034-0649) and ZrH (JCPDS PDF # 00-034-0690) in (b). ...................................... 184 

Figure 5-11 Transient methane conversion as a function of time-on-stream for MoCx/H-

ZSM-5 and for an interpellet physical mixture of MoCx/H-ZSM-5 and Zr metal before 
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for 61.2 ks, 84.6 ks, and 34.2 ks respectively. MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf 

~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), 

reaction at ~973 K. The dotted red line indicates the equilibrium conversion ~10% for 

6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. ................................................................................... 188 

Figure 5-12 Mass spectrometer transient of H2 (m/z = 2) and methane (m/z = 16) effluent 

flow rate and reactor temperature during temperature-programmed-desorption (TPD) in 
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temperature ~973 K, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), and catalyst 

loading ~1.2 g MoCx/H-ZSM-5 with Mo/Alf ~0.25 and ~2.4 g Zr metal. ..................... 190 
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and Zr particles to test activity of zirconium metal for methane conversion. Reaction at 973 

K, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), and catalyst loading ~2.4 g Zr 

metal. The line indicates the switch of flow from bypass to Zr particles (at 973 K). ..... 192 

Figure 5-14 Normalized Ar (m/z = 40) and H2 (m/z = 2) effluent flow rates obtained using 

a mass spectrometer through a blank reactor. Total feed flow rate ~1.7 cm3 s-1, H2/Ar ~ 

95.13 kPa/balance, temperature ~973 K. ........................................................................ 193 

Figure 5-15 Mass spectrometer transient of H2 (m/z = 2) effluent flow rate during helium 

flush and temperature-programmed-desorption (TPD) in helium flow (~0.83 cm3 s-1) at 

~1193 K, following methane reaction on interpellet physical mixture of MoCx/H-ZSM-5 

and Zr metal, shown in Figure 5-11. Regenerations 1, 2, and 3 of Zr + MoCx/H-ZSM-5 

were performed by flushing the catalyst in helium flow (~0.83 cm3 s-1) at 973 K for 61.2 

ks, 84.6 ks, and 34.2 ks respectively. MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, 

Zr metal loading ~2.4 g, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), reaction 
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Figure 6-1 Transient (a) methane conversion, (b) benzene, and (c) naphthalene formation 

rates as a function of time-on-stream for all five studied configurations. The dashed red 

line in (a) indicates the equilibrium conversion ~10% for 6CH4 ↔ C6H6+9H2 at 973 K. 

(d) Maximum single-pass methane conversion (right axis), cumulative product yield at 10.2 
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ks time-on-stream, and carbon deposited during methane DHA reaction after 10.2 ks time-

on-stream (left axis) on MoCx/H-ZSM-5 and Zr catalyst beds configured with (i) MoCx/H-

ZSM-5 only, (ii) Zr packed upstream of MoCx/H-ZSM-5, (iii) Zr packed downstream of 

MoCx/H-ZSM-5, (iv) Zr packed both upstream and downstream of MoCx/H-ZSM-5, and 

(v) an interpellet physical mixture of Zr and MoCx/H-ZSM-5. Reaction conditions: 973 K, 

MoCx/H-ZSM-5 ≈ 1.2 g, Zr ≈ 2.4 g, feed flow rate ≈ 0.21 cm3 s-1 (90 vol% CH4). ...... 208 

Figure 6-2 Effect of H2 partial pressure (solid black diamonds, varied from 0 – 25 kPa at 

97.6 kPa CH4 and balance argon, total flow rate ca. 0.27 cm3 s-1, temperature = 973 K and 

catalyst loading = 1.2 g) and methane partial pressure (solid black circles, varied from 2.7 

– 97.6 kPa, total flow rate ca. 0.27 cm3 s-1, temperature = 973 K and catalyst loading = 1.2 

g). Methane conversion was in the range 1.2 – 8.1 %. Dashed lines are included as a guide 
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Figure 6-3 Non-dimensional tracer response curves (● or —) and ideal response fit (---) 

upon introduction of H2 by (a) impulse at 973 K with 0.33 cm3 s-1 total flow, (b) impulse 

at 973 K with 0.66 cm3 s-1 total flow, (c) step-change at 303 K with 0.29 cm3 s-1 total flow, 

and (d) step-change at 973 K with 0.29 cm3 s-1 total flow. Solid black lines in 3(a) and 3(b) 

are to guide the eye. Detailed experimental conditions listed in Table 1. ...................... 218 

Figure 6-4 Instantaneous net benzene synthesis rate (left y-axes) and hydrogen effluent 

rate (right y-axes) as a function of time-on-stream during methane DHA reaction for (a) an 

interpellet physical mixture of Zr and MoCx/H-ZSM-5, (b) Zr packed downstream of 

MoCx/H-ZSM-5, (c) Zr packed upstream of MoCx/H-ZSM-5, and (d) sandwich 

configuration, compared to MoCx/H-ZSM-5 only in each case. Reaction conditions: 973 

K, MoCx/H-ZSM-5 ≈ 1.2 g, Zr ≈ 2.4 g, feed flow rate ≈ 0.21 cm3 s-1 (90 vol% CH4). Dashed 

lines are linear fits for the curves as discussed in text and corresponding data shown in 

Table 6-2. ....................................................................................................................... 223 

Figure 6-5 (a) Methane conversion, (b) benzene, (c) naphthalene, and (d) hydrogen net 

rates as a function of time-on-stream on MoCx/H-ZSM-5 only and Zr bed packed 
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MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total flow rate 

~0.21 cm3 s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. ....................................... 226 
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Figure 6-6 Product formation rates and methane conversion as a function of time-on-

stream for (a), (b), (c) Mo/H-ZSM-5 and (c) MoCx/H-ZSM-5 at 973 K, total flow rate ~0.21 

cm3 s-1 (90 vol% CH4/balance Ar), and catalyst loading ~1.2 g with Mo/Alf ~0.25. (a) 

Symbols are GC data and lines are mass spectrometer (MS) transient data. (b) and (c) 

Symbols are GC data and lines are included as a guide to the eye. The dotted red line in (b) 

and (c) indicates the equilibrium conversion ~10% for 6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. 

(c) CH4 reaction on Mo/H-ZSM-5 was stopped after 15.5 ks and the feed was switched to 

helium (~0.83 cm3 s-1). The catalyst was cooled to room temperature, then heated to ~973 

K in the same helium flow, and finally CH4 reaction was started on the pre-carburized 

catalyst designated as MoCx/H-ZSM-5. ......................................................................... 230 
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(sandwich), and an interpellet physical mixture of Zr and MoCx/H-ZSM-5. MoCx/H-ZSM-

5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 cm3 s-1 
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Figure 6-8 Cumulative product selectivity (carbon basis) calculated at 10.2 ks time-on-

stream on MoCx/H-ZSM-5 and Zr catalyst beds configured with MoCx/H-ZSM-5 only (No 

Zr), Zr packed downstream of MoCx/H-ZSM-5, Zr packed upstream of MoCx/H-ZSM-5, 

Zr packed both upstream and downstream of MoCx/H-ZSM-5 (sandwich), and an 
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 Introduction 

1.1 Motivation 

Increasing global energy demand and deteriorating conventional fuel resources 

necessitate transition towards utilization of alternate carbon sources for production of 

building block compounds used in large scale manufacturing of everyday products such as 

paints, plastics, textiles etc..[1–7] Biomass, the only renewable carbon source, and 

methane, the key constituent of natural gas as well as the major product from 

decomposition of organic matter, are promising feedstocks in synthesis of precursors for 

valuable chemicals.[5,6,8,9] Aromatics and olefins are key precursors in chemical 

manufacturing industry and are currently sourced from crude-oil based processes. Direct 

conversion of methane to aromatics and deoxygenation of biomass-derived oxygenates to 

olefins are two prominent routes of interest as alternate to conventional processes. Catalytic 

formulations involving transition metal carbides are active for hydrodeoxygenation and 

non-oxidative methane conversion.[10,11] Hydrodeoxygenation reactions occur on micro-

sized bulk metal carbides while non-oxidative methane conversion involve metal carbide 

nanoclusters inside zeolite pores. Understanding the functioning of these catalytic systems 

using fundamental catalysis and reaction engineering concepts will enable us to address 

the challenges and opportunities in the large-scale deployment of these chemistries. This 

thesis (a) investigates the critical role of oxygen in the structural evolution of self-supported 

metal carbides during hydrodeoxygenation of aromatic ethers and carboxylic acids, and (b) 

presents a novel polyfunctional catalyst system, involving metal carbide encapsulated in 

zeolite framework and a metal hydrogen absorbent, which circumvents intrinsic 
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thermodynamic limitations in non-oxidative methane conversion to aromatics resulting in 

enhanced aromatics yield. 

1.2 Hydrodeoxygenation on self-supported bulk transition metal carbides 

Lignin, a complex organic polymer, constitutes 15-30 % by weight and 40% by energy 

of bio-oil derived from biomass via pyrolysis and thereby, offers unique routes to produce 

bulk chemicals (Figure 1-1). [12–16] The three primary routes for lignin upgrading are: 

gasification to synthesis gas (CO and H2) followed by Fischer-Tropsch synthesis to liquid 

hydrocarbons, pretreatment-hydrolysis to aqueous sugars followed by aqueous-phase 

catalytic processing or fermentation to hydrocarbon fuels, and pyrolysis or liquefaction to 

bio-oils followed by catalytic upgrading to hydrocarbon fuels.[1,2,20–28,3–7,17–19]The 

pyrolysis of oxygen-rich lignin at 648 – 800 K, involving depolymerization, dehydration, 

and C-C bond cleavage, leads to formation of a complex mixture with >200 

oxygenates.[1,5,6,18] The abundant oxygen present in the pyrolysis mixture in the form of 

carbonyl, methoxy and carboxylic functionalities deter its commercial utilization due to high 

viscosity and acidity hindering its storage and processing.[12–14,29,30] Therefore, further 

conversion of lignin-derived mixtures to industrially-relevant molecules requires selective 

oxygen removal. The key requirements for an efficient deoxygenation process for production 

of aromatics and olefins from biomass-derived oxygenate model compounds are (i) minimal 

C-C bond scissions, (ii) selective C-O or C=O bond cleavage, and (iii) efficient H2 usage to 

avoid complete hydrogenation to saturated hydrocarbons. The deoxygenation can be 

achieved through decarboxylation and decarbonylation (removal as CO, CO2) or 

hydrodeoxygenation (removal as H2O). [31–33] Hydrodeoxygenation has recently gained 
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attention due to development of inexpensive and stable metal carbide-based catalysts which 

catalyze hydrodeoxygenation (HDO) at low reaction temperatures and atmospheric 

pressures.[34–42] 

Noble-metal based conventional hydrotreating catalysts such as Co-Mo/Al2O3, Ni-

Mo/Al2O3, supported Ni, Ru, Pd, Pt, Cu, mixed oxides of Mn, W, Mo, V, Ni, and Co, and 

Ga-modified zeolite catalysts have been extensively studied for hydrodeoxygenation at high 

reaction temperatures ( 523 – 623 K) and operating pressures (1.0 – 3.4 MPa  H2). [43–52] 

Klein and co-workers [43] tested Co-Mo/Al2O3 for anisole HDO at 523-598 K and 3.4 MPa 

H2 which yielded phenol, benzene and cyclohexane as the major products (>95% selectivity). 

Huuska et al.[44] studied anisole conversion over Ni-Mo/Al2O3 at 523-623 K and 5 MPa H2 

which produced phenol, o-cresol, and 2,6-dimethylphenol and the catalyst deactivated 

rapidly at higher temperatures (above 573K). Mortensen and co-workers[45] studied phenol 

HDO over supported Ni, Ru, Pd, Pt, Cu, and mixed oxides of Mn, W, Mo, V, Ni and Co 

where phenol was first hydrogenated to cyclohexanol, then dehydrated to cyclohexene and 

subsequently hydrogenated to cyclohexane, indicating no C-O bond scission occurs over 

these catalysts. Resasco and coworkers[46] studied the HDO of m-cresol, a lignin model 

compound, over a Ga-modified zeolite catalyst (BEA structure) which resulted in significant 

 

Lignin
Model 

Compounds

Pyrolysis

BTX

H2 H2O

HDO

Figure 1-1 Schematic illustration of utilization of lignin valorization to aromatics used in 

bulk production of everyday products. 
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C-C scission products (~80% selectivity) along with deoxygenated products (benzene via 

aryl C-C scission), demonstrating the low carbon efficiency of zeolites for HDO. Therefore, 

hydrotreating catalysts are neither selective for C-O bond scission nor are they hydrogen 

efficient for deoxygenation of lignin-derived molecules. Interstitial metal carbides like 

molybdenum and tungsten carbides catalyze reactions typical of noble metals involving 

hydrogen activation and heteroatom removal like hydrogenation/dehydrogenation[53–57], 

hydrodenitrogenation (HDN)[58] and hydrodesulfurization (HDS)[59]. Combined surface 

science and density functional theory (DFT) studies by Thompson and co-workers [60,61] 

have shown that Mo2C and WC catalysts can be used for the catalytic deoxygenation of the 

C2 oxygenates (CH3CHO, CH3COOH, OH(CH2)2OH, and HOCH2CHO) where all C2 

oxygenates yielded ethylene evincing selective C-O bond cleavage. Molybdenum and 

tungsten carbides have since been shown to be active and selective for HDO of aromatic 

ethers, alcohols, aldehydes, and phenolic mixtures at low temperature (400 – 523 K) and 

atmospheric hydrogen pressure. [34–42]  

Synthesis of self-supporting molybdenum carbide catalysts with high surface area (40-

100 m2 g-1) using temperature-programmed-reduction (TPR) was first reported by Oyama 

and co-workers.[53,55] This synthesis protocol involves treatment of a molybdenum oxide 

precursor like (MoO3.H2O)[62–67], MoO3[58,66,76,77,68–75], Mo(CO)6[78] or 

(NH4)6Mo7O24.4H20[55,56,59,79–82] in a flow of >80 vol % hydrogen and a carbon 

source, usually CH4 or a light hydrocarbon, while increasing the treatment temperature to 

573 – 1100 K in a controlled manner over a period of 8-20 h. This synthesis method has 

been previously shown to provide compositional control of the catalyst surface via 
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temperature and flow variations.[62–67] In this thesis, we report synthesize of β-Mo2C via 

TPR of ammonium molybdate ((NH4)6Mo7O24.4H20) precursor in CH4/H2 flow at 573 – 

873 K. β-Mo2C consists of a hexagonal closed packed Mo lattice with carbon atoms 

occupying half of the octahedral sites as shown through XRD studies. [62,63]  

Molybdenum carbide prepared using the TPR process is highly oxophilic and 

pyrophoric in nature. [41,83] Catalytic function of metal carbide catalysts is a strong 

function of the surface adatoms such as surface and sub-surface oxygen and carbon content 

based on surface science and probe reaction studies. [74,84–90] Catalyst synthesis with 

varying carburization conditions (temperature and reductant composition) resulted in 

transition metal carbides with diverse amount of free carbon deposited and residual surface 

oxygen on/in the catalyst.[62,74,87–89,91] Alkane isomerization, alkane hydrogenolysis, 

and oxygenate deoxygenation reaction studies on these catalysts evince that heteroatom 

deposition alters the catalytic properties of transition metal carbides such as inhibition of 

metallic property and promotion of acidic character by oxygen.[62,74,87–89,91] 

Effect of oxygen on the catalytic functionality of transition metal carbides has been 

probed via direct oxygen treatment of transition metal carbides[87,89,91] and by varying 

degrees of carburization of the oxide precursor.[62] Chemisorbed oxygen deposited through 

direct oxygen treatment of tungsten carbide catalysts introduced acidic sites as evident from 

increased alkane isomerization rates and isomerization product selectivity (70-99%) with 

a concurrent reduction in rate of alkane hydrogenolysis.[58,86,92] Varying the 

carburization temperature of MoO3 precursor lead to retention of varying amounts of 

oxygen in Mo2C catalysts, resulting in change in number as well as nature of benzene 
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hydrogenation sites as evident from changing benzene turnover rate (moles of benzene 

reacted per CO site, measured through ex situ CO chemisorption) with oxygen content. 

[62] The highly oxophilic nature of molybdenum carbide and the possibility of in-situ 

oxidation of Mo2C catalysts from the oxygen-containing reactants during HDO reaction 

necessitates that the surface composition and structure of metal carbides are probed in this 

thesis using in situ techniques under reaction conditions instead of ex situ surface 

characterization methods. 

In the work reported in chapter 2, we combine transient kinetic measurements, 

temperature-programmed surface reaction (TPSR) with hydrogen, and in-situ chemical 

titrations to demonstrate (i) deposition of O:Mobulk ≈ 0.075 during anisole 

hydrodeoxygenation on Mo2C catalysts at 423 K and ambient pressure, even at a high H2-

to-anisole molar feed ratio (∼110), (ii) oxygen deposition (O:Mobulk <0.075) by direct 

oxygen treatment of Mo2C results solely in reduction of active sites for anisole HDO, and 

(iii) that an invariant benzene turnover frequency per CO titrated site results over Mo2C 

catalysts with varying CO chemisorption uptakes. 

In the work discussed in chapter 3, we utilize systematic oxygen treatment to obtain 

oxygen-modified Mo2C (O:Mobulk ≈ 0.002 – 0.276) as determined using temperature-

programmed-surface-reaction with hydrogen and demonstrate that this oxygen 

modification enables tuning of aromatic product rates and selectivity (between benzene 

and phenol) through parallel reaction pathways of anisole conversion. 
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Previous studies in our group by Wen-Sheng Lee and Cha-Jung Chen have 

demonstrated that the amount of oxygen adsorbed on/in the molybdenum carbide catalysts 

is a function of the oxygenate feed (H2O, CO2, O2, m-cresol, Figure 1-2) at similar 

oxygenate-treatment conditions (323 K, 1 kPa oxygenate feed pressure).[39] In the work 

reported in chapter 4, we have investigated the efficacy of acetic acid, a model compound 

for carboxylic acids, to deposit O-adatoms on as-synthesized Mo2C catalysts during 

hydrodeoxygenation reaction. We also report the kinetic, mechanistic, and site requirement 

studies for acetic acid HDO on Mo2C in order to make a prudent comparison between 

various biomass-derived oxygenates (aromatic ethers, alcohols, and carboxylic acids). 

Carboxylic acids constitute ~25 wt% of the biomass-derived bio-oil and present challenges 

in downstream processing due to low energy density, high viscosity, and high acid number 

of the final fuel.[17,93,94] Therefore, the selective deoxygenation of carboxylic acids using 

metal carbides reported in this thesis will help establish metal carbides as promising 

catalysts for bio-refineries. 
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1.3 Methane dehydroaromatization on Mo/H-ZSM-5 

Methane is an abundant carbon source available from renewable as well as non-

renewable resources.[8,9,95] Methane is the main component of natural and oil associated 

gases and is also a major product of biomass degradation.[96–99] Currently, methane is 

utilized as a fuel or is converted to organic compounds by means of steam and carbon 

dioxide reforming or oxidative conversion to synthesis gas (CO and H2) with subsequent 

synthesis of alkanes, alkenes, and alcohols by the Fischer-Tropsch process.[10,100,101] In 

contrast, methane dehydroaromatization (DHA) provides a direct route from methane to 

aromatics (benzene, toluene, xylenes, and naphthalene) which are used as building block 

compounds in bulk chemical industry.[96,97,100–103]  
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Figure 1-2 O:Mobulk deposited on/in catalyst for different oxygenates. Oxygenate-

treatment performed at 333 K and 1 kPa oxygenate pressure. Data adapted from ACS 

Catal. 2017, 7, 1113−1122, ACS Catal. 2015, 5, 4104−4114, and Catal. Sci. Technol., 

2018, 8, 2938-2953. 
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MoOx/H-ZSM-5 catalysts have been studied for non-oxidative methane DHA which 

involves formation of benzene (~70% selectivity) and hydrogen from CH4 at ~973 

K.[100,101,104–110] Methane conversion to aromatics is thermodynamically unfavorable 

below 773 K in absence of oxygen and requires C-H activation at high temperatures which 

occurs on metal sites of metal carbide nanoclusters encapsulated in zeolites. [105,111–113] 

The pre-catalyst for this chemistry is a Mo oxide dispersed in the zeolite channels using 

vapor phase synthesis such that Mo species can exchange with protons at aluminum sites 

of the zeolite to result in a well dispersed MoOx/H-ZSM-5 material. [105,114–117] 

Formation of (Mo2O5)
2+ dimers on two proximate Al sites in MoOx/H-ZSM-5 has been 

evidenced using D2 titration, Raman spectroscopy, and infrared spectroscopy among 

numerous experimental techniques. [10,96,118–127,97,128,129,99,105,112,114–117] 

Exposure of MoOx/H-ZSM-5 to methane at 973 K results in stoichiometric conversion 

of the oxide to Mo carbide clusters as evident from the elution of CO, CO2, and H2O 

(Oremoved:Mo = 2.5) during the carburization transient and change in the pre-edge feature 

corresponding to (Mo2O5)
2+ structure in X-ray absorption spectrum. [111,114,115] 

Hydrocarbon formation (benzene, toluene, and naphthalene) is observed post carburization 

demonstrating that molybdenum carbide activates C-H bonds of methane to form carbon 

species (C2) that oligomerize on zeolitic acid sites to form aromatics in a catalytic reaction. 

[130] The catalyst deactivates due to carbon deposition at long times-on-steam resulting in 

reduction in methane conversion and net aromatic formation rates. The dominant reaction 

observed in methane DHA is methane conversion to benzene and hydrogen which is 

equilibrium limited to ~10% conversion at 973 K. Therefore, the two main challenges in 
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methane DHA are the catalyst deactivation and <10% single-pass methane conversion at 

973 K due to abundant hydrogen formed in the catalyst bed. 

Previous approaches to tackle intrinsic thermodynamic limitations of methane DHA 

have focused on removing hydrogen from the catalyst system using hydrogen-selective 

membranes or co-feeding oxygenates to remove hydrogen as H2O. [111,131–134] These 

techniques suffer from reduction in desired aromatic product selectivity.[111,117,132–

137] Incorporation of hydrogen-selective membranes in methane DHA system results in 

enhanced coke formation (since polyaromatics are the thermodynamically favored 

products on hydrogen removal) accelerating catalyst deactivation. [131,132] Co-feeding 

oxygenates (possessing acid, hydroxyl, and carbonyl functionalities) results in MoCx 

oxidation leading to a two-zone stratified bed consisting of upstream oxygenate reforming 

(forming H2 and CO instead of H2O) and downstream methane DHA without enhancement 

in aromatic product yields.[111,133,134] 

In chapter 5, we report a novel catalyst formulation utilizing catalytic centers distinct 

in location and function to address the implicit thermodynamic challenges of methane 

DHA. This polyfunctional catalyst formulation comprises of a zirconium hydrogen 

absorbent and MoCx/H-ZSM-5 catalyst which markedly enhances the single pass methane 

Figure 1-3 Conceptual illustration of absorptive hydrogen removal by Zr metal for 

improved methane dehydroaromatization on MoCx encapsulated in H-ZSM-5 catalyst. 
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conversion to ~27% without disrupting the aromatic product selectivity (Figure 1-3). We 

demonstrate that the catalyst can be partially regenerated by treating the catalyst-absorbent 

formulation, post-methane reaction, in inert (helium) flow isothermally at reaction 

temperature, resulting in above equilibrium methane conversions in multiple reaction-

regeneration cycles. Characterization of the catalyst evidences formation of metal hydride 

during methane DHA due to transient hydrogen absorption by zirconium metal particles. 

The polyfunctional formulation consists of distinct active sites for catalytic methane 

conversion on MoCx/H-ZSM-5 and absorptive hydrogen centers on zirconium metal. 

Critical role of proximity between distinct sites in polyfunctional catalysis has been 

demonstrated for coupled alkanal decomposition and methanol-to-olefins catalysis due to 

control of transport of intermediates/reactants between catalytic domains effecting the 

catalyst lifetime.[138] A mathematical treatment of reaction-transport phenomena in 

polyfunctional catalytic systems has been formulated and discussed in detail by Weisz et 

al.[139]. In chapter 6, we utilize multiple catalyst-Zr packed bed configurations to 

demonstrate that tuning the proximity between hydrogen absorbing Zr metal and MoCx/H-

ZSM-5 catalyst enables (i) reduced carbon loss by moderating hydrogen removal, (ii) 

enhanced catalyst lifetime with transient hydrogen removal, and (iii) changing the aromatic 

product yields, during methane dehydroaromatization.  

Lab-scale investigations of methane DHA are typically performed at low feed flow 

rates (5 – 50 cm3 min-1) and high MoOx/H-ZSM-5 catalyst loadings (1 – 2 gcat) to achieve 

high contact time (and subsequently near-equilibrium methane conversion ~ 10% at 973 

K) owing to low turnover rates of aromatics formation. These process conditions result in 
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significant axial dispersion in packed-bed reactors which is usually not accounted for in 

plug flow approximations typically used for analysis of lab-scale studies of reaction 

kinetics of heterogeneous catalytic systems. In chapter 6, we present the critical role of 

reactor hydrodynamics in methane dehydroaromatization due to the interplay of kinetic, 

diffusive, and convective length scales in methane DHA experimental investigations in 

various catalyst-absorbent reactor configurations.  
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 Operando characterization of molybdenum carbide 

catalyst during anisole hydrodeoxygenation 

The results presented in this chapter were published in Wen-Sheng Lee, Anurag Kumar, 

Zhenshu Wang, and Aditya Bhan, Chemical Titration and Transient Kinetic Studies of Site 

Requirements in Mo2C‑Catalyzed Vapor Phase Anisole Hydrodeoxygenation, ACS 

Catalysis 2015, 5, 4104−4114. This work was performed in collaboration with Dr. Wen-

Sheng Lee at Department of Chemical Engineering and Materials Science, University of 

Minnesota. 

2.1 Conspectus 

Oxygen mass balance during the transient of vapor phase anisole hydrodeoxygenation 

(HDO) on molybdenum carbide (Mo2C) catalysts at 423 K and atmospheric pressure 

(H2:anisole molar ratio ~110) established accumulation of oxygen (O:Mobulk ~ 0.05) which 

resulted in suppressed hydrogenation functionality of Mo2C. Product selectivity, apparent 

activation energy, and benzene turnover frequency were found to be similar for as-

synthesized Mo2C (without ambient exposure prior to kinetic measurements) and oxygen 

treated Mo2C (oxygen incorporation of O:Mobulk ~ 0.075) evincing that at these low 

concentrations, oxygen only reduces the number of anisole HDO active sites, thereby, 

resulting in ~3-fold lower benzene formation rates per gram catalyst for oxygen-treated 

Mo2C. In-situ CO titration was developed as an operando technique to obtain an accurate 

count of active sites for anisole HDO on Mo2C catalysts and thus estimate turnover 

frequency (TOF) of benzene formation from anisole (1.1±0.3 x 10-3 mol molMo
-1 s-1). 
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2.2 Background 

Aromatic feedstocks like benzene, toluene, and xylene (BTX) can be obtained from 

lignin, a natural polymer consisting of phenolic compounds, through selective removal of 

oxygen while preserving the aromaticity.[19,24] Selective phenolic C-O bond cleavage in 

anisole, a model compound for lignin-derived phenolic monomers, forms benzene. Lee et 

al.[41] have previously reported that catalytic hydrodeoxygenation (HDO) of anisole on 

Mo2C catalysts yields benzene as steady–state product (>90% C6
+ basis), no C2-C5 

products, and <9% cyclohexane selectivity at 423 – 520 K and atmospheric hydrogen 

pressure. These results demonstrate that metal carbides catalyze HDO while avoiding 

concurrent C=C bond hydrogenation and/or C-C bond cleavage by hydrogenolysis. 

Bell and co-workers [140] experimentally observed Mo2C1.04O0.88 (using elemental 

analysis) post treatment of air exposed molybdenum carbide in 3:1 CH4:H2 gas mixture at 

623 K for 1 hour demonstrating the highly oxophilic nature of metal carbides. Alkane 

isomerization experimental investigations and water gas shift reaction DFT calculations on 

tungsten and molybdenum carbide catalysts with chemisorbed oxygen reveal that 

incorporation of oxygen in/on transition metal carbides alter their reactive functionality via 

introduction of acid sites and/or changing the number of catalytically active 

sites.[78,91,141] For example, residual oxygen in Mo2C catalysts, achieved by different 

carburization temperatures of MoO3, suppressed benzene hydrogenation rates.[57,87–

90,142] Therefore, the presence of oxygen in HDO reactant feed and the propensity of the 

metal carbide catalyst to deposit oxygen necessitates understanding the evolution of 

catalyst structure under HDO reaction conditions and tracking changes in the catalytic 
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functionality as the reaction progresses. In this work, we use transient kinetic 

measurements and temperature programmed surface reaction with H2 (TPSR) to 

demonstrate the in-situ oxidation of Mo2C catalysts by anisole during hydrodeoxygenation 

reaction at 423 K and atmospheric hydrogen pressure.  

Benzene formation rates normalized by ex-situ measured CO chemisorption sites 

(typically associated with metallic sites) were found to be invariant (average value: 3.4±1.0 

x 10-4 mol s-1 molCOsite
-1) for Mo2C catalysts suggesting the involvement of CO adsorption 

sites in activation of anisole or hydrogen in HDO chemistry.[3] However, CO adsorption 

sites measured via in-situ CO titrations in this report gave an average benzene TOF of 

1.1±0.3 x 10-3 mol s-1 molCOsite
-1 despite 4-fold variation in ex-situ CO chemisorption 

uptake across different Mo2C samples. Therefore, operando chemical titration during HDO 

reaction provides a better estimate of the active site count since only a fraction of the ex 

situ measured sites are active for the HDO catalytic studies on Mo2C catalysts. 

We also studied an oxygen treated Mo2C catalyst with O:Mobulk = 0.075 for anisole 

HDO which resulted in ~3 times lower benzene synthesis rate per gram of catalyst as 

compared to as-synthesized Mo2C catalyst (2.4x10-8  vs. 6.8 x 10-8 mol s-1 g-1).  However, 

similar benzene TOF, obtained using in situ CO titration, for both the oxygen treated and 

as-synthesized Mo2C formulations, suggested that the effect of oxygen is solely to reduce 

the number of the active sites for vapor phase anisole HDO 

 

2.3 Materials and methods 

2.3.1 Molybdenum carbide catalyst synthesis and characterization 
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Mo2C catalysts were prepared by temperature-programmed-reduction of 

ammonium molybdate tetrahydrate using a synthesis protocol reported 

previously.[36,41,81,143] In short, ~1.6 g of ammonium molybdate tetrahydrate (AMT, 

(NH4)6Mo7O24·4H2O sieved, 177-400 μm, Sigma Aldrich, 99.98% purity) was loaded in a 

tubular quartz reactor (I.D. 10 mm) with a thermocouple attached to a thermowell. The 

oxide precursor was purged in a CH4/H2 (15/85 vol%, total flow rate ~2.75 cm3 s-1) flow 

at room temperature for 0.25 h and then heated in a three-zone split tube furnace (Series 

3210, Applied Test System) to 623 K in 1.5 h and held at 623 K for 5 h. Subsequently, the 

sample was heated to 873 K in 1.5 h and held at this temperature for 3 h prior to being 

cooled down to ambient temperature in the same CH4/H2 gas mixture. The resulting Mo2C 

was treated in a flow of 1% O2/He mixture (Matheson, Certified Standard Purity) at 1.67 – 

3.33 cm3 s-1 at room temperature (RT) for 1 h to passivate the carbidic surface before 

unloading the catalyst sample.[36,41,81,143] The reactor temperature increased from room 

temperature to ~333 K on exposure of Mo2C to 1% O2/He gas mixture confirming the 

pyrophoric nature of the synthesized Mo2C materials. Multiple batches of passivated Mo2C 

were prepared and mixed to (i) obtain a representative Mo2C formulation that shares a set 

of physical/chemical properties and (ii) perform transient kinetic measurements and in situ 

CO titrations which required 0.43 – 8.5 g catalyst loadings for accurate quantitative 

analysis using mass spectrometry (MKS Cirrus 200 Quadrupole MS system).  

For the as-synthesized Mo2C catalyst tested for anisole HDO reaction, the catalyst 

was not exposed to atmosphere post synthesis and was cooled in a flow of H2 (total flow 

rate of 2.3 cm3 s-1) from 873 K to 423 K.  Once the temperature reached 423 K, the feed 
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stream was switched from pure H2 to the reactant mixture (anisole/H2 = 0.16/balance, vol%, 

total flow rate ~1.67 cm3 s-1) to perform vapor phase anisole HDO at ambient pressure. 

An oxygen-treated Mo2C formulation was prepared using a protocol reported by 

Ribeiro et al.[87–89,91,141]. The as-synthesized Mo2C was cooled to room temperature in 

H2 flow (~2.3 cm3 s-1), subsequently treated in 1% O2/He (3.75 cm3 s-1) flow for 2 h at RT 

and then at 423 K for 30 min (ramping rate ~0.07 K s-1). Post oxygen treatment, the material 

was cooled to RT in H2/Ar (87.5/12.5, vol%, total flow rate ~2.67 cm3s-1) flow, followed 

by heating to 723 K at a ramping rate ~0.12 K s-1 for 1h. Finally, the oxygen-treated sample 

was cooled to the reaction temperature ~423 K in the same H2/Ar mixture flow prior to 

kinetic measurements of vapor phase anisole HDO. In an independent experiment, the 

oxygen treated Mo2C formulation, after being treated in H2/Ar (87.5/12.5, vol%, total flow 

rate ~2.67 cm3s-1) flow at 723 K for 1 h and cooled to RT, was subjected to a second 

temperature programmed surface reaction (TPSR) with H2/Ar (87.5/12.5, vol%, total flow 

rate ~2.67 cm3 s-1) at 773 K for ~5 h (ramping rate ~ 0.19 K s-1). The second TPSR was 

used to assess the amount of oxygen incorporated and retained on/in the molybdenum 

carbide catalyst before vapor phase anisole HDO. 

CO chemisorption studies were performed using a Micromeritics ASAP 2020 

analyzer. 0.1 – 0.5 g Mo2C sample was loaded in a chemisorption cell, evacuated at 383 K 

(~2 μm Hg) for 0.5 h, H2 treated at 723 K for 2 h, degassed (~2 μm Hg) at 723 K for 2 h 

and then cooled to 323 K. Subsequently, the first CO adsorption isotherm (total adsorbed 

species between 100 – 450 mm Hg) was measured at 323 K.  The cell was then degassed 

(~2 μm Hg) to remove weakly adsorbed species prior to the second isotherm. Both 
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isotherms were extrapolated to zero pressure and the amount of strongly adsorbed CO was 

obtained by the difference between the two extrapolated values. [89,144] The BET surface 

area measurements (Micromeritics ASAP 2020) were performed immediately after the 

chemisorption measurements where the samples were first passivated in 1% O2/He gas 

mixture for 0.5 h and then removed from the chemisorption cell to be loaded in 

physisorption cells for N2 adsorption experiments without any degassing pretreatments. 

2.3.2 Vapor phase anisole hydrodeoxygenation reaction studies 

Passivated Mo2C samples were used for anisole HDO reaction studies including 

transient kinetic measurements and in-situ CO titrations. Passivated Mo2C samples 

(catalyst loadings as mentioned for respective studies) were placed in a tubular quartz 

reactor (I.D. 10 mm) and pretreated in a H2 flow (~1.67 cm3 s-1) at ~750 K for 1 h (ramping 

rate ~0.125 K s-1) and cooled to reaction temperature ~423 K before anisole HDO reaction 

at atmospheric pressure. Transient kinetic measurements were performed with ~2.1 g 

Mo2C catalyst (CO chemisorption uptake ~199 μmol g-1) while steady state anisole HDO 

experiments utilized 0.25 g Mo2C catalyst (CO chemisorption uptake ~79 μmol g-1). 

Vapor phase anisole HDO reactions involved feeding a (0.15 – 0.75)/bal vol% of 

anisole/H2 reaction mixture. Anisole (Sigma, 99%, ReagentPlus) was fed using a syringe 

pump (KD Scientific, Model 100) while all flow lines were heated to >373 K using resistive 

heating to prevent condensation of anisole and reactor effluents. The reactor effluents 

during catalyst treatments and anisole HDO were quantified using a gas chromatograph 

(Agilent 6890 GC) and an online mass spectrometry (MKS Cirrus 200 Quadrupole MS 
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system) with calibrated response factors. The GC was equipped with a flame ionization 

detector (FID) and a methyl-siloxane capillary column (HP-1, 50 m × 320μm ×0.52 μm). 

The definitions for anisole conversion and product selectivity used in this work are as 

follows: 

 Anisole conversion = 
(sum of the carbon in products)out

(moles of carbon in anisole)in

                        2-1 

C6
+
 products selectivity (C6

+
 basis) =

moles of C6
+

 product i

∑ moles of C6
+

 products
                     2-2 

C1 products selectivity (C1 basis)=
moles of methane or methanol

moles of methane + moles of methanol
             2-3 

 Apparent activation energy measurements were performed after benzene synthesis 

rates reached steady state by varying the reaction temperature from 408 K to 438 K. 

Transient kinetic measurement experiment involved a reaction mixture feed ~0.75/16.7/bal 

vol% anisole/Ar/H2 (total flow rate ~2 cm3 s-1) where Ar was used as an internal standard 

for quantification of the reactor effluents using a mass spectrometer. All transient kinetic 

measurements were conducted at anisole chemical conversions < 20% and the carbon 

balance was typically better than 90% 

2.3.3 Temperature-programmed-surface reaction with hydrogen (TPSR) of 

Mo2C catalysts after anisole HDO reaction 

The catalyst sample used for transient kinetic analysis for anisole HDO was 

subjected to a temperature-programmed-surface-reaction with H2 (TPSR) after 43 ks time-
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on-stream anisole HDO reaction at 423 K and atmospheric pressure. The reactor feed was 

switched from the reaction mixture (0.75/16.7/bal vol% of anisole/Ar/H2; total flow rate 

~2 cm3 s-1) to He (total flow rate ~5 cm3 s-1) for 0.72 ks to remove weakly bound surface 

species at 423 K; then the feed was switched to a H2/Ar mixture (83.3/16.7, vol%, ~2 cm3 

s-1) for 0.3 ks, followed by heating the catalyst from 423 K to 730 K (ramping rate ~0.17 

K s-1). The reactor effluents were monitored and quantified (using Ar as an internal 

standard) using a mass spectrometer (MKS Cirrus 200 Quadrupole MS system) 

2.3.4 In situ CO titration for anisole HDO on Mo2C catalysts 

In situ CO titrations were carried out after steady state benzene synthesis rates were 

observed using 0.43 – 8.5 g Mo2C (with equivalent 180 – 560 μmol CO chemisorption 

sites). A gas mixture of CO (~0.005 to ~0.053 cm3 s-1)/Ar (~0.03 cm3 s-1) was introduced 

into the reactant stream (anisole/H2 (vol%) = 0.36 – 0.75/bal, total flow rate ~1.67 cm3 s-

1). An online mass spectrometer was used to track the resulting transient response of Ar, 

CO, and the synthesis rates of benzene during each titration experiment.  Ar was used as a 

tracer to calculate the average residence time of CO over the catalyst bed, which was used 

to determine the amount of CO adsorbed on the surface of Mo2C during titration and 

subsequently calculate the benzene turnover frequency (TOF) by assuming that one CO 

molecule titrates one active site (detailed discussion in section 2.4.2). Multiple CO titration 

experiments with same and/or different CO flow rates were conducted to determine the 

error associated with the TOF calculation. 

2.4 Results and Discussion 
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2.4.1 Transient evolution of Mo2C catalysts during anisole HDO reaction 

Figure 2-1(a) shows the mass spectrometer signals of anisole and reaction products 

as a function of time-on-stream (TOS) during the transient (< 6 ks) of anisole HDO on 

molybdenum carbide catalysts at 423 K and atmospheric hydrogen pressure. Time zero 

represents the switch of the reactant feed from bypass to the reactor. As shown in Figure 

2-1(a), methane is immediately observed on introduction of the anisole reaction feed while 

cyclohexane elutes after 0.5 ks time-on-stream. Absence of any oxygen containing 

products (H2O and CH3OH) for 1.5 ks indicates oxygen accumulation and thus, in-situ 

oxidation of the molybdenum carbide catalysts, before steady-state anisole HDO reaction 

is realized. Cyclohexane signal decreased concurrently with an increase in benzene and 

oxygen-containing products (water and methanol) after 1.2 ks time-on-stream. Prior reports 

have demonstrated that presence of oxygen in Mo2C catalysts significantly suppressed the 

hydrogenation of benzene to cyclohexane.[62,145] The appearance of cyclohexane prior 

to benzene is congruent with the hypothesis that in-situ oxidation of Mo2C catalyst during 

anisole reaction at 423 K and ambient pressure inhibits sequential hydrogenation of 

benzene to cyclohexane that is catalyzed initially by the non-oxidized Mo2C catalyst bed. 

As a result, benzene (> 90 % carbon selectivity) is the dominant steady state product for 

anisole HDO on self-supported bulk Mo2C catalysts. 

Cumulative quantities of oxygen accumulated in the transient experiment were 

calculated by performing an oxygen mass balance every 0.5 ks (between 0 – 3.5 ks TOS) 

by considering anisole, water, and methane as the only oxygen containing species. The 

corresponding cumulative oxygen accumulation as a function of TOS is shown in Figure 
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2-1(b) which gave a total oxygen retention of O:Mobulk ~ 0.05 after 3.5 ks TOS. This in-

situ oxidation of Mo2C catalysts during HDO reaction is consistent with prior reports by 

Prasomsri et al.[146], who utilized XPS (observation of Mo5+ species)  and XRD 

(observation of oxycarbohydride phase) measurements to evidence partial carburization of 

MoO3 surface leading to formation of oxycarbide and/or oxycarbohydride phases during 

HDO reactions at 573 K and atmospheric pressure. 

Similarly, the cumulative carbon balance considering anisole, benzene, 

cyclohexane, methane, and methanol was performed during the reaction transient and is 

shown in Figure 2-1(c). At the end of the time required to close carbon balance (~8 ks), 

0.85 C6:Mosurface was deposited on/in the catalyst before steady state anisole HDO reaction. 

A C1:C6 ratio significantly less than 1 during this reaction transient (TOS variation of C1:C6 

ratio during this anisole HDO reaction transient can be found at [38]) suggests preferential 

deposition of C1 species on the Mo2C catalyst surface. 
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Figure 2-1 (a) Transient mass spectrometer (MS) signals of benzene (C6H6, m/z=78, 

corrected by subtracting the signal contributed from anisole), anisole (C7H8O, m/z=108), 

cyclohexane (C6H12, m/z = 84), methane (CH4, m/z = 16), methanol (CH3OH, m/z=31) and 

water (H2O, m/z=18) for 2.1 g of Mo2C (BET surface area ~96 m2 g-1, CO chemisorption 

~199 μmol g-1) tested for vapor phase anisole HDO reaction at ~423 K under ambient 

pressure with reaction feed composition: anisole/Ar/H2 (vol%) = 0.75/16.7/bal (total flow 

rate ~2 cm3 s-1); (b) Cumulative oxygen accumulation in the Mo2C catalyst obtained by 

calculating an oxygen mole balance (only considering H2O, CH3OH, C7H8O) every 0.5 ks 

from 0 ks to 3.5 ks, during the transient of anisole HDO shown in (a); (c) Carbon mole 

balance during the transient of anisole HDO shown in (a).  Each data point represents the 

carbon mole balance starting from 0 ks time-on-stream.  Carbon mole balance was defined 

as (mole of carbon measured at the outlet) / (mole of anisole fed in x 7). 
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Post the transient anisole HDO reaction for 43 ks TOS discussed above, we 

performed a temperature- programmed-surface-reaction (TPSR) with H2 of the spent Mo2C 

catalyst (without exposing the catalyst sample to air) and the corresponding evolution of 

the reactor effluent, as monitored using an online mass spectrometer, is shown in Figure 

2-2. As the catalyst sample was heated to 723 K in H2/Ar flow, both carbon (CO, CO2, 

methane, methanol, benzene, cyclohexane, and anisole) and oxygen (water, methanol, CO, 

and CO2) containing species were observed to elute from the reactor (Figure 2-2). Earlier 

evolution of benzene (1.2 ks) than any oxygen-containing species (1.5 ks) and subsequent 

cyclohexane formation after oxygen removal further demonstrates that presence of oxygen 

in Mo2C inhibited benzene hydrogenation to cyclohexane. Removal of oxygen from the 

catalyst at > 423 K resulted in cyclohexane formation from benzene as seen from sequential 

elution of benzene and cyclohexane in Figure 2-2. 

Quantification of oxygen eluted from the catalyst by considering oxygenates in 

post-reaction TPSR with H2 gave O:Mobulk ~ 0.05 which is in good agreement with 

O:Mobulk ~ 0.05 calculated from oxygen balance during anisole HDO reaction transient (8 

ks TOS), as discussed above, suggesting no further oxidation of Mo2C during steady state 

anisole HDO occurred. A similar analysis of carbon evolution from spent Mo2C during 

TPSR, which demonstrates the monolayer coverage of C6 species during anisole HDO and 

retention of carbonaceous species even after TPSR, can be found in [38]. 
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The transient kinetic analysis during anisole HDO on Mo2C catalysts and the TPSR 

with H2 of the spent Mo2C catalyst discussed above evidence the in situ oxidation of 

molybdenum carbide catalysts by anisole during HDO at 423 K under atmospheric pressure 

even with a high H2 to anisole ratio (~110) in the reactant feed. These results also 

demonstrate the high propensity of oxygen adatoms to change the catalytic functionality of 

Figure 2-2 Temperature programmed surface reaction with H2 (TPSR) of the Mo2C 

catalyst after being tested in vapor phase anisole HDO for ~43 ks as shown in Figure 2-1.  

The catalyst was purged in a flow of He (~5 cm3 s-1) at ~423 K for ~720 s, followed by 

switching the gas from He to H2/Ar (= 83.3/16.7, vol%, total flow rate ~2 cm3 s-1) gas 

mixture at ~423 K for ~300 s; subsequently the temperature was ramped from ~423 K to 

~730 K with a ramp rate ~0.17 K s-1.  The mass spectrometer (MS) signal of m/z=78 was 

directly assigned to benzene as the contribution from anisole was negligible. 
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Mo2C catalyst for deoxygenation and hydrogenation reactions under HDO reaction 

conditions investigated in this work. 

2.4.2 Effect of oxygen treatment of Mo2C catalysts on anisole HDO reaction 

Oxygen treatment of tungsten carbide introduced acidic sites which resulted in 

increase of n-hexane isomerization selectivity (from 0% to 99%) at 520 K as reported by 

Iglesia and co-workers [87–91,141]. Oxygen modification of molybdenum carbide 

catalysts by direct oxygen treatment or varying carburization protocol (changing 

carburization temperature) suppressed n-hexane hydrogenolysis while promoting 

isomerization and inhibited benzene hydrogenation.[62,145] Therefore, the presence of 

oxygen in molybdenum carbide catalysts can affect both the number and reactivity of active 

sites for a particular reaction. Here, we investigate the effect of direct oxygen treatment of 

Mo2C on kinetics of anisole HDO reaction after reduction of the catalyst formulations in 

hydrogen. 

An as-synthesized Mo2C sample was oxygen treated and then reduced in hydrogen 

as described in Section 2.3.1. The presence of oxygen in the oxygen treated molybdenum 

carbide sample (Figure 2-3(a)) could be inferred from the suppressed rate of cyclohexane 

formation during the transient of vapor phase anisole HDO as compared to that for a freshly 

prepared molybdenum carbide catalyst (Figure 2-3(b)). The amount of oxygen 

incorporated in the oxygen treated molybdenum carbide samples was evaluated using 

TPSR with H2 (105 kPa) at 723 K where oxygen evolved as water (Figure 2-4). The 

amount of oxygen retained in the catalyst after oxygen treatment for two replicate oxygen 
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treated Mo2C samples was assessed to be O:Mobulk ~ 0.075 (~5430 μmol g-1) as shown in 

Table 2-1. Almost identical (an error <1%) O:Mobulk values for the two samples (Table 

2-1) suggest the oxygen treatment was reproducible and the quantification of the oxygen 

incorporated in the Mo2C catalysts was representative.  
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Figure 2-3 Normalized mass spectrometer (MS) signals of m/z = 78, cyclohexane 

(m/z=84) and anisole (m/z=108) during the transient of vapor phase anisole HDO for 

(a) a freshly prepared molybdenum carbide catalyst and (b) an oxygen treated 

molybdenum carbide catalyst.  All MS signals were normalized to the MS signal of 

m/z=78 at steady state. 
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Table 2-1 Amount of oxygen incorporated on/in the molybdenum carbide catalyst via the 

oxygen treatment assessed by temperature programmed surface reaction with H2 (TPSR) 

experiments employed for the two oxygen treated Mo2C catalysts (section 0). 

 

  

Exp # Sample 
Water evolved during TPSR up to 

723 K (μmol g-1) 

1 Oxygen treated Mo2C 5430 

2 Replicated oxygen treated Mo2C 5420 
Experimental procedure: Mo2C synthesis → cool to RT in H2 → 1% O2/He for 2 h at RT → ramp 

temperature to 423 K in 30 min in 1% O2/He → hold at 423 K in 1% O2/He for 30 min → cool down to 

RT in H2/Ar → TPSR in H2/Ar up to 723 K (temperature ramped to 723 K in 1 h and held at 723 K for 

1 h) → cool to 423 K in H2/Ar → Vapor phase anisole HDO at 423 K at ambient pressure. 

Figure 2-4 TPSR with H2 at 723 K of the oxygen treated molybdenum carbide catalyst 

in which a freshly synthesized Mo2C catalyst was treated in a flow of 1% O2/He (3.75 

cm3 s-1) for 2 h at RT, followed by ramping to 423 K in 30 min and the temperature was 

held at 423 K for 30 min in 1% O2/He, the catalyst was cooled to RT in a flow of H2/Ar 

(2.67 cm3 s-1) prior to the TPSR experiment. The sample, after this TPSR experiment, 

was directly used for kinetic measurements of vapor phase anisole HDO (Exp #1 shown 

in Table 2-2). 
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Table 2-2 shows the results of steady-state anisole HDO reaction on oxygen treated 

Mo2C (post hydrogen reduction at 723 K in independent experiment as descried in Section 

2.3.1) and as-synthesized Mo2C. A 3-fold reduction in benzene formation rates per gram 

of catalyst for an oxygen treated sample (2.4 x 10-8 mol s-1 g-1) was observed as compared 

to the as-synthesized catalyst (6.8 x 10-8 mol s-1 g-1).  Both the samples, the reported 

benzene synthesis rates were normalized to the weight of the spent catalyst in which the 

catalysts were passivated in a flow of 1% O2/He before being removed from the reactor. 

The weights of the spent catalysts were found to be within 3% of the theoretical weight of 

Mo2C (based on ammonium molybdate (AMT) amount), indicating that bulk carburization 

of the precursor (AMT) was complete before anisole HDO reaction. Benzene, phenol, 

cyclohexane, methane, and methanol product selectivity were found to be unchanged on 

both oxygen treated and as-synthesized molybdenum carbide catalysts (Table 2-2). The 

apparent benzene formation activation energy (Arrhenius plot shown in Figure 2-5) was 

also found to be invariant (~70 kJ mol-1) on oxygen treatment of Mo2C catalysts. We 

conclude therefore that oxygen treatment of the Mo2C catalyst did not change the kinetics 

of benzene formation from anisole HDO. These results suggest that the effect of 

incorporated oxygen in molybdenum carbide catalysts is likely to reduce the number of 

active sites for benzene synthesis. In order to validate this hypothesis, we proceeded to 

measure benzene turnover frequency (moles benzene formed per active site) for the two 

samples under reaction conditions without further oxygen exposure. For this purpose, we 

utilize in situ site selective chemical titration method discussed below to quantify the 

number of benzene formation active sites where CO is used as a titrant for metallic sites.  
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Table 2-2 Vapor phase anisole HDO over oxygen treated and freshly prepared (without 

exposure to air) molybdenum carbide catalysts at 423 K under ambient pressure. 

 

  

Measured kinetics 
Fresh 

Mo2C 

Oxygen treated 

Mo2C 

Benzene synthesis rate (mol s-1g-1)a 6.8 x10-8 2.4 x10-8 

Benzene TOF (mol s-1 molCOsite
-1)b 1.7 x10-3 1.5x10-3 

Benzene Selectivity (%) 96.7 92.7 

Cyclohexane Selectivity (%) 3.1 4.5 

Phenol Selectivity (%) 0.2 2.0 

Methane Selectivity (%) 11.3 20.5 

Methanol Selectivity (%) 88.7 79.5 

Apparent Activation Energy, Ea (kJ mol-1 )c 71±1 65±1 

a: steady state values taken as an average of 3-4 h time on stream. The rate per gram 

catalyst was normalized by the weight of the spent catalyst in which the catalyst was 

passivated in 1% O2/He before being removed from the reactor.  Catalysts were prepared 

starting from ~1.6 g AMT. 

b: an average value of two independent CO titration experiments in which CO (0.035 

cm3 s-1)/ Ar (0.035 cm3 s-1) gas mixtures were co-fed in the reactant feed; the effect of 

CO hydrogenation was not considered for benzene TOF calculation. 

c: The corresponding Arrhenius plot is shown in Figure 2-5. 
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Figure 2-5 Arrhenius plot of oxygen treated and freshly prepared molybdenum carbide 

catalysts for vapor phase anisole HDO.  Experimental data obtained at anisole/H2 vol% = 

~0.16%/bal with total flow rate ~1.67 cm3 s-1 under ambient pressure.  The catalysts were 

synthesized from ~1.6 g AMT.  The rates per gram of catalyst were normalized by the 

weight of the spent catalysts in which the catalysts were passivated in 1% O2/He before 

being removed from the reactors. 
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2.4.3 In situ CO titration for anisole HDO on Mo2C catalysts 

Figure 2-6 shows the time-on-stream change in benzene formation rates during in 

situ CO titrations. Steady-state anisole HDO rates on molybdenum carbide catalysts were 

achieved before co-feeding a CO/Ar mixture. As seen in Figure 2-6, introduction of CO 

significantly suppressed benzene synthesis rates but rates were restored on removal of CO 

co-feed. These results suggest that CO is a reversible titrant for benzene formation from 

anisole on Mo2C catalysts. Multiple CO titration experiments with varying CO flow rates 

(0.005 – 0.028 cm3 s-1) were performed as shown in Figure 2-6 (Expt. Set # 1 – 9). We 

used an online mass spectrometer to track CO and Ar transients during CO titrations in 

order to quantify the amount of CO adsorbed on the catalyst surface. The corresponding 

mass spectrometer transients for a blank reactor and during titrations on Mo2C catalyst are 

shown in Figure 2-7. The blank reactor with CO/Ar/H2 (0.005-0.025 cm3 s-1/0.033 cm3 s-

1/ 1.67 cm3 s-1) feed showed a synchronic breakthrough of both Ar and CO mass 

spectrometer signals (Figure 2-7(a)) while a delayed breakthrough time for CO as 

compared to that of Ar was observed over the catalysts (Figure 2-7(b)). This apparent 

residence time of CO in the reactor was attributed to CO adsorption and/or reaction (CO 

hydrogenation) over the catalysts. The number of active sites occupied by CO were 

estimated by multiplying the known CO molar flow rate and the CO residence time as the 

CO consumed via CO hydrogenation and/or water gas shift contributed negligibly to the 

observed CO residence time. The detailed analysis for CO consumed via reaction during 

CO titrations can be found in [38]. In short, the amount of CO reacted to form methane 

was found to be <5% of the total CO adsorbed during titration and CO2 was not observed 
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during titrations (indicating absence of water gas shift reaction). Therefore, our assumption 

of negligible CO reaction is valid for the experiments reported in this work.  

The residence time of CO can be calculated using two methods: τB, the difference 

of the breakthrough times between the CO and Ar signals and τ, the area between the Ar 

and CO curves in which both Ar and CO signals were normalized to their corresponding 

values obtained at steady state, as shown in Figure 2-7(b). The residence times of CO 

obtained by the two different methods outlined above were found to be in agreement (with 

error typically <15%).[38] The number of CO molecules adsorbed on the molybdenum 

carbide catalyst were obtained by multiplying the average CO residence time and the 

known CO molar flow rate. The benzene turnover frequency (TOF) per metallic site on 

molybdenum carbide catalysts (with the assumption that one CO molecule poisons one 

active site for benzene synthesis) was then rigorously calculated based on the ratio of the 

reduction of benzene synthesis rate due to the presence of CO and the amount of CO 

adsorbed on the catalyst. This protocol gave a value of 1.1 ± 0.3 x 10-3 mol s-1 molCOsite
-1 

for benzene formation from anisole on Mo2C catalyst at 423 K.  Nearly invariant benzene 

TOF values were obtained at different CO flow rates (0.005 – 0.053 cm3 s-1) (Figure 2-8, 

detailed data has been published in [38]), suggesting (i) the absence of CO mass transfer 

limitations during the in situ titration, (ii) a negligible effect of CO hydrogenation on the 

TOF calculation, and (iii) little or no diversity in the active sites titrated by CO under 

conditions employed in this work. 

 We performed similar in situ CO titrations for as-synthesized and oxygen treated 

Mo2C catalyst discussed in Section 0. As shown in Table 2-2, a similar benzene TOF 



35 

 

(~1.5x10-3 mol s-1 molCOsite 
-1) was obtained demonstrating that the presence of oxygen 

(O:Mobulk < 0.075) altered the number and not the identity or reactivity of the active sites 

for the anisole HDO reaction on molybdenum carbide catalysts. Experimental results 

demonstrating invariant benzene TOF over Mo2C catalyst with varying number of CO 

uptakes sites (presumably due to oxygen deposition achieved via catalyst ageing in 

atmosphere for different time periods) have been published in [38]. These results further 

support the hypothesis that the net effect of oxygen incorporation (O:Mobulk < 0.075) in 

Mo2C catalysts is to reduce the number of active sites for benzene formation. 
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Figure 2-6 Benzene synthesis rates vs. time-on-stream during the course of in situ CO 

titration.  The catalyst (~1.11 g, CO chemisorption uptake ~240 μmol g-1) was stabilized 

for ~10 ks before in situ CO titration.  Shaded areas indicate CO/Ar mixtures (~0.005 to 

~0.028 cm3 s-1/ ~0.036 cm3 s-1) were co-fed into the reactant feed comprising anisole/H2 

(vol%) = ~0.36/bal with a total flow rate ~1.67 cm3 s-1 at reaction temperature ~423 K 

under ambient pressure.  The dashed line is shown as a guide to the eye. 
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(b) 

Figure 2-7 Normalized Ar (m/z = 40) and CO (m/z =28) mass spectrometer (MS) signals 

as a function of time in which a CO (0.017 cm3 s-1)/Ar (0.033 cm3 s-1) gas mixture was co-

fed into (a) an empty reactor with a reactant gas stream (pure H2, 1.67 cm3 s-1) at time zero 

and (b) over Mo2C catalyst bed during the course of in situ CO titration. τB and τ represent 

the breakthrough time of CO and average residence time of CO determined by integration 

of the normalized Ar and CO breakthrough curves (shaded area). Reactant feed comprising 

anisole/H2 (vol%) = ~0.36/bal (total flow rate ~1.67 cm3 s-1) at a reaction temperature ~423 

K under ambient pressure; Mo2C loading ~1.11 g (CO chemisorption 240 μmol g-1). 
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Figure 2-8 Turnover frequency (TOF) of benzene synthesis determined by in situ CO 

titration as a function of CO space time, defined as (amount of catalyst) / (CO co-feed flow 

rate employed in the corresponding titration experiments).  Different CO space times were 

achieved using both different amounts of catalyst (~1.77 g, ~1.11 g and ~0.43 g) and 

different CO co-fed flow rates (~0.0076 cm3 s-1to 0.053 cm3 s-1). Detailed experimental 

data used in this plot is published in [38]. Reaction conditions: feed composition: 

anisole/H2 (vol%) = 0.36~0.75/bal; reaction temperature 423 K; ambient pressure; anisole 

conversion ~10 to ~19% with benzene selectivity ~95%.   
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2.4.4 Active phase for anisole HDO on Mo2C catalysts 

Due to the in situ oxidation of Mo2C catalysts during anisole HDO reaction at 423 

K and atmospheric pressure, evident from transient kinetic measurements reported here, 

the possibility of molybdenum oxide/oxycarbide being the catalytically active phase for 

anisole HDO cannot be excluded. Prasomsri et al.[146,147] showed that MoO3 can also 

selectively cleave the phenolic C-O bond to covert anisole to benzene in the vapor phase 

with ~39% yield at ~673 K under ambient pressure. Lee et al.[38] have reported rates of 

vapor phase anisole HDO on bulk MoOx (x = 1.7 – 2.8) formulations along with XRD 

characterization and ex situ CO chemisorption studies to show that the benzene synthesis 

rates per CO chemisorption sites were 10-fold lower on MoOx formulations than Mo2C 

catalysts.[38] These results suggest that bulk molybdenum oxide phases are not associated 

with the dominant active sites for anisole HDO at 423 K under ambient pressure on 

molybdenum carbide catalysts. 

2.5 Conclusions 

Chemical transient kinetic studies, temperature programmed surface reaction with 

H2, and in situ CO titration were performed to demonstrate: 

(i) Accumulation of O:Mobulk ~ 0.05 due to in situ oxidation of Mo2C catalysts during 

the transient of anisole HDO reaction at 423 K even at a high hydrogen to anisole molar 

ratio (~110) in the reactant feed. 

(ii) Successful oxygen incorporation (O:Mobulk ~ 0.075) by direct oxygen treatment 

of as-synthesized Mo2C, followed by reductive activation in hydrogen at 623 K, leading to 

3-fold lower benzene synthesis rates per gram catalysts but similar product selectivity, 
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apparent activation energy for benzene formation, and benzene TOF suggesting that the 

effect of oxygen, at the level of O:Mobulk ~ 0.075, is solely to reduce the number of the 

active sites for anisole HDO. 

(iii) In situ site selective chemical titration as a technique to estimate number of 

catalytically active sites for benzene formation from anisole on Mo2C to obtain a benzene 

TOF of 1.1±0.3 x10-3 mol s-1 molCOsite
-1 for anisole HDO reaction at 423 K and atmospheric 

pressure. 
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 Oxygen content as a variable to control product 

selectivity in hydrodeoxygenation reactions on molybdenum 

carbide catalysts 

Adapted from Anurag Kumar and Aditya Bhan, Oxygen content as a variable to control 

product selectivity in hydrodeoxygenation reactions on molybdenum carbide catalysts, 

Chemical Engineering Science (in press), https://doi.org/10.1016/j.ces.2018.12.027. 

3.1 Conspectus 

Oxygen-treatment of as-synthesized molybdenum carbide at 296 K – 423 K and 

subsequent temperature-programmed-surface-reaction with hydrogen was utilized to 

obtain oxygen-modified Mo2C (O:Mobulk ≈ 0.002 for Fresh-Mo2C to O:Mobulk ≈ 0.276 for 

Mo2C oxygen treated at 423 K) formulations. Benzene selectivity decreased from ca. 97% 

at O:Mobulk ≈ 0.002 to ca. 18% at O:Mobulk ≈ 0.276 while phenol selectivity concurrently 

increased from ca. 0.2% at O:Mobulk ≈ 0.002 to ca. 81% at O:Mobulk ≈ 0.276 in reactions of 

anisole/hydrogen mixtures at atmospheric pressure and 423 K showing that O* content can 

be used to tune the product selectivity in hydrodeoxygenation reactions on transition metal 

carbides. This change in selectivity can plausibly be ascribed to the formation of 

MoOx/MoOxCy species that disrupts ensembles required for selective aromatic C-O bond 

cleavage. 

  

https://doi.org/10.1016/j.ces.2018.12.027
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3.2 Background 

The lignin fraction of biomass (15-30% by weight and 40% by energy) represents a 

sustainable source for the synthesis of aromatic polymer-precursors that are utilized 

annually on a 100 MMT basis across the chemical industry.[148–150] Lignin upgrading 

requires selective C-O bond cleavage catalyzed by noble metals or self-passivating 

transition metal carbides.[3,5,147,151] Noble metal-based catalysts utilize high reaction 

temperature (700 K) and high hydrogen pressure (1 – 10 MPa) resulting in loss of carbon 

and/or excess use of hydrogen in concurrent decarboxylation, hydrogenation, and 

hydrocracking reactions.[6,147,152,153] In contrast, metal carbides catalyze deoxygenation 

reactions at less severe reaction conditions (403 K – 573 K, atmospheric H2 pressure ‒ 0.1 

MPa) largely in absence of successive hydrogenation and C-C scission of the resulting 

aromatic leading to high aromatic selectivity (>90%) from oxygenates.[29,62,154] 

Interstitial metal carbides possess metallic, acidic, and bifunctional sites which catalyze 

hydrogenolysis, hydrogenation, dehydration, and isomerization reactions with the prevalent 

chemistry being a function of the predominant active surface phase as affected by 

heteroatom deposition.[66,74,77,79,155–158] Transition metal carbides are oxophilic 

materials – a characteristic which enables them to catalyze selective hydrodeoxygenation of 

alcohols, aromatic ethers, carboxylic acids, and ketones at low temperatures (403 K – 573 

K) and atmospheric pressure.[36–38,40,41,151,159] These deoxygenation chemistries 

occur via a two-site mechanism on metal carbides with distinct sites for oxygenate and 

hydrogen activation as elucidated in detailed kinetic investigations.[34,36,39,41,151] O* 

and C* deposition in an initial transient is observed in hydrodeoxygenation reactions on as-
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synthesized Mo and W carbides suggesting oxygen and carbon adatoms may play a role in 

tuning catalytic site density and identity and consequently, catalytic function of these 

formulations.[34,143,160–162]  

The oxygen content in transition metal carbides can be controlled by varying the degree 

of carburization of the oxidic precursor using temperature-programmed-reduction 

protocols[62,83] or using direct oxygenate treatment[87,89,141]. Djéga-Mariadassou and 

co-workers[62,145,158] reported that increasing the final temperature of Mo and W 

carbide synthesis under H2/CH4 flow resulted in both (i) increased metallic site density as 

measured by CO chemisorption and (ii) increased CO chemisorption-normalized benzene 

hydrogenation turnover frequencies (TOFs). Chen et al.[39] demonstrated using 

oxygenate-treatment, temperature-programmed-surface-reaction (TPSR) with hydrogen, 

and m-cresol deoxygenation that molecular O2 has a higher propensity for oxidation of 

molybdenum carbide as compared to H2O, CO2, m-cresol, and anisole at similar reaction 

conditions (333 K and atmospheric pressure). DFT studies have suggested distinct binding 

energies for different oxygenates (O2, CO2, H2O, CO, alcohols, acids, aldehydes, and 

esters) on Mo-terminated and C-terminated Mo2C surfaces. [86,163–165] Iglesia and 

coworkers[87–90,141,166] performed direct oxygen treatment of tungsten carbide 

catalysts at 300 – 800 K and used TPSR with H2 at 673 K to demonstrate retention of 0.12 

– 2.67 monolayers of chemisorbed oxygen which resulted in an increase of acid-catalyzed 

n-hexane isomerization rates and concurrently suppressed hydrogenation and 

hydrogenolysis rates. Recently, Sullivan et al.[34,35,143] used acetone deoxygenation and 

isopropyl alcohol (IPA) dehydration as probe reactions to demonstrate that increasing 



44 

 

severity of oxidation of molybdenum carbide either by oxygen treatment (0 – 13 kPa) or 

by varying hydrogen-activation protocols resulted in increased Brønsted acid site catalyzed 

dehydration rates as well as increased IPA dehydration turnover frequencies. These 

illustrative examples demonstrate that O* coverages on metal carbides can be 

experimentally manipulated, thereby, tuning their catalytic function.    

Prasomsri et al. [147] investigated the hydrodeoxygenation of lignin-derived model 

compounds such as phenol, anisole, m-cresol, guaiacol, and diphenyl ether on reduced 

MoOx catalyst formulations at 593 – 623 K. The catalyst yielded aromatics as dominant 

products via selective C-O bond cleavage without further ring saturation under low H2 

pressures (<1 bar) for all the oxygenates.[147] Thermogravimetric analysis and XPS 

measurements suggested the formation of oxycarbide and/or oxycarbohydride 

(MoOxCyHz) phases as a result of partial carburization of the oxide precursors during 

reaction.[147] These results are consistent with the propensity of transition metal oxides to 

deposit carbon in reductive environments probed via surface science and DFT 

studies.[53,146,171,172,147,161–163,167–170] Lee et al.[38] demonstrated that specific 

rates for anisole HDO on MoCx were >10x higher than for MoOx formulations and that 

bulk MoOx formulations (obtained by thermal treatment of MoO3 in hydrogen) suffer from 

continuous deactivation under anisole HDO conditions. These observations led the authors 

to conclude that MoOx phases are not associated with the dominant active sites for anisole 

HDO at ambient pressure and 423 K. These reaction and spectroscopic studies demonstrate 

that molybdenum oxycarbidic or oxygen-modified carbide phases are likely the active 

catalytic centers for selective cleavage of C-O bonds in aromatic oxygenates. 



45 

 

We have previously reported that as-synthesized and passivated-activated Mo2C 

catalysts form benzene with >90% selectivity (on C6
+ basis at 10 – 100 % anisole 

conversion) from anisole at 423 K and atmospheric hydrogen pressure with <2% selectivity 

to phenol and cyclohexane.[41] In this chapter, we demonstrate that oxygen modification 

of Mo2C, via O2-treatment, in excess of O:Mobulk ≈ 0.075, enables tuning of aromatic 

product rates and selectivity (between benzene and phenol) through parallel reaction 

pathways of anisole conversion. 
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3.3 Materials and Methods 

3.3.1 Catalyst Synthesis 

Bulk molybdenum carbide (β-Mo2C) catalysts were prepared by a temperature 

programmed carburization method reported previously.[36,41,81,143] Briefly, 1.6 g of 

precursor, ammonium molybdate tetrahydrate ((NH4)6Mo7O24·4H2O, sieved, 177-400 μm, 

Sigma, 99.98%), was loaded in a tubular quartz reactor (I.D. 10 mm) with a thermocouple 

attached to a thermowell above the quartz frit (used to keep the catalyst bed stationary) and 

treated in a flow of CH4 (Matheson, 99.97%) /H2 (Minneapolis Oxygen, 99.999%) gas 

mixture (15/85, vol%, total flow rate 2.75 cm3 s-1) for about 10 – 15 min at ambient 

temperature. The temperature was controlled using an Omega PID controller (Series 

DB25B-E-A) with an error of ± 2 K in temperature measurement. The precursor was then 

heated in a three-zone split tube furnace (Series 3210, Applied Test System) with a 

temperature protocol as follows. The reactor was heated from ambient temperature to 623 

K in 1.5 h, and then held at this temperature for 5 h, followed by heating the sample to 873 

K in 1.5 h and held at this final temperature for 3 h prior to being cooled down to room 

temperature in H2 flow (2.3 cm3 s-1). As-synthesized molybdenum carbide (designated as 

Fresh-Mo2C in this work) was used for oxygen treatment or anisole HDO reaction without 

exposure to the ambient atmosphere. 

3.3.2 Oxygen modification of molybdenum carbide 

Oxygen-modified Mo2C formulations were prepared using a method reported by Ribeiro 

et al.[87] As-synthesized Mo2C (using 1.6 g ammonium molybdate precursor), following 

a temperature protocol for typical Mo2C synthesis, was cooled to room temperature in H2 
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flow (2.3 cm3 s-1). The material was then treated in a flow of 1% O2/He (3.75 cm3 s-1) at 

room temperature for 2 h and subsequently at a set temperature (297 K; 343 K; 423 K) for 

0.5 h (ramp rate 0.07 K s-1). The final oxygen treatment temperature (designated as T in 

this work) was varied to obtain different oxygen coverage as discussed in Section 3.4.1. 

The oxygen-modified Mo2C catalysts are designated as O-Mo2C-T in this work where T 

refers to the oxygen treatment temperature in K. The total amount of oxygen incorporated 

in the Mo2C catalyst during oxygen treatment was quantified via temperature-

programmed-surface-reaction (TPSR) with hydrogen at 723 K. Post oxygen-treatment, the 

catalyst was quenched to room temperature in H2/Ar flow (87.5/12.5, vol%, 2.67 cm3s-1), 

followed by heating to 723 K at 0.12 K s-1, held at this temperature for 1 h, and then cooled 

to ambient temperature in the same H2/Ar flow. 

The experimental protocol for oxygen treatment and subsequent measurement of 

anisole HDO rates is summarized in Scheme 3-1. The reactor effluent during TPSR studies, 

hydrogen treatment at 423 K, and anisole HDO reaction studies was monitored using an 

online mass spectrometer (MKS Cirrus 200 Quadrupole MS system) and quantified with 

Ar as an internal standard. 

  

Scheme 3-1 Experimental procedure used in this work to prepare oxygen-modified Mo2C 

catalysts and study anisole hydrodeoxygenation reactions 
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3.3.3 Anisole hydrodeoxygenation reaction and kinetic measurements 

Anisole HDO reactions were performed on oxygen-modified Mo2C in independent 

experiments in which post oxygen-treatment, the catalyst was treated in H2/Ar flow 

(87.5/12.5, vol%, 2.67 cm3s-1) at T (K) for 0.5 h and then heated to 423 K at 0.12 K s-1 in 

the same H2/Ar flow, and held at 423 K for 2 h prior to measurement of vapor phase anisole 

HDO rates. Vapor phase anisole HDO reactions were carried out by feeding an influent 

mixture 1.67 cm3s-1, 0.56/balance vol % of anisole/H2 at 423 K over Fresh-Mo2C and 

oxygen-modified Mo2C after synthesis and hydrogen treatment, respectively. Anisole 

(Sigma, 99%, ReagentPlus) was added using a syringe pump (KD Scientific, Model 100). 

All flow lines were heated to at least 373 K via resistive heating to prevent condensation 

of effluents. The products for anisole HDO were quantified using flame ionization 

detection (FID) on a gas chromatograph (Agilent 6890 equipped with a methyl-siloxane 

capillary column (HP-1, 50 m × 320μm ×0.52 μm)) with calibrated response factors. The 

carbon balance was typically better than 95%. Anisole conversion and product selectivity 

are calculated as follows: 

  Anisole conversion = 
(sum of the carbon in products)out

(moles of carbon in anisole)in
           3-1 

   C6
+ products selectivity =

(moles of C6
+ product i)

(∑ moles of C6
+ products)

                       3-2                       

C1 products selectivity =
(mole of methane or methanol)

(mole of methane + mole of methanol)
            3-3 

The kinetics of benzene formation from anisole were investigated at <10% anisole 

conversion at steady state. H2 (5.5 – 107 kPa at 0.5 kPa anisole and balance helium, total flow 

rate 1.67 cm3 s-1 and catalyst loading 1g) and anisole (0.16 – 1.80 kPa at 107 kPa H2, total 

flow rate 1.67 cm3 s-1 and catalyst loading 1g) partial pressures were varied at constant 
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contact time by altering H2, inert (He), and liquid flow rates. The apparent activation energy 

of benzene formation was measured by varying the reaction temperature from 392 K – 445 

K at anisole/H2 = 1 kPa/balance, total flow rate 1.67 cm3 s-1 and catalyst loading 1g. H2O 

eluted during the transient period observed at the start (initial 3.5 ks time-on-stream) of 

anisole HDO reactions on oxygen-modified Mo2C at 423 K, flow ≈ 1.67 cm3 s-1, anisole/H2 

≈ 0.56 vol%/balance, 1 atm was quantified using hydrogen as internal standard with the 

reactor effluent monitored via an online mass spectrometer. 

3.4 Results and Discussion 

3.4.1 Oxygen modification of Mo2C and quantification of oxygen content 

A high propensity of molecular oxygen to deposit O* on Fresh-Mo2C 

commensurate with the highly oxophilic nature of transition metal carbides has been 

reported previously.[39,83,87,173,174] DFT studies by Liu and Rodriguez[173] for O2 

adsorption energies of -8.15 eV – -5.4 eV on Mo-terminated and C-terminated pure Mo2C 

(001) surfaces and thermodynamic calculations for the formation of MoO2(s) (ΔGrxn,600 K = 

-1301 kJ mol-1) or MoO3(s) (ΔGrxn,600 K = -1530 kJ mol-1) from Mo2C(s) by O2(g)-mediated 

oxidation[39] demonstrate the high proficiency of molecular oxygen to oxidize transition 

metal carbides. We dosed O2 on as-synthesized Mo2C at different temperatures (T) to 

obtain oxygen-modified Mo2C catalysts with varying O:Mobulk. The total oxygen 

incorporated during O2 treatment of Fresh-Mo2C (designated as A (molO molMobulk
-1) in 

Table 3-1) was quantified via temperature-programmed-surface-reaction (TPSR) with 

hydrogen at 723 K during which O* was removed predominantly as H2O with minor 

quantities of CO and CO2 (< 2%) observed. A representative transient profile of the reactor 
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effluent during TPSR is shown in Table 2-1. This oxygen treatment and quantification 

method was found to be reproducible with < 5% error in repeat experiments (Table 3-3). 

The majority of oxygen observed during TPSR of oxygen-treated Mo2C with H2 at 723 K 

was a result of oxygen treatment since TPSR of Fresh-Mo2C with H2 at 723 K gave residual 

oxygen of O:Mobulk ≈ 0.002 which was significantly lower than O:Mobulk observed on 

oxygen-treated samples (O:Mobulk  ≈ 0.076 – 0.276, Table 3-1).  

In independent experiments, prior to performing anisole HDO reactions on oxygen-

modified Mo2C, the catalysts were treated in H2/Ar flow (87.5/12.5 vol%, total flow ≈ 2.67 

cm3 s-1) at 423 K (anisole reaction temperature) to remove surface oxygen species as H2O 

and determine the residual O* at the start of anisole HDO reaction (Table 3-1). The oxygen 

removed during hydrogen treatment at 423 K was designated as B (molO molMobulk
-1, Table 

3-1). Oxygen was also removed as H2O during a transient observed at the start of anisole 

HDO reactions before steady state formation of benzene at 423 K (Table 3-1 and Figure 

3-5). This could be a consequence of competitive adsorption of anisole on the catalyst 

surface resulting in desorption of water molecules formed during hydrogen treatment at 

423 K. The oxygen desorbed during this reaction transient was designated as C (molO 

molMobulk
-1, Table 3-1). The net residual oxygen present on/in the catalyst during anisole 

HDO, designated as D (molO molMobulk
-1, Table 3-1), was calculated using equation 3-4 

and is referred as O:Mobulk in Table 3-2 . 

                                         Net residual oxygen, D = A – B – C          3-4 
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As shown in Table 3-1, the total amount of oxygen incorporated (A) and 

consequently, the net residual oxygen (D) in oxygen-modified Mo2C formulations, 

increased monotonically with oxygen treatment temperature. Reactions rates and 

selectivity of anisole HDO were measured on Fresh-Mo2C and oxygen-modified Mo2C 

(O:Mobulk ≈ 0.002 – 0.276) formulations to determine the consequences of oxygen dosing 

on hydrodeoxygenation reactions on metal carbides. 
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Table 3-1 Calculations for oxygen content in Fresh and oxygen-modified Mo2C catalysts. 

 

 

Sample 

Name 

Oxygen 

treatment 

temperat

ure 

(T) i 

Total O* 

incorpora

ted 

(A) ii 

O* 

removed 

in H2 

reduction 

(B) iii 

O* 

removed 

during 

transient 

anisole 

reaction 

(C) iv 

Net residual 

oxygen during 

steady state 

anisole 

reaction 

(D) v 

 K 
molO/mol

Mobulk 

molO/mol

Mobulk 

molO/molMo

bulk 

molO/molMobul

k 

Fresh-

Mo2C 
N/A 0.002 0.000 0.000 0.002 

O-Mo2C-

296 
296 0.230 0.120 0.032 0.076 

O-Mo2C-

343 
343 0.342 0.184 0.027 0.129 

O-Mo2C-

423 
423 0.506 0.150 0.079 0.276 

i temperature for treatment of Fresh-Mo2C in O2 flow (1 vol % O2/balance He; total 

flow ≈ 3.75 cm3 s-1) post-synthesis without prior atmospheric exposure; designated 

as T (K) in this work 

ii oxygen removed as H2O during temperature-programmed-surface-reaction (TPSR) 

in H2/Ar (87.5/12.5 vol%) flow (total flow ≈ 2.67 cm3 s-1) at 723 K post oxygen 

treatment at T (K); catalyst was quenched to ambient temperature in H2/Ar (87.5/12.5, 

vol%, 2.67 cm3s-1) flow and subsequently heated to 723 K at 0.12 K s-1 in same flow; 

Ar was used as internal standard for quantification using mass spectrometer; 

designated as A (molO/molMobulk) in this work 

iii oxygen removed as H2O during treatment in H2/Ar (87.5/12.5 vol%) flow (total 

flow ≈ 2.67 cm3 s-1), first at oxygen treatment temperature (T) and subsequently 

heated to reaction temperature (423 K) at 0.12 K s-1; designated as B (molO/molMobulk) 

in this work 

iv oxygen removed as H2O during the transient period observed at the start of anisole 

HDO reactions at 423 K, flow ≈ 1.67 cm3 s-1, anisole/H2 ≈ 0.56 vol%/balance, 1 atm; 

designated as C (molO/molMobulk) in this work 

v net residual oxygen present on/in the catalyst during steady-state anisole HDO 

reactions, calculated as: 

  Net residual oxygen (D) = A – B – C; designated as D (molO/molMobulk) and referred 

as O:Mobulk in this work  
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3.4.2 Anisole HDO on oxygen-modified Mo2C formulations 

The Fresh-Mo2C catalyst formed primarily benzene (97% selectivity based on C6
+ 

products) and < 1% phenol at steady state, evincing selective HDO at 423 K consistent with 

the observations of Lee et al.[41]. Fresh-Mo2C showed a transient period of cyclohexane 

formation before any benzene was observed in the reactor effluent at the start of anisole 

reaction whereas oxygen-modified Mo2C (O:Mobulk ≈ 0.076 – 0.276) did not result in any 

cyclohexane formation (Figure 3-6). These observations are in line with previous reports 

demonstrating that in-situ oxidation of Fresh-Mo2C catalyst by the oxygen-containing feed 

inhibits hydrogenation of benzene to cyclohexane resulting in selective synthesis of benzene 

from anisole HDO.[38] Consequently, presence of O* in the catalyst post O2 dosing lead to 

suppression of cyclohexane formation during the transient of anisole HDO at 423 K. 

Anisole HDO studies at 423 K on oxygen-modified Mo2C formulations revealed that 

increasing oxygen content in Mo2C (O:Mobulk = 0.002 – 0.276) monotonically decreased the 

benzene formation rate (from ca. 6.89x10-8 mol s-1gcat
-1 at O:Mobulk ≈ 0.002 to ca. 0.17x10-8 

mol s-1gcat
-1 at O:Mobulk ≈ 0.276) and increased the phenol formation rate (from ca. 0.11x10-

9 mol s-1gcat
-1 at O:Mobulk ≈ 0.002 to ca. 7.81x10-9 mol s-1gcat

-1 at O:Mobulk ≈ 0.276) as shown 

in Figure 3-1. Concurrently, the C6
+ product selectivity (calculated using equation 3-2) of 

benzene decreased from ca. 97% (at O:Mobulk ≈ 0.002) to ca. 18% (at O:Mobulk ≈ 0.276) 

whereas phenol selectivity increased from ca. 0.2% (at O:Mobulk ≈ 0.002) to ca. 81% (at 

O:Mobulk ≈ 0.276) as shown in Figure 3-1. Lee et al.[41] have previously reported that the 

phenol selectivity remained <1% at low anisole conversions (<1%) elucidating that benzene 

formation from anisole HDO on Mo2C catalysts at 423 K occurs via direct aromatic C-O 
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bond cleavage. We demonstrate here that aromatic product selectivity from anisole can be 

tuned via preferentially propagating one of two parallel reactions involving either aromatic 

C-O (bond dissociation energy ≈ 422 kJ mol-1 to form benzene) or methoxy C-O cleavage 

(bond dissociation energy ≈ 339 kJ mol-1 to form phenol)[43] by oxygen dosing of Mo2C at 

different temperatures (296 K – 423 K). 

 

 

 

Figure 3-1(a) Benzene and phenol formation rates and (b) aromatic product selectivity on 

molar basis, as a function of oxygen content on Fresh and oxygen-modified Mo2C catalysts 

during steady-state anisole HDO reactions (36 ks time-on-stream). O:Mobulk 

(molO/molMobulk) calculated as discussed in Table 3-1. Reaction conditions: temperature 

423 K, anisole/H2 ≈ 1 kPa/balance, total flow rate 1.67 cm3 s-1, and catalyst loading 1g. 
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The change in aromatic formation rate and selectivity was accompanied by a decrease in 

total anisole conversion from 15% on Fresh-Mo2C to <0.1% on O:Mobulk = 0.276. The 

reduction in conversion can be a consequence of (i) the number of sites of phenol synthesis 

being fewer in number than the sites for benzene formation, (ii) the phenol turnover rate 

(number of phenol  molecules formed per active site) being lower than the benzene turnover 

rate, or (iii) a reduction in surface area of the catalyst on oxidation. We measured the surface 

area of oxygen-modified Mo2C (O:Mobulk = 0.276) as 55 m2g-1 as opposed to 100 m2g-1 of 

Fresh-Mo2C. Loss of catalyst surface area of metal carbides due to oxidation has been 

previously reported.[35,39] Lee et al.[40] observed a reduction in surface area of passivated 

Mo2C, attributed to gradual surface oxidation. Garin et al.[175] and Stellwagen et al.[176] 

reported decreasing alkane hydrogenolysis rates over WCx and stearic acid deoxygenation 

rates over carbon-nanofiber-supported Mo2C and W2C, respectively, ascribing the 

observations to catalyst oxidation in both cases. Sullivan et al.[35] demonstrated the 

detrimental effects of harsh oxidation upon the surface area of molybdenum carbidic 

formulations wherein a 7.5-fold reduction in surface area was observed post 13.5 kPa O2 

treatment at 369 K. Our work to date does not arbitrate between these scenarios. 

The aromatic as well as C1 products selectivity on oxygen-modified Mo2C formulations 

was found to be stable (<5% change) for 180 ks time-on-stream as shown in Figure 3-2 for 

O:Mobulk ≈ 0.129. Anisole conversion, aromatic formation rates, and selectivity on oxygen-

modified Mo2C could be regenerated to Fresh-Mo2C values by temperature-programmed-

surface-reaction (TPSR) with hydrogen at 723 K leading to removal of O* as H2O as shown 

in Figure 3-4  and Section 3.6.3. These observations show that the tunable product rates and 
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selectivity for anisole HDO induced by O2 dosing of Mo2C catalysts are retained for an 

extended time-on-stream and can be reversibly changed to that of Fresh-Mo2C by TPSR with 

H2. 

3.4.3 Kinetics of benzene formation on oxygen-modified Mo2C 

The observed reduction in benzene synthesis rate (per gram catalyst) from anisole on 

oxygen modification of Mo2C formulations can be a consequence of (i) a change in reaction 

kinetics of anisole HDO to benzene or (ii) a change in number of active sites for benzene 

formation.  

We performed anisole and H2 partial pressure dependence studies and activation energy 

measurements for benzene formation on Fresh-Mo2C and oxygen-modified Mo2C (O:Mobulk 

≈ 0.276) to investigate the reaction kinetics of anisole HDO at 423 K (Table 3-2 and Section 

Figure 3-2 Product selectivity (on molar basis) vs. time-on-stream for anisole HDO reaction 

on oxygen-modified Mo2C (O-Mo2C-343, O:Mobulk ≈ 0.129 molO/molMobulk) (a) before and (b) 

after temperature-programmed-surface-reaction (TPSR) with H2 at 723 K. Reaction conditions: 

temperature 423 K, anisole/H2 ≈ 1 kPa/balance, total flow rate 1.67 cm3 s-1, and catalyst loading 

1g. 
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3.6.4). Benzene synthesis rate was zero order in anisole partial pressure and concurrently, 

half order in H2 pressure on Fresh-Mo2C in line with previous reports for 

hydrodeoxygenation reactions on metal carbide catalysts, suggesting a two-site mechanism 

with distinct sites for oxygenate and H2 activation.[41] The reaction orders for anisole and 

H2 were unaltered on Fresh and oxygen-modified Mo2C (O:Mobulk ≈ 0.276, Table 3-2). The 

activation energy for benzene formation remained invariant with oxygen content despite a 

70-fold change in benzene rate per gram catalyst (Table 3-2 and Section 3.6.4). These 

observations show that oxygen modification of Mo2C does not change (i) the two-site 

reaction mechanism or (ii) the rate-limiting step for benzene formation from anisole HDO. 

We do not report the phenol formation kinetics in this work due to our inability to measure 

intrinsic reaction rates for phenol formation from anisole on oxygen-modified Mo2C 

catalysts.  
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Table 3-2 Kinetic parameters for conversion of anisole to benzene over Fresh and oxygen-

modified Mo2C catalysts. Tabulated numbers were obtained from data plotted in Figure 

3-7 and Figure 3-8. 

 

Catalytic site densities for benzene synthesis from anisole HDO on Fresh-Mo2C and 

oxygen-modified Mo2C were measured using in-situ CO chemical titrations (Section 3.6.5). 

The methodology for measuring the benzene turnover rate (TOR) using in situ CO titration 

has been reported previously[38] and discussed briefly in Section 3.6.5. CO co-feed inhibited 

the benzene synthesis rate but did not alter the phenol formation rate suggesting that CO 

titrates benzene formation catalytic sites and a fraction of MoOxCy active sites not titrated by 

CO are responsible for phenol formation. Despite the change in benzene and phenol 

formation rates per gram catalyst with oxygen content, the benzene turnover rate (TOR), 

Sample 

Name 
O:Mobulk a 

Anisole 

reaction order 
b 

H2 

reaction 

order c 

Apparent 

activation 

energy (Eapp) d 

 molO/molMobulk   kJ mol-1 

Fresh-Mo2C 0.002 0 0.5 71 ± 1 

O-Mo2C-423 0.276 0 0.5 76 ± 1 

a residual oxygen content in the catalyst during steady-state anisole HDO reactions as 

calculated in Table 3-1 

b anisole partial pressure (varied from 0.16 – 1.80 kPa at 107 kPa H2, total flow rate ≈1.67 

cm3 s-1, temperature = 423 K and catalyst loading ≈ 1g) dependence of benzene formation 

rate; corresponding data shown in Figure 3-7 

c hydrogen partial pressure (varied from 5.5 – 107 kPa at 0.5 kPa anisole, total flow rate 

≈ 1.67 cm3 s-1, temperature = 423 K and catalyst loading ≈ 1g) dependence of benzene 

formation rate; corresponding data shown in Figure 3-7 

d apparent activation energy of benzene formation, temperature varied from 392 – 445 K 

at anisole/H2 = 1 kPa/balance, total flow rate ≈ 1.67 cm3 s-1 and catalyst loading ≈ 1g; 

corresponding Arrhenius plots shown in Figure 3-7 
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normalized by in situ count of CO binding sites, remained invariant at (1.5 ± 0.2) x 10-3  s-1 

across orders of magnitude changes in oxygen content (O:Mobulk ≈ 0.002 – 0.276) as shown 

in Figure 3-3. These results suggest that oxygen dosing of Mo2C catalysts does not affect 

benzene formation rates and instead only results in a reduction in the number of catalytically 

active sites involved in benzene synthesis. 
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Surface science studies, electronic structure calculations, and probe reactions have 

demonstrated that the reactivity of metal carbides is strongly influenced by the adsorption of 

surface adatoms as well as by the sub-surface oxygen and carbon content. [74,84–

90,173,177] Sullivan et al.[35] reported acetone HDO on fresh and oxygen treated Mo2C to 

demonstrate that oxygen modification altered the acid site density as well as the nature of the 

Figure 3-3 Benzene turnover rate (TOR, measured via in-situ CO chemical titrations) as 

a function of oxygen content on Fresh and oxygen-modified Mo2C catalysts during 

steady-state anisole HDO reactions. O:Mobulk (molO/molMobulk) calculated as discussed in  

Table 3-1.  
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active sites, as evinced by decreased isopropyl alcohol (IPA) dehydration rates, increased 

activation energies of IPA dehydration, and decreased IPA dehydration turnover frequencies 

as normalized by the number of acid sites assessed using in situ DTBP chemical titration. 

Here, we demonstrate that oxygen dosing of as-synthesized Mo2C results in tunable product 

distribution of anisole reactions likely due to introduction of a new active phase in the 

catalyst.  

We postulate that benzene formation on Fresh-Mo2C occurs due to on-top adsorption of 

anisole aromatic ring parallel to the catalyst surface leading to selective breaking of the 

aromatic C-O bond, in line with surface science investigations using high resolution electron 

energy loss spectroscopy (HREELS) for aromatic adsorption on transition metal carbide 

surfaces.[171,178] The presence of carbon atoms on C/W(211) surface lead to preferential 

adsorption of the benzene ring parallel to the surface in contrast to clean W(211) surfaces 

which preferentially adsorb benzene in a tilted adsorption geometry.[179] However, high O* 

coverages, due to oxygen modification of the catalyst, could plausibly result in enhanced 

repulsion between the catalyst surface and the electron-rich aromatic ring resulting in specific 

end-on adsorption, allowing for retention of phenolic oxygen and thereby, phenol formation 

from methoxy C-O bond cleavage. Pursuant to the report by Lee et al.[38] noting the lower 

specific rate of anisole HDO on MoOx relative to MoCx and that temperature-programmed-

carburization of MoOx in CH4/H2 flow at 423 K – 973 K enhanced the specific rates of 

benzene formation to near Mo2C values, MoOx phases are unlikely to be involved in 

aromatics formation. Román-Leshkov and co-workers [146,147] have shown in high 

temperature (573 K – 623 K) studies that molybdenum oxide (MoO3) modified by hydrogen 
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treatment catalyzed anisole conversion to phenol with 39% yield (balance benzene) and 

thermogravimetric analysis (TGA) and X-ray photoelectron spectroscopy (XPS) studies 

suggested formation of oxidic/oxycarbidic clusters (MoOx/MoOxCy) during the reaction 

transient. Recently, Murugappan et al.[180] have used operando near-ambient pressure X-

ray photoelectron spectroscopy (NAP-XPS) to demonstrate that pre-reduced MoO3 

transitioned between 5+ and 6+ Mo oxidation states during anisole HDO reaction at 593 K 

and <1 mbar H2 pressure. In contrast, Mo2C maintained around 85% of the Mo in a 2+ 

oxidation state throughout the reaction with 15% total of 4+, 5+, 6+ oxidation states. 

Passivated Mo2C demonstrated around 80% high Mo oxidation states while only 20% of the 

Mo was in the 2+ oxidation state evincing that an oxycarbidic phase was predominant on 

reduced MoO3 and on passivated Mo2C while a carbidic phase was prevalent on Mo2C. The 

presence of an oxycarbidic phase on reduced MoO3 and on passivated Mo2C was concurrent 

with a reduction in benzene formation rate in reference to a Mo2C formulation. These results 

suggest that the carbidic phase is responsible for benzene formation from anisole whereas 

increasing oxygen content in Mo2C makes the catalyst behave more like MoO3 due to 

formation of a dominant oxycarbidic phase catalyzing phenol formation from anisole. We 

surmise that O:Mobulk exceeding 0.075 molO molMobulk
-1 results in the formation of 

oxidic/oxycarbidic (MoOx/MoOxCy) clusters on Fresh-Mo2C formulations and in turn results 

in phenol formation (>80% selectivity) from anisole at 423 K and atmospheric H2 pressure. 

3.5 Conclusions 

Oxygen modification of as–synthesized molybdenum carbide formulations allows for 

tuning of aromatic product rates and selectivity in anisole hydrodeoxygenation reactions at 
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423 K. The oxygen-modified Mo2C is stable for >180 ks time-on-stream at high phenol 

selectivity (35%) and rates and selectivity of Fresh-Mo2C formulations (98% benzene 

selectivity) can be regenerated by temperature-programed-surface-reaction of oxygen-

modified Mo2C with H2 at 723 K. Oxygen treatment does not have any effect on specific 

rates of benzene formation from anisole and alters the aromatic product distribution 

presumably through formation of molybdenum oxycarbidic species. 
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3.6 Supplementary Information 

3.6.1 Quantification of oxygen content in oxygen-modified Mo2C using 

temperature-programmed-surface-reaction (TPSR) with H2 

The total oxygen incorporated via O2 treatment of Fresh-Mo2C was quantified via 

temperature-programmed-surface-reaction (TPSR) with hydrogen at ~723 K during which 

O* was removed predominantly as H2O and an illustrative reactor effluent profile 

monitored using an online mass spectrometer is shown in Figure 3-4. The reproducibility 

of the oxygen treatment and TPSR experimental results was assessed in repeat experiments 

on O-Mo2C-423 and the results are shown in Table 3-3. The amount of oxygen removed 

during TPSR was found to be reproducible with < 5% error. 

 

 

 

 

 

 

 

 

 

 

Figure 3-4 Mass spectrometer transient profile of reactor effluent and reactor 

temperature during temperature-programmed-surface-reaction (TPSR) with H2/Ar 

(87.5/12.5 vol%, ~2.67 cm3s-1) at ~723 K, following oxygen treatment of as-

synthesized Mo2C at 423 K (O:Mobulk ~0.276). 
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Table 3-3 TPSR results of two independent experiments for oxygen treated Mo2C catalysts 

(O-Mo2C-423) to quantify amount of oxygen incorporated in molybdenum carbide catalyst 

during oxygen treatment at 423 K. TPSR was performed with H2/Ar (87.5/12.5 vol%, 

~2.67 cm3s-1) at ~723 K where Ar was used as internal standard. 

 

 

 

3.6.2 Anisole HDO reactions on oxygen-modified Mo2C catalyst 

formulations 

At the start of anisole reactions at ~423 K on oxygen-modified Mo2C, water was 

observed in the reactor effluent for a transient period as shown in the on-stream mass 

spectrometer profile for O:Mobulk ~0.129 shown in Figure 3-5. Fresh-Mo2C showed 

transient cyclohexane formation (Figure 3-6) due to further hydrogenation of benzene 

formed during anisole HDO reaction at ~423 K whereas the cyclohexane transient was 

absent in the oxygen-modified molybdenum carbide formulations. A representative 

transient profile for O-Mo2C-343 (O:Mobulk ~0.129) is shown in Figure 3-6. 

 

 

 

Exp. 

No. 
Sample 

H2O evolved during  

TPSR with H2 at 723 K  

( molO/molMobulk) 

1 Oxygen-modified Mo2C 0.276 

2 Replicated Oxygen-modified Mo2C 0.275 
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Figure 3-5 Mass spectrometer transient profile of H2O (m/z = 18) and benzene 

(m/z = 78) during anisole reaction on oxygen-modified Mo2C (O-Mo2C-343). 

Reaction conditions: temperature ~423 K, anisole/H2 ~ 1 kPa/balance, total 

flow rate ~1.67 cm3 s-1, and catalyst loading ~ 1g. 
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3.6.3 Regeneration of oxygen-modified Mo2C using temperature-

programmed-surface-reaction (TPSR) with H2 

The benzene synthesis rate, aromatic product selectivity, and benzene turnover rate 

(TOR, measured via in-situ CO titrations) for three catalyst samples: Fresh-Mo2C, O-

Mo2C-343 after TPSR with H2, and O-Mo2C-343 before TPSR with H2 are shown in Table 

3-4. 

 

Figure 3-6 Transient reaction profile of anisole reaction on (a) Fresh-Mo2C and (b) 

oxygen-modified Mo2C (O-Mo2C-343). Reaction conditions: temperature ~423 K, 

anisole/H2 ~ 1 kPa/balance, total flow rate ~1.67 cm3 s-1, and catalyst loading ~ 1g. 
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Table 3-4 Anisole HDO reaction results for Fresh and oxygen-modified Mo2C (O-Mo2C-

343, before and after TPSR with H2). Reaction conditions: temperature ~ 423 K, anisole/H2 

~ 1 kPa/balance, total flow rate ~1.67 cm3 s-1, and catalyst loading ~ 1g. 

 

 

3.6.4 Kinetics of benzene formation on oxygen-modified Mo2C catalysts 

Kinetic measurements for anisole HDO to benzene were performed on Fresh and 

oxygen-modified Mo2C (O-Mo2C-423) catalysts. Figure 3-7 shows anisole and hydrogen 

partial pressure dependence of benzene formation rate for Fresh-Mo2C and O-Mo2C-423 

formulations. Figure 3-8 shows the Arrhenius plots for Mo2C catalysts (O:Mobulk ~ 0.002 – 

0.276) used to obtain an apparent activation energy for benzene formation from anisole 

HDO with varying oxygen content in the metal carbide catalyst shown in Table 3-5. 

Challenge in measuring phenol formation kinetics on oxygen-modified 

molybdenum carbide catalysts:  We have reported chemical titration studies for sites that 

effect benzene synthesis, however, we could not titrate sites that selectively form phenol 

with titrants as various as CO, 2,2-dimethylpropanoic acid, and pyridine. We also note that 

 Fresh-

Mo2C 

O-Mo2C-343 

after TPSR 

with H2 

O-Mo2C-343 

before TPSR 

with H2 

Benzene Rate (mol s-1 gcat
-1)a 6.89 x 10-8 4.95 x 10-8 7.41  x 10-9 

Benzene Selectivity (%)a 96.5 96.5 59.6 

Phenol Selectivity (%)a < 1 < 1 35.7 

Benzene TOR (s-1)b 1.67 x 10-3 1.62 x 10-3 1.25 x 10-3 

a steady-state values at 15 ks time-on-stream during anisole HDO reaction at 423 K 
b measured using in-situ CO titrations during steady state anisole HDO reaction at 423 

K 
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phenol synthesis rates are ~100x lower than benzene synthesis rates although phenol rates 

are stable with time-on-stream. We infer from these observations and from a recent report 

by Roman and coworkers [180] that a very small fraction of Mo species in high oxidation 

states enable phenol synthesis. The density of such sites is likely highly sensitive to process 

conditions (reaction temperatures and reactant partial pressures) and thereby, hinders 

kinetic measurements like reaction orders and activation energy measurements for phenol 

formation without a rigorous assessment of the number of such sites. 
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Figure 3-7 Effect of H2 partial pressure (red data points, varied from 5.5 – 107 

kPa at 0.5 kPa anisole and balance argon, total flow rate ~1.67 cm3 s-1, 

temperature = 403 K and catalyst loading ~1g) and anisole partial pressure (black 

data points, varied from 0.16 – 1.80 kPa at 107 kPa H2, total flow rate ~1.67 cm3 

s-1, temperature = 403 K and catalyst loading ~1g) for (a) Fresh-Mo2C and (b) 

oxygen-modified Mo2C (O-Mo2C-423). Dashed lines are included as a guide to 

the eye. 
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Figure 3-8 Logarithmic plot of benzene synthesis rate vs. inverse temperature for 

Fresh and oxygen-modified Mo2C catalysts (O:Mobulk ~ 0.002 – 0.276). Reaction 

conditions: temperature varied from 392 – 445 K at anisole/H2 = 1 kPa/balance, 

total flow rate ~1.67 cm3 s-1 and catalyst loading ~1g. Dashed lines are included 

as a guide to the eye. 
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Table 3-5 Apparent activation energy for anisole to benzene conversion over Fresh and 

oxygen-modified Mo2C catalysts. 

 

 

 

 

 

 

 

 

 

3.6.5 In-situ CO titrations of benzene formation on Fresh and oxygen-

modified Mo2C catalysts 

The catalytic site density for anisole hydrodeoxygenation to benzene on Fresh and 

oxygen-modified molybdenum carbide catalysts was measured using in-situ CO chemical 

titrations. Figure 3-9, Figure 3-10, Table 3-6, Table 3-7, and Table 3-8 show the data for 

in situ titration experiments for Fresh-Mo2C, O-Mo2C-296, and O-Mo2C-423 catalysts. 

Benzene synthesis rates were allowed to reach steady state before a CO (0.0076 to 0.053 

cm3 s-1)/Ar (0.03 cm3 s-1) mixture was co-fed into the reactant stream. CO co-feed 

Sample Name O:Mobulk a 
Apparent activation 

energy (Eapp) b 

 molO/molMobulk kJ mol-1 

Fresh-Mo2C 0.002 71 ± 1 

O-Mo2C-296 0.076 79 ± 3 

O-Mo2C-343 0.129 86 ± 4 

O-Mo2C-423 0.276 76 ± 1 
a residual oxygen content in the catalyst during steady-state 

anisole HDO reactions as calculated in  

Table 3-1 

b apparent activation energy of benzene formation, temperature 

varied from 392 – 445 K at anisole/H2 = 1 kPa/balance, total flow 

rate ~1.67 cm3 s-1 and catalyst loading ~1g; corresponding 

Arrhenius plots shown in Figure 3-8 
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suppressed the benzene synthesis rate 6 fold but did not alter the phenol formation rate as 

shown in Figure 3-9. 

The number of operating sites was determined by analyzing the mass spectrometer 

signals of CO and Ar as a function of time during a CO titration event (Figure 3-10). A 

synchronic breakthrough of both Ar and CO mass spectrum signals was observed in a blank 

experiment in which a CO/Ar gas mixture was co-fed in an empty reactor with pure H2 gas 

flow (Figure 3-10 (a)). In contrast, a CO-Ar co-feed during anisole HDO resulted in a 

delayed breakthrough time for CO as compared to the inert tracer Ar (shown in Figure 

3-10 (b)) and this apparent residence time of CO in the reactor can be attributed to 

adsorption of CO or reactions (CO hydrogenation and/or water gas shift) on the Mo2C 

catalyst surface. As reported by Lee et al.[38], the amount of CO consumed in 

hydrogenation and/or water gas shift reactions is negligible (<5% of the total CO consumed 

during titration) at reaction conditions employed in this work, the number of active sites 

occupied by CO molecules can be estimated by multiplying the known CO flow rate and 

the CO residence time (t1) (time difference of the breakthrough times between the CO and 

Ar signals shown in Figure 3-10 (b)). The intrinsic TOR of benzene synthesis per metallic 

site on molybdenum carbide catalysts (with the assumption that one CO molecule can 

poison one active site for benzene formation) can therefore be calculated by the ratio of the 

reduction of benzene synthesis rates due to the presence of CO (Figure 3-9) and the amount 

of CO adsorbed on the catalysts (Figure 3-10) using equation 3-5. 

     TOR = 
∆ Benzene Synthesis Rate (mol s-1gcat

-1)

Number of CO sites (mol gcat
-1)

                           3-5 
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The benzene TOR was found to be nearly invariant with CO flow rate (0.48 x 10-6 mol s-1 

– 1.91 x 10-6 mol s-1; Table 3-6, Table 3-7, and Table 3-8) demonstrating (i) the absence 

of CO mass transfer limitations during in-situ titration and (iii) little or no diversity in the 

benzene formation sites titrated by CO under reaction conditions used in this work. 

 

 

 

 

 

Figure 3-9 Benzene synthesis rate vs. time-on-stream during the course of in-situ CO 

titration. The catalyst (1g) was stabilized for 15 ks before in-situ CO titration. Shaded 

areas indicate CO (0.0076 to 0.053 cm3 s-1)/Ar (0.03 cm3 s-1) mixtures were co-fed into 

the reactant feed comprising 1 kPa anisole/ balance H2 with a total flow rate 1.67 cm3 

s−1 at reaction temperature 423 K under ambient pressure. Anisole conversion was 20% 

at steady state in absence of CO co-feed. 
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Figure 3-10 Normalized Ar (m/z = 40) and CO (m/z =28) mass spectrometer signals 

through (a) a blank reactor and (b) Fresh-Mo2C catalyst, during the course of in-situ CO 

titration. The breakthrough time of CO is represented as t1 in (b). CO/Ar was co-fed as a 

titrant/ inert tracer with a flow rate of 0.053 cm3 s−1/0.03 cm3 s−1 into a reactant feed 

comprising anisole/H2 1kPa/balance (total flow rate 1.67 cm3 s−1) at a reaction temperature 

423 K under ambient pressure; Mo2C loading 1g. Benzene synthesis rates in the 

presence/absence of CO were tracked using GC before 0 s and after 0.2 ks. 
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Table 3-6 CO feed flow rates and measured benzene turnover rate (TOR) during in-situ 

CO titration of Fresh-Mo2C catalyst with catalyst loading 1g for vapor phase anisole HDO. 

Expt. Set 

CO molar flow rate 

(/10-6 mol s-1) 

Benzene TORa 

(/10-3 mol s-1 mol-1
CO site) 

1 1.91 1.0 

2 1.91 1.1 

3 0.95 1.5 

4 0.48 2.0 

5 1.91 1.0 

6 0.95 1.4 

7 0.48 1.8 

a calculated using equation 3-5 
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Table 3-7 CO feed flow rates and measured benzene turnover rate (TOR) during in-situ 

CO titration of O-Mo2C-296 (O:Mobulk ≈ 0.076) catalyst with catalyst loading 1g for vapor 

phase anisole HDO. 

 

 

 

 

 

 

 

 

 

 

  

Expt. Set 

CO molar flow rate 

(/10-6 mol s-1) 

Benzene TORa 

(/10-3 mol s-1 mol-1
CO site) 

1 0.95 1.1 

2 0.48 1.6 

3 0.95 1.1 

4 0.48 1.6 

a calculated using equation 3-5 
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Table 3-8 CO feed flow rates and measured benzene turnover rate (TOR) during in-situ 

CO titration of O-Mo2C-423 (O:Mobulk ≈ 0.276) catalyst with catalyst loading 1g for vapor 

phase anisole HDO. 

 

 

 

 

 

 

 

 

 

 

 

 

  

Expt. 

Set 

CO molar flow 

rate 

(/10-6 mol s-1) 

Benzene TOR 

(/10-3 mol s-1 mol-1
CO 

site) 

1 0.95 1.1 

2 0.48 1.1 

3 0.72 0.8 

4 0.95 1.0 

5 0.48 1.1 

6 0.72 0.9 

a calculated using equation 3-5 
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 Acetic acid hydrodeoxygenation on molybdenum 

carbide catalysts 

Adapted from Anurag Kumar, Sohan Phadke, and Aditya Bhan, Acetic acid 

hydrodeoxygenation on molybdenum carbide catalysts, Catalysis Science & Technology, 

2018,8, 2938-2953 

4.1 Conspectus 

As-synthesized molybdenum carbide shows >98% selectivity (deoxygenated products) 

and stable chemical conversion for >30 h time-on-stream after an initial deactivation period 

of ~9 h for vapor phase hydrodeoxygenation of acetic acid at low temperature (403 K) and 

atmospheric pressure. Space time variation studies show acetaldehyde as a primary 

unstable product, ethanol as a secondary unstable product, and ethyl acetate and ethylene 

as secondary stable products suggesting a sequential reaction pathway for acetic acid 

deoxygenation on Mo2C. The concurrent half and zero-order dependence of acetic acid 

HDO rates on H2 and acetic acid pressure, respectively, suggests that catalytic sites for H2 

activation are distinct from those required for the activation of acetic acid consistent with 

prior reports for deoxygenation of aromatic ethers and alcohols. Catalyst surface evolution 

by oxygen (O:Mobulk ~ 0.3) and carbon (C:Mobulk ~ 0.1) deposition from the reactant 

oxygenate was noted using temperature programmed surface reaction (TPSR) with 

hydrogen post reaction. Higher O*/Mo deposition with acetic acid in reference to H2O, 

CO2, and aromatic ethers at similar oxygenate pressures suggests that identity of the 

oxygenate determines its proficiency for heteroatom deposition on fresh carbidic materials. 

Catalytic site densities were estimated via in-situ titration using 2,2-dimethylpropanoic 
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acid (DMPA) as a reagent to calculate a turnover frequency (TOF) of (9 ± 1) × 10−4 mol 

s−1 molDMPA
−1. X-ray diffraction patterns and X-ray photoelectron spectra of passivated 

Mo2C catalyst samples before and after acetic acid reaction indicate the presence of a 

carbide/oxycarbide phase, even though the bulk structure of orthorhombic β-Mo2C is 

retained. 

4.2  Background 

Process chemistries that eliminate oxygen are required for the conversion of 

biomass to fuels and chemicals. It is desirable that the stoichiometric oxygen removal occur 

through C-O and/or C=O bond cleavage while keeping C-C bonds intact.[160,181] 

Pyrolytic methods for biomass decomposition result in bio-oil consisting of corrosive 

carboxylic acids (~25 wt%) and their derivatives resulting in challenges in downstream 

processing due to low energy density, high viscosity, and high acid number of the final 

fuel.[17,93,94] Deoxygenation of carboxylic acids has been studied predominantly in 

liquid phase reactions on noble metal catalysts demonstrating complete hydrogenation and 

low deoxygenation selectivity due to C-C bond scission.[1,23,182–184] In contrast, recent 

reports present non-precious transition metal carbides as stable and selective catalysts for 

low temperature (~ 433 K) and atmospheric pressure hydrodeoxygenation (HDO) of 

biomass-derived aromatic ethers[37,41], alcohols[29,34], and aldehydes[154]. Selective 

catalytic deoxygenation of C2 oxygenates (acetaldehyde, acetic acid, ethylene glycol, and 

glycoldehyde) to form ethylene on Mo2C and WC catalysts was demonstrated using surface 

science and density functional theory (DFT) studies.[60,61,162,185] Acetic acid 

deoxygenation to acetaldehyde and ethylene on a passivated-reduced Mo2C catalyst at high 
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temperature (523 – 673 K) and atmospheric pressure was reported by Schaidle et al.[160] 

Temperature-programmed reaction in conjunction with DRIFTS, XPS, and DFT studies 

were performed to study the evolution of reaction pathways with increasing 

temperature.[160] Surface properties of unpassivated as-synthesized Mo2C were also 

reported and the catalyst surface was noted to evolve under experimental reaction 

conditions.[160] C-O bond cleavage was favored at temperatures ranging from 523 – 673  

K whereas C-C bond cleavage, via decarbonylation and decarboxylation, was prominent 

at temperatures ranging from 673 – 773  K.[160] C-O bond cleavage was postulated to 

occur on acidic or oxygen vacancy sites and the availability of adsorbed hydrogen from H2 

dissociation was proposed to be rate limiting due to high oxygen surface coverages as 

inferred in temperature dependent DRIFTS and XPS studies.[160] Here, we report detailed 

kinetic and mechanistic studies for acetic acid hydrodeoxygenation on as-synthesized 

molybdenum carbide catalysts at low temperature (~403 K) and atmospheric hydrogen 

pressure and note distinct site requirements for hydrogen and oxygenate activation. 

In-situ structural evolution due to deposition of heteroatoms contributes to the 

functionality of metal carbides for deoxygenation applications.[21,53,62] The reactivity of 

transition metal carbide catalysts is strongly influenced by the adsorption of surface 

adatoms and by the sub-surface oxygen and carbon content as evinced by surface science 

studies[84,85], electronic structure calculations[177], and probe reactions [74,87–89]. WC 

retains ~50% of oxygen, even after thermal treatment in hydrogen flow at 1150 K, 

demonstrating the difficulty of complete oxygen removal in metal carbide catalysts.[83] 

Chemisorbed oxygen on/in tungsten carbide catalyst resulted in the genesis of acidic sites, 
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resulting in increased alkane isomerization rates (with high selectivity of 70 – 99%), while 

inhibiting the hydrogenolysis rate.[87] In this work, we perform exhaustive temperature 

programmed surface reaction studies to compare oxygen and carbon deposition from acetic 

acid on/in as-prepared Mo2C under reaction conditions in reference to other oxygenates to 

note the higher efficacy with which acetic acid deposits O-adatoms compared to H2O, CO2, 

and anisole. 

The presence of heteroatoms results in metal carbides possessing multiple chemical 

functions active as catalytic centers as evident from their ability to catalyze 

hydrogenolysis,[74,155] hydrogenation,[74,186,187] dehydration,[55] and 

isomerization[66,77] reactions. Temperature programmed desorption (TPD) and probe 

reaction studies demonstrate the presence of acidic, basic, and metallic sites on self-

supporting Mo2C catalysts.[55,79] Atmospheric pressure hydrodeoxygenation of anisole 

leads to in-situ oxidation of molybdenum carbide as evinced through transient kinetic 

studies and temperature-programmed surface reaction (TPSR) with hydrogen.[38] The 

highly oxophilic nature of metal carbides and the inevitable structural evolution during 

hydrodeoxygenation reaction necessitates in-situ characterization of metal carbide 

catalysts for deoxygenation applications. In this report, we use a site-selective titrant, 2,2 

dimethylpropanoic acid (DMPA), for quantification of active sites under reaction 

conditions.[38,143,188]  

In this chapter, we report as-synthesized molybdenum carbide formulations as 

stable and selective catalysts for hydrodeoxygenation of acetic acid at 403 K and ambient 

hydrogen pressure. Mo2C catalysts selectively cleave the C-O bond in acetic acid to form 
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acetaldehyde, which is subsequently hydrogenated to ethanol, without any C-C bond 

cleavage (>98% selectivity to acetaldehyde and ethanol). Ethane selectivity was <1 % 

demonstrating high hydrogen efficiency during catalysis. Rates of acetic acid HDO (1.2 x 

10-9 mol s-1 gcat
-1) were noted to decrease less than 10% over ~48 h time-on-stream after an 

initial deactivation period, which was attributed to the accumulation of oxygen and carbon 

as inferred using temperature-programmed surface reaction with hydrogen, consistent with 

prior reports of self-passivation and carbon deposition on metal carbides.[38,39] Space 

time studies were performed to demonstrate that acetic acid HDO proceeds via a sequence 

of deoxygenation-hydrogenation-dehydration-hydrogenation steps and site densities were 

assessed using in-situ 2,2-dimethylpropanoic acid (DMPA) chemical titration. Plausible 

reaction schemes involving two distinct sites for hydrogen and acetic acid adsorption are 

proposed based on detailed kinetic measurements performed in this work. The marked 

stability and deoxygenation selectivity and the low reaction temperature and low H2 

pressure employed presents molybdenum carbide as a promising catalyst for catalytic 

deoxygenation, particularly of bio-oil derived carboxylic acids. 

4.3 Materials and Methods 

4.3.1 Catalyst synthesis 

Molybdenum carbide (Mo2C) catalysts were prepared by a temperature-

programmed carburization method reported previously.[34,35,37,41] Briefly, 0.14 – 1.15 

g of the precursor, ammonium molybdate tetrahydrate (AMT, (NH4)6Mo7O24·4H2O sieved, 

177 − 400 μm, Sigma, 99.98%) was loaded into a tubular quartz reactor with a 

thermocouple attached to the reactor outer surface (I.D. 4 mm) and purged in a flow of CH4 

(Matheson, 99.97%)/H2 (Minneapolis Oxygen, 99.999%) (16/84 vol %, total flow rate 
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∼2.97 cm3 s−1) for ~10 min at room temperature (RT) and then heated in a single-zone split 

tube furnace (Series 3210, Applied Test System) with a typical temperature protocol as 

follows. The reactor was heated from RT to ∼623 K in 1.5 h, and then held for 5 h. 

Subsequently, the reactor was heated to ∼873 K in 1.5 h and held at the final temperature 

for 3 h prior to being cooled to the reaction temperature (403 K) or RT in the same CH4/H2 

gas mixture flow, to begin reaction or passivation, respectively. 

The passivated samples for ex-situ characterization were prepared according to the 

temperature protocol described above. The catalyst was cooled from ~873 K to RT in 

CH4/H2 flow. The Mo2C catalyst was then treated in a flow of 1% O2/He mixture 

(Matheson, Certified Standard Purity) at ∼1.67 cm3 s−1 for 20 – 30 min to passivate the 

carbidic surface.[37,41] The reactor temperature increased from RT to ∼323 K upon the 

introduction of a 1% O2/He gas mixture due to the pyrophoric/oxophilic nature of as-

synthesized Mo2C catalysts.[20,44] 

4.3.2 Catalyst characterization 

Surface area, porosity, and CO chemisorption capacity of passivated molybdenum 

carbide samples were determined using an ASAP Micromeritics 2020. Prior to N2 

physisorption measurements, samples were degassed to <6 µm Hg and heated to 523 K at 

0.17 K s-1 and held for 2 – 4 h. 

For CO chemisorption measurements, the sample was evacuated at 383 K (∼2 μm 

Hg) for 0.5 h followed by treatment in H2 at 723 K for 2 h, and degassed (∼2 μm Hg) at 

723 K for 2 h. Subsequently, the first CO adsorption isotherm was measured at 323 K. The 
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sample was then degassed (∼2 μm Hg) leading to removal of weakly adsorbed CO, 

followed by a second isotherm measurement. The amount of irreversibly adsorbed CO was 

obtained from the difference between the two isotherms after extrapolation to zero 

pressure.[34,37,41] 

The bulk structure of the passivated molybdenum carbide catalysts was 

characterized using X-ray diffraction (XRD) using a Bruker D8 Discover 2D X-ray 

diffractometer with a 2-D VÅNTEC-500 detector, Co Kα X-ray radiation with a graphite 

monochromator, and a 0.5 mm point collimator. Scans were measured in three 

measurement frames at 30° (2θ), 60° (2θ), and 90° (2θ) at 600 s frame−1 while oscillating 

the sample by 1 mm in both x and y planes. The three 2D scans were converted to 1D 

intensity vs 2θ plots for analysis and the radiation wavelength was recalibrated for Cu Kα 

wavelength (λ = 1.541 Å). 

A PHI 5000 VersaProbe III (ULVAC-PHI, Inc.) equipped with a monochromated 

Al Kα X-ray source was used for X-ray photoelectron spectroscopy (XPS) measurements. 

The base pressure was maintained at 1.0 x 10-8 Torr which changed to 5.0 x 10-7 Torr during 

data collection. An approximate area of 1 mm x 1 mm was illuminated with 200W X-rays. 

The survey spectra were collected using 280 eV pass energy and 1 eV step-1 whereas high-

resolution spectra were collected using 50 eV pass energy and 0.1 eV step-1. Multipak 

software provided with the XPS system was used to calculate the atomic percentages from 

the survey spectrum. All other elements were referenced with respect to the 1s peak of 

adventitious carbon, set at 285.0 eV. Curve fitting was done using a combination of 

Gaussian/Lorentzian functions with the Gaussian percentages being at 80% or higher. The 
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Mo 3d5/2 and 3d3/2 peaks were fixed with a shift of 3.2 eV for Mo6+ and 3.15 eV for both 

Mo4+ and Mo3+. Area ratios of the Mo 3d doublets were optimized so that A5/2/A3/2 ~1.5. 

4.3.3 Vapor phase acetic acid HDO kinetic measurements 

Rates for vapor-phase acetic acid HDO were measured in a tubular quartz reactor 

(I.D. 4 mm) with a thermocouple in contact with the reactor outer surface to monitor 

reaction temperature. Acetic acid (Sigma, 99.99%, Trace metal basis, 0.14 – 6.30 kPa) was 

fed using a syringe pump (KD Scientific, Model 100) and all flow lines were heated to 

temperatures in excess of 373 K via resistive heating to prevent condensation of effluents. 

The composition of the reactor effluent was analyzed using a mass spectrometer (MKS 

Cirrus 200 Quadrupole MS system) and a gas chromatograph (Agilent 6890) equipped with 

a methyl-siloxane capillary column (HP-1, 50 m x 320 µm x 0.52 µm) connected to a flame 

ionization detector (FID). The effluent concentration was quantified using cyclohexane as 

an internal standard. Cyclohexane did not undergo dehydrogenation or C-C bond cleavage 

on Mo2C catalyst at acetic acid HDO reaction conditions reported in this work. Moreover, 

cyclohexane co-feed during acetic acid HDO did not result in any change in product 

distribution (data shown inFigure 4-11). 

Once the reactor was cooled to ~403 K from the final synthesis temperature of 873 

K, the gas stream was switched from the CH4/H2 gas mixture to the reactant mixture (acetic 

acid/H2 = 0.14 – 6.30 kPa/balance, total flow rate ∼1.67 cm3 s−1) to perform vapor phase 

acetic acid hydrodeoxygenation on as-synthesized catalysts without any exposure to 
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oxygen at ambient pressure. The acetic acid conversion and product selectivity are defined 

as follows: 

Acetic acid conversion =
(sum of moles of carbons in products)out

(moles of carbons in acetic acid)in
                       4-1 

Selectivity of product i = 
(moles of product i)out

(sum of moles of products)out

            4-2 

HDO kinetic studies were performed at <10 % acetic acid conversion. Space time 

studies (0.06 – 26 h gcat gacetic acid
-1) were performed by varying the total gas flow rates from 

0.33 to 6.17 cm3 s−1 isobarically at ambient pressure with invariant partial pressures of 1 

kPa of acetic acid, 0.07 kPa of cyclohexane, and balance H2. Proportional variation of all 

liquid and gas flows at constant catalyst loading as well as independent experiments with 

different catalyst loadings (to ensure the catalyst bed was isothermal) from 0.095 to 0.72 g 

were used to achieve the desired variations mentioned above. H2 (11 – 107 kPa at 0.21 kPa 

acetic acid and balance argon, total flow rate ~1.67 cm3 s-1 and catalyst loading = 101 mg) 

and acetic acid (0.14 – 6.30 kPa at 107 kPa H2, total flow rate ~1.67 cm3 s-1 and catalyst 

loading = 63 mg) partial pressures were varied at constant contact time by altering H2, inert 

(Ar), and liquid flow rates. The carbon balance was typically better than 98%, and error 

associated with quantification for acetic acid and its products was ~5% (calculated from 5 

independent measurements of GC response factors). 

4.3.4 In-situ 2,2-dimethylpropanoic acid (DMPA) titrations 

In-situ DMPA titration experiments were performed after steady state acetic acid 

HDO rates were observed. A mixture of liquid DMPA (0.04 – 0.38 kPa) with Ar (∼0.03 

cm3 s−1) as inert carrier gas was co-fed in the reactant stream of acetic acid/H2 with a total 
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flow rate ∼1.67 cm3 s−1. The transient response of Ar and DMPA for each titration 

experiment was monitored using an online mass spectrometer whereas the product 

concentration (used to calculate acetic acid HDO rates) was tracked using a gas 

chromatograph. Argon was used as a tracer to calculate the average residence time of 

DMPA over the catalyst bed, which was used to determine the amount of DMPA adsorbed 

on Mo2C during titration as discussed in Section 4.4.4. The turnover frequency (TOF) for 

acetic acid HDO was calculated assuming that one DMPA molecule titrates one active site. 

Multiple titration experiments at varying DMPA pressures (0.04 – 0.38 kPa) were 

performed to determine the error associated with TOF calculation. 

4.3.5 Temperature-Programmed Surface Reaction (TPSR) with H2 after 

acetic acid HDO 

Temperature-programmed surface reaction with H2 was performed on the Mo2C 

catalyst after acetic acid HDO for ~90 ks on-stream at 403 K and atmospheric pressure to 

quantify the amount of O- and C-adatoms deposited on the catalyst during 

hydrodeoxygenation. The reactor feed was switched from a mixture of acetic 

acid/cyclohexane/H2 to a H2/Ar gas mixture (81.5/18.5 vol %, total flow rate ∼2.6 cm3 s−1) 

at 403 K for ~0.6 ks. Subsequently, the sample was heated from 403 K to 723 K at a ramp 

rate of 0.09 K s-1. The reactor effluent was monitored using a mass spectrometer. 

4.4 Results and Discussion 

4.4.1 Molybdenum carbide catalyst performance for acetic acid HDO 
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Figure 4-1 shows the acetic acid conversion and product selectivity for vapor phase 

acetic acid hydrodeoxygenation on as-synthesized Mo2C at 403 K and ambient pressure. 

Acetic acid conversion on Mo2C catalyst drops by ~40 % over a ~9 hour period initially 

but is stable for >30 hours after the initial deactivation (Figure 4-1 (a)). Acetaldehyde and 

ethanol are observed as the major products, accounting for >98 % of the carbon products 

at ~ 1.4 % acetic acid conversion (Figure 4-1 (b)) at steady state, whereas ethane, ethylene, 

and ethyl acetate are observed as side products with <2% product selectivity. Acetic acid 

reaction studies on Pt catalysts at 423 – 573 K, 0.1 – 0.9 atm hydrogen, and 0.009 – 0.065 

atm acetic acid feed showed decarbonylation (C-C bond cleavage) as the dominant reaction 

pathway.[190] In contrast, we report as-synthesized Mo2C as a selective and stable catalyst 

for deoxygenation of carboxylic acids at 403 K and atmospheric H2 pressure. 
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Figure 4-1(a) Acetic acid conversion and (b) measured product selectivity of 

acetaldehyde and ethanol as a function of time-on-stream at 403 K and 1 atm. Reaction 

conditions: acetic acid/ cyclohexane/ H2 = 1.5 kPa/0.07 kPa/balance, total flow rate  

~1.67 cm3 s-1 and catalyst loading = 88 mg. 
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The initial catalyst deactivation can be attributed to carbon deposition or 

restructuring of the surface that leads to a loss in the accessibility or number of active 

sites,[41] and/or formation of an oxycarbide or sub-surface oxygen by oxygen deposition. 

Acetic acid conversion as well as product selectivity could be fully restored by performing 

a temperature-programmed surface reaction (TPSR) with hydrogen at 723 K on the spent 

catalyst demonstrating that the carbon and oxygen deposited on/in the catalyst during 

reaction can be removed by reaction with hydrogen at high temperature (shown in Figure 

4-2 (a) and (b)). Analysis of the reactor effluent during TPSR with hydrogen showed that 

water and carbon monoxide are the only products observed in the effluent confirming that 

carbon and oxygen are deposited on/in the catalyst during acetic acid HDO (shown in 

Figure 4-2 (c)). Quantification of the amount of oxygen retained in the catalyst 

(considering both H2O and CO) gave O:Mobulk ~ 0.30. Lee et al. [38] demonstrated using 

TPSR with H2 and transient kinetic studies that O:Mobulk ~ 0.04 is deposited on 

molybdenum carbide during anisole hydrodeoxygenation at 423 K. Chen et al.[39] showed 

oxygen deposition from O2, H2O, and CO2 at 333 K resulted in O:Mobulk of 0.05 – 0.23 via 

systematic treatment of as-synthesized Mo2C with oxidants and TPSR studies. Higher 

O*/Mo deposition with acetic acid (O:Mobulk ~ 0.30) at similar oxygenate pressures (0.75 

– 1 kPa) demonstrates that carboxylic acids are more potent oxidants as compared to 

aromatic ethers, H2O (O:Mobulk ~ 0.038), or CO2 (O:Mobulk ~ 0.035) but comparable to O2 

(O:Mobulk ~ 0.23). Liu et al. [173] performed DFT calculations on C-terminated and Mo-

terminated Mo2C to show that a Mo oxycarbide can be formed during water gas shift on 

Mo2C surfaces due to chemisorbed oxygen from water dissociation. Prasomsri et al.[146] 
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concluded that MoO3 can be partially carburized during HDO to generate oxycarbide or 

oxycarbohydride phases as evinced by XPS (observation of Mo5+ species) and XRD 

(observation of oxycarbohydride phase). Shi et al.[174] performed DFT calculations to 

show that O2 adsorbs dissociatively and exothermically on low-index surfaces, including 

pure or oxygen-covered β-Mo2C(100) and β-Mo2C(011) surfaces with strongly negative 

adsorption energies (~ -3 eV at 0 K). Our results in conjunction with these studies 

demonstrate that heteroatom deposition and site density and identity for metal carbide 

catalysts during reactions of oxygen-containing molecules are likely a strong function of 

the reactant used. 
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Figure 4-2 (a) Acetic acid conversion and (b) measured product selectivity of acetaldehyde 

and ethanol as a function of time-on-stream at 403 K and 1 atm. Fresh Mo2C catalyst (black 

data points) and the same catalyst after regeneration (red data points). Reaction conditions: 

acetic acid/ cyclohexane/ H2 = 1 kPa/0.07 kPa/balance, total flow rate  ~1.67 cm3 s-1 and 

catalyst loading = 83 mg. (c) Temperature-programmed surface reaction with H2 (TPSR) 

of the Mo2C catalyst after vapor phase acetic acid HDO for ∼1500 minutes shown in 

Figure 4-2(a) and (b). The catalyst was purged in a flow of H2/Ar (81.5/18.5 vol %, total 

flow rate ∼2.6 cm3 s−1) at ∼403 K for ∼10 minutes; subsequently, the temperature was 

ramped from ∼403 K to ∼723 K with a ramp rate ∼0.09 K s−1. 
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In-situ oxidation of Mo2C by anisole during catalysis has been shown to suppress 

the hydrogenation functionality of the catalyst leading to reduced cyclohexane selectivity 

from anisole HDO and resulting in benzene being the predominant stable aromatic product. 

[38] The stable and selective nature of Mo2C for acetic acid deoxygenation with low 

selectivity for the hydrogenation product, ethane, can similarly be attributed to the 

deposition of O-adatoms by acetic acid. Oyama and co-workers [191] performed TPSR 

with H2 on molybdenum carbides prepared using different carburization conditions to 

identify three types of carbonaceous species, near surface carbide, polymeric, and graphitic 

carbon, on Mo2C, demonstrating the susceptibility of metal carbides for depositing 

carbonaceous species. The amount of carbon evolved during TPSR (based on CO, the only 

carbon containing product observed in the effluent as shown in Figure 4-2 (c)) was 

calculated to be C:Mobulk ~ 0.1 which suggests that carbonaceous species are retained in 

the catalyst during acetic acid HDO. A TPSR with hydrogen at 723 K on as-synthesized 

Mo2C without acetic acid exposure did not yield any carbon containing molecules in the 

effluent, suggesting that the carbon in CO evolved during hydrogen TPSR of Mo2C post-

acetic acid reaction is a result of carbon deposited from acetic acid during deoxygenation. 

Lee et al. [38] reported that C:Mobulk ~ 0.17 eluted from passivated-activated Mo2C 

formulations during TPSR following anisole hydrodeoxygenation at 423 K and 1 atm. Lu 

et al.[42] reported a cumulative accumulation of ~0.1 monolayer of C1 over 54 ks time-on-

stream during anisole hydrodeoxygenation on mesoporous Mo2C at 423 K. These results 

in conjunction with our TPSR experiments demonstrate that carbon deposition on carbide 

catalysts occurs during HDO irrespective of the identity of the oxygenate. Schaidle et 
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al.[160] performed XPS measurements on Mo2C catalysts after exposure to acetic acid and 

hydrogen at 623 K for different periods (5 -120 min) to investigate the deposition of oxygen 

and carbon on the catalyst surface as the reaction progressed. The O/Mosurface atomic ratio 

(~0.80) was observed to be invariant with increasing time of exposure but the C/Mosurface 

ratio was noted to increase from 0.80 at 5 min exposure time to 1.34 at 2 h exposure time 

evincing adventitious carbon deposition from acetic acid. Kinetic measurements reported 

in this study are not corrupted by transients in time and reflect the Mo2C catalyst surface 

functionality after oxygen and carbon accumulation during vapor-phase acetic acid HDO. 

4.4.2 Acetic acid HDO reaction pathways 

Results from contact time variation studies performed for acetic acid 

hydrodeoxygenation are shown in Figure 4-3. A non-zero initial slope of acetaldehyde 

partial pressure with contact time, shown in Figure 4-3 (b), confirms acetaldehyde as a 

primary product. Near-zero initial slopes of product partial pressures with contact time are 

observed for ethanol, ethylene, ethane, and ethyl acetate (the esterification product from 

acetic acid and ethanol), as shown in Figure 4-3 (b) and (c), demonstrating that these are 

either secondary or tertiary products. The rank and stability of each product can be 

identified by the trend of its selectivity as a function of acetic acid conversion (Figure 

4-12).[192–194] Acetaldehyde is identified as a primary unstable product with 

continuously decreasing selectivity from an initial non-zero value, indicating that it is 

formed directly from acetic acid and reacts to generate other products as the reaction 

progresses. Ethanol is seen as a secondary unstable product with selectivity that attains a 

maximum from an initial zero. Ethyl acetate and ethylene appear as secondary stable 
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products in our studies with continuously increasing selectivity from initial zero values, 

suggesting their formation only from other products. We propose a sequential 

deoxygenation-hydrogenation-dehydration-hydrogenation acetic acid HDO reaction 

pathway wherein acetic acid is deoxygenated to form acetaldehyde, followed by 

hydrogenation to form ethanol, which further dehydrates to ethylene and successively 

hydrogenates to ethane as represented in Scheme 4-1. Contact time variation experiments 

were used to show that acetone and propanal deoxygenate via a sequential hydrogenation-

dehydration-hydrogenation pathway on both passivated and activated Mo2C proceeding 

through equilibrated hydrogenation of acetone to isopropanol, dehydration of isopropyl 

alcohol to propylene, and subsequently propene hydrogenation to propane at 369 K and 

483 K implying that pathways involving deoxygenation-hydrogenation reaction sequences 

are typical for atmospheric pressure vapor-phase HDO of molecules containing carbonyl 

groups over Mo2C catalysts.[35,79] A direct C=O hydrogenolysis HDO pathway for 

propanal was proposed over activated Mo2C and WC catalysts by Chen and co-

workers.[154,161] Hydrodeoxygenation of propanal was modeled over clean Mo2C (0001) 

surface using density functional theory (DFT) and temperature-programmed desorption 

(TPD) under ultrahigh-vacuum (UHV) conditions to propose propylene as the primary 

product with CO, CO2, H2O being absent during TPD.[154] Nevertheless, the strong O* 

binding energy (-5.4 – -8.15 eV)[173] on clean Mo2C surfaces and the observed in-situ 

oxidation of Mo2C catalysts suggests that metal carbides during reactions at ambient 

pressure and after O* exposure behave differently from as synthesized carbides studied in 

UHV and using DFT.[35]  
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Scheme 4-1 Proposed acetic acid HDO reaction pathway on Mo2C catalysts 
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Deoxygenation of long chain fatty acids at elevated hydrogen pressures (5 – 50 bar) 

and reaction temperatures (323 – 633 K) in the liquid phase occurs via  a deoxygenation-

hydrogenation-dehydration pathway on metal carbide based catalysts as evidenced by the 

sequential appearance of corresponding aldehydes, alcohols, and 

alkenes.[18,23,199,200,30,32,176,183,195–198] These reports are in line with our 

Figure 4-3  (a) Normalized effluent partial pressures as a function of contact time (0.06 – 

26 h gcat gacetic acid
-1). (b) Normalized effluent partial pressures for major products at short 

contact times (0.06 – 1.73 h gcat gacetic acid
-1). (c) Normalized effluent partial pressures as a 

function of contact time (0.06 – 26 h gcat gacetic acid
-1) for side products in acetic acid HDO. 

Reaction conditions: temperature = 403 K, pressure = 1 atm, acetic acid/ cyclohexane/ H2 

= 1 kPa/0.07 kPa/balance, total flow rate was varied from 0.33 – 6.17 cm3 s-1 and catalyst 

loading was 95 mg and 720 mg in two independent experiments. Acetic acid conversion 

varied from 0.008 % to 46 %. Dashed lines are included as a guide to the eye. 
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proposed deoxygenation-hydrogenation-dehydration-hydrogenation reaction pathway for 

vapor phase acetic acid HDO on as-synthesized molybdenum carbide catalyst at 403 K and 

atmospheric hydrogen pressure suggesting that such pathways are typical for 

hydrodeoxygenation on transition metal carbide catalysts. 

Zero selectivity for ethanol at low acetic acid conversion (Figure 4-12) 

demonstrates the absence of a direct ethanol formation pathway suggesting that the rate of 

acetic acid HDO can be calculated as the sum of the rates of formation of acetaldehyde, 

ethanol, ethylene, and ethane as shown in equation 4-3. 

racetic acid HDO = rfacetaldehyde
+ rfethanol

+ rfethylene
+ rfethane

                                  4-3, 

where, rfi
 = rate of formation of product i 

Schaidle et al.[160] noted absence of oxygenate conversion at temperatures below 

523 K in independent acetic acid and ethanol temperature-programmed reaction (TPRxn) 

experiments on passivated-activated Mo2C at a H2:acetic acid molar ratio of 3.9 

presumably due to the low H2 feed pressure (H2:acetic acid ~110 in this study). Acetic acid 

was observed to form acetaldehyde and ethylene in the temperature range 523 – 673 K via 

hydrogenation-dehydration pathways, whereas decarbonylation and decarboxylation 

products CH4, CO, CO2 were dominant at temperatures ranging from 673 – 773 K. At 

temperatures greater than 823 K, CO and H2, gasification products of acetic acid were 

predominantly formed. All experimental studies reported herein are at reaction conditions 

(403 K and atmospheric H2 pressure) under which deoxygenation of acetic acid to 
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acetaldehyde and ethanol is dominant and C-C bond scission chemistries are almost 

entirely absent. 

The hydrogenation of acetaldehyde to ethanol was always far from equilibrium, 

even at acetic acid conversion exceeding 40%, as confirmed by an assessment of approach 

to equilibrium, ƞ, (1.9 x 10-4 – 0.0265) under all acetic acid contact times studied here (0.2 

– 26 gcat gacetic acid
 -1 h; detailed calculation discussed in Section 4.6.3). Metal carbides are 

known to possess noble-metal-like hydrogenation catalytic functionality.[76,145,201,202] 

Sullivan et al.[35] demonstrated that in-situ oxygen modification of activated Mo2C 

catalysts, via 13.5 kPa O2 co-feed at a reaction temperature of 369 K, decreased the catalyst 

surface area from 68 to 9 m2 g-1 as measured by post-reaction nitrogen adsorption 

measurements, and suppressed C=O hydrogenation of acetone to isopropanol but increased 

acidic dehydration rates by increasing the Brønsted acid site density. Similar effects of 

oxygen-modification have been observed for alkane isomerization over WCx 

catalysts.[88,203] Schaidle et al.[160] also propose that acetaldehyde hydrogenation to 

ethanol during acetic acid reactions on passivated-reduced Mo2C is not thermodynamically 

limited at 573 K. They observe an approach to equilibrium, ƞ, of 0.012 at 573 K. 

Hydrogenation was proposed to be slower than C-O bond cleavage on Mo2C by the authors 

and they ascribed this to the low concentration of H-adsorption sites. Alternatively, this 

observation can be related to the low H2 feed pressure used in their study. The non-

equilibrated hydrogenation of acetaldehyde reported here, in conjunction with in-situ 

oxidation of the catalyst surface discussed in Section 4.4.1, demonstrates that catalyst 
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passivation by molecules/species with faculty for O* deposition comparable to that of 

molecular O2 results in suppressed hydrogenation functionality of metal carbides. 

4.4.3 Acetic acid HDO kinetics and mechanism 

Kinetic measurements were performed under steady state reaction conditions 

(following a ~24 h catalyst deactivation as discussed in Section 4.4.1). Absence of any heat 

or mass transfer limitations was affirmed through calculations (presented in Section 4.6.4). 

Acetic acid HDO was found to be catalytic over molybdenum carbide catalysts as evinced 

by an estimated turnover number of ~7 after 28 h on-stream (using a surface area of 100 

m2 gcat
-1 and a Mo site density of 1 x 1015 sites cm-2). Under differential acetic acid 

conversions (<5%), ethyl acetate selectivity was always <0.2 mole % of the products 

formed and acetic acid HDO rates could be calculated using Equation 4-3 as the sum of 

rates of formation of acetaldehyde, ethanol, ethylene, and ethane. 

Figure 4-4 shows H2, acetic acid, and water partial pressure dependence of acetic 

acid HDO rates over molybdenum carbide catalysts. Acetic acid HDO rates were 

independent of acetic acid partial pressure (0.14 – 6.30 kPa), as shown in Figure 4-4  (a), 

indicating that the catalyst surface is saturated by oxygen-containing species similar to 

earlier reports of anisole, m-cresol, and acetone HDO on molybdenum 

carbide.[34,35,37,41] Schaidle et al.[160] performed DFT studies on Mo-Mo2C(001) and 

C-Mo2C(001) surfaces at varying temperature (523 – 873 K), 10.2 kPa hydrogen pressure, 

and water pressure (0.01 – 10.2 kPa) based on an assessment of phase diagrams using 

thermodynamic considerations relating the chemical potential to temperature and gas phase 



102 

 

composition, to obtain energetically favorable surface oxygen coverage at conditions 

representative for acetic acid HDO in their study. The results demonstrated an oxygen-

saturated surface of molybdenum carbide (0.5 – 1 monolayer oxygen-coverage) attributed 

to the propensity of metal carbides to strongly adsorb the oxygenate-derived H2O during 

acetic acid deoxygenation reaction. DFT studies by Likith et al.[204] for typical water-gas 

shift and steam methane reforming reaction conditions (473 – 923 K and 0.1 – 0.4 bar 

oxygenate partial pressure) on Mo-terminated orthorhombic Mo2C noted that molybdenum 

oxycarbides ((Mo2C)xOy) are formed as stable surface phases at these conditions because 

carbon and oxygen deposition (0 – 1 monolayer) occurs, also suggesting that oxygenate 

coverage is high during reactions of oxygen-containing species on metal carbides.   

A concurrent half-order dependence of acetic acid HDO rates on hydrogen partial 

pressure (11 kPa – 107 kPa) at constant acetic acid pressure (0.21 kPa), shown in Figure 

4-4  (a), suggests dissociative adsorption of H2 on sites distinct from acetic acid adsorption 

sites because if competition between acetic acid and molecular hydrogen existed for same 

site, we would expect inhibition of HDO rates by acetic acid. A two-site model involving 

distinct sites for adsorption of acetic acid and hydrogen is consistent with earlier reports of 

anisole and m-cresol HDO on molybdenum carbide catalysts.[37,40,41] Shi et al.[174,205] 

calculated the reaction energy of surface oxidation of Mo2C(101) and Mo2C(011) surfaces 

by O2 and noted energy differences as large as ~2 eV between Mo2C(101) and Mo2C(011). 

These surfaces differ because C atom incorporation in half of the octahedral interstitial 

sites distorts hexagonal lattice symmetry and the differences in O2 adsorption energy 

between these surfaces suggest that Mo2C surfaces possess a multitude of adsorption-sites. 
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Jiao and co-workers[151,164,165,187,206] performed density functional theory 

calculations on Mo-terminated as well as mixed Mo/C-terminated carbide surfaces to 

reveal that the binding energy of CO on hexagonal Mo2C is lower on the (101) surface 

relative to (201) and (001) surfaces with adsorption energy differences of ~1.05 eV at 

saturation CO coverages. Furthermore, H2 was shown to adsorb dissociatively on on-top, 

bridging, or hollow sites on (001), (101), and (201) surfaces with adsorption energy 

differences as high as ~0.20 eV across surfaces. The preferential adsorption of CO and 

H2 on on-top, bridging, or hollow sites with changing temperature, pressure, gas 

phase composition, and surface coverages is consistent with our results suggesting 

that active centers with varying surface-termination and binding energies exist on β-

Mo2C surfaces which plausibly results in oxygenates adsorbing on sites distinct from 

metal-like H-adsorption sites.  

Acetic acid HDO rates were independent of water partial pressure (0 – 46 Pa, shown 

in Figure 4-4  (b)), relevant to the reaction conditions studied in this work. Moreover, 

acetic acid HDO rates were invariant with acetic acid conversion (0.57 – 8.27%) (Section 

4.6.7) demonstrating that HDO products do not have any measurable kinetic effects on 

acetic acid deoxygenation to acetaldehyde, plausibly due to a higher propensity of acetic 

acid to deposit oxygen as compared to H2O as discussed in Section 4.4.1. These results are 

consistent with absence of product inhibition reported for hydrodeoxygenation of 

anisole[41], m-cresol[39], acetone[35], and isopropanol[143] over molybdenum carbide 

catalyst formulations. The apparent activation energy for acetic acid deoxygenation to 

acetaldehyde was found to be 67.5 ± 1.5 kJ mol-1 as shown in Figure 4-5. 



104 

 

  

  

  

Figure 4-4 (a) Effect of H2 partial pressure (red data points, varied from 11 – 107 kPa 

at 0.21 kPa acetic acid and balance argon, total flow rate ~1.67 cm3 s-1, temperature = 

403 K and catalyst loading = 101 mg) and acetic acid partial pressure (black data points, 

varied from 0.14 – 6.30 kPa at 107 kPa H2, total flow rate ~1.67 cm3 s-1, temperature = 

403 K and catalyst loading = 63 mg). (b) Effect of water partial pressure (varied from 

0 – 46 Pa at 1 kPa acetic acid and 106 kPa H2, total flow rate  ~1.67 cm3 s-1, temperature 

= 403 K and catalyst loading = 90 mg). Acetic acid conversion was in the range 0.75 – 

4.40 %. Dashed lines are included as a guide to the eye. 
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Figure 4-6(a) shows that the hydrogen order was independent of the acetic acid 

partial pressure (0.1 – 0.96 kPa), in line with the two-site model involving distinct sites for 

hydrogen and acetic acid activation discussed in Section 4.4.3 above. As shown in Figure 

4-6 (b), the apparent activation energy for acetic acid to acetaldehyde conversion was 

invariant with acetic acid partial pressure (0.1 – 0.93 kPa), confirming that the catalyst 

surface is saturated with oxygenate-derived species, even at low concentrations of acetic 

acid, and that the reaction pathways do not change with feed oxygenate concentration. 

  

Figure 4-5 Logarithmic plot of kapp (= acetic acid HDO rate/PH2

0.5) vs inverse temperature. 

Reaction conditions: temperature varied from 373 – 433 K at acetic acid/ cyclohexane/ H2 

= 0.2 kPa/0.32 kPa/balance, total flow rate ~1.67 cm3 s-1 and catalyst loading = 88 mg. 

Acetic acid conversion in the range 1.1 – 4.5 %. 
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Figure 4-6  (a) Effect of H2 partial pressure (red data points, varied from 11 – 107 kPa 

at 0.21 kPa acetic acid and balance argon, total flow rate ~1.67 cm3 s-1, temperature = 

403 K and catalyst loading = 101 mg) and acetic acid partial pressure (black data 

points, varied from 0.14 – 6.30 kPa at 107 kPa H2, total flow rate ~1.67 cm3 s-1, 

temperature = 403 K and catalyst loading = 63 mg). (b) Effect of water partial pressure 

(varied from 0 – 46 Pa at 1 kPa acetic acid and 106 kPa H2, total flow rate  ~1.67 cm3 

s-1, temperature = 403 K and catalyst loading = 90 mg). Acetic acid conversion was in 

the range 0.75 – 4.40 %. Dashed lines are included as a guide to the eye. 



107 

 

We propose two plausible reaction schemes for acetic acid deoxygenation to 

acetaldehyde (Scheme 4-2) consistent with the observed rate dependence of ~0.5 order in 

hydrogen, zero order in acetic acid, and absence of product inhibition. In Scheme 1, H2 

dissociatively adsorbs on site S1 whereas acetic acid, CH3COOH, adsorbs on site S2. The 

scheme involves formation of an RC(OH)(OH)-S2 intermediate which undergoes C-O 

bond cleavage to form an adsorbed acetaldehyde species. Considering (i) addition of 

dissociated hydrogen to the adsorbed acetic acid intermediate as the rate limiting step, (ii) 

all other steps to be quasi-equilibrated, and (iii) the most abundant reactive intermediate 

(MARI) for S1 to be empty sites and for S2 to be the adsorbed acetic acid intermediate, we 

get a rate equation consistent with the experimental observations (detailed derivation in 

Section 4.6.5.1). Alternatively, in Scheme 2, the oxophilic carbidic surface can strip the 

oxygen from acetic acid and the resulting intermediate (RCO-S2) reacts with dissociated 

hydrogen to form an adsorbed acetaldehyde species. Again, considering (i) the rate 

determining step to be the addition of dissociated hydrogen to the acetic acid derived 

intermediate (RCO-S2), and (ii) empty sites and RCO-S2 are MARI for S1 and S2 

respectively, we can derive a rate equation consistent with the experimental observations 

(detailed steps in Section 4.6.5.2). These proposals are in line with the reaction schemes 

postulated for vapor phase furfural hydrodeoxygenation to 2-methylfuran over Mo2C 

catalysts at 423 K.[40,207] 
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4.4.4 Site density for acetic acid HDO on Mo2C catalysts 

The catalytic site density for acetic acid hydrodeoxygenation on molybdenum 

carbide catalysts was measured using in-situ 2,2-dimethylpropanoic acid (DMPA) 

titrations. Acetic acid HDO rates were allowed to reach steady state before a DMPA-Ar 

mixture was co-fed. Acetic acid HDO rates were found to be suppressed by ~50% in the 

presence of DMPA, but could be fully restored upon the removal of DMPA (Figure 4-7), 

suggesting that DMPA is a reversible titrant. Numerous DMPA titration experiments with 

varying DMPA partial pressures (0.04 – 0.38 kPa) were performed to calculate the acetic 

acid HDO turnover frequency (TOF), defined as the sum of the rates of formation of 

acetaldehyde, ethanol, ethylene, and ethane (Equation 4-3) per time per DMPA titration 

site. 

Scheme 4-2 Proposed reaction schemes for acetic acid deoxygenation to acetaldehyde on 

Mo2C catalysts 
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Figure 4-8 shows the normalized reactor effluent signals acquired using an online 

mass spectrometer, for DMPA and argon during a typical DMPA titration experiment. A 

blank reactor experiment, where a DMPA-Ar (∼1.8 x 10-5 cm3 s−1/∼0.06 cm3 s−1) mixture 

was co-fed into a reactant flow of acetic acid/H2 ∼0.50 kPa/balance (total flow rate ∼1.67 

cm3 s−1) at 403 K and atmospheric pressure, gave a synchronic breakthrough curve for both 

Ar and DMPA mass spectrometer signals as shown in Figure 4-8 (a). In contrast, a DMPA-

Ar co-feed during acetic acid HDO resulted in a delayed breakthrough time for DMPA as 

compared to the inert tracer Ar (shown in Figure 4-8 (b)) and this apparent residence time 

Figure 4-7 Acetic acid HDO rate vs. time-on-stream during the course of in-situ 2,2-

dimethylpropanoic acid (DMPA) titration. The catalyst (∼180 mg) was stabilized for 

∼1450 minutes before in-situ DMPA titration. Shaded areas indicate DMPA/Ar mixtures 

(0.04 – 0.38 kPa DMPA/ 3.70 kPa argon) were co-fed into the reactant feed comprising 

0.50 kPa acetic acid/ balance H2 with a total flow rate ~ 1.67 cm3 s−1 at reaction temperature 

= 403 K under ambient pressure. Acetic acid conversion was 5.8 % at steady state in 

absence of DMPA co-feed. 
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of DMPA in the reactor was attributed to adsorption or reaction of DMPA on the Mo2C 

catalyst surface.  

The number of active catalytic sites occupied by DMPA during titration was 

calculated as the product of the known DMPA flow rate and the DMPA residence time, 

which was obtained using two methods. The DMPA residence time can be estimated as the 

difference in the breakthrough times of DMPA and Ar signals, shown as t1 in Figure 4-8 

(b) and Table 4-1. This calculation assumes that the DMPA reaction contributes negligibly 

to the observed DMPA residence time. As shown in Table 4-1, the amount of DMPA 

converted to its deoxygenated product during the course of titration (calculated as the 

product of titration time, t1 and the DMPA product rate obtained from analysis of gas 

composition) accounted for <3.5% of the total DMPA adsorbed during titration in all the 

titration experiments. Alternatively, the average DMPA residence time can be estimated 

using the area between the Ar and DMPA curves (shown as t2 in Figure 4-8b) and Table 

4-1 after normalizing both signals to their corresponding steady state values.[38] The 

residence times of DMPA obtained from the two methods discussed above were found to 

be typically in good agreement (with <15% difference between the two values), as shown 

in Table 4-1. The titration experiments at low DMPA liquid flow rates (experiments 4, 11, 

and 12 in Table 4-1; 0.009 ‒  0.017 cm3 h-1) had greater disparity between the residence 

times from the two methods due to the instability of liquid feed at extremely low flow rates. 

The turnover frequency (TOF) of acetic acid HDO per DMPA titration site on 

Mo2C can be calculated on the basis of the ratio of the reduction of acetic acid HDO rate 

due to the presence of DMPA (Figure 4-7) and the amount of DMPA adsorbed on the 
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catalyst (as discussed above). This TOF calculation considers (i) one DMPA molecule to 

poison one active site, and (ii) all active sites to be identical. The acetic acid HDO turnover 

frequency (TOF) was found to be 9 ± 1 × 10−4 mol s−1 molDMPA
−1 (Table 4-1). Similar site 

densities have been reported using in-situ CO titration for anisole HDO (TOF ~ 1.1 ± 0.3 

× 10−3 s−1)[38] and m-cresol HDO (TOF ∼ 3.6 ± 0.7 × 10-3 mol molCO
-1 s-1)[39] at 423 K 

over passivated-activated Mo2C catalysts.  
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Table 4-1 Experimental conditions and measured kinetics for in-situ DMPA titration of 

Mo2C catalysts with catalyst loading ∼180 mg for vapor phase acetic acid HDO as shown 

in Figure 4-8 and Figure 4-7.  

Figure 4-8 Normalized Ar (m/z = 40), DMPA (m/z =57) and acetic acid (m/z = 43) mass 

spectrometer signals through (a) a blank reactor and (b) Mo2C catalyst, during the course 

of in-situ DMPA titration. The breakthrough time of DMPA and average residence time of 

DMPA determined by integration of the normalized Ar and DMPA breakthrough curves 

(green shaded area) are represented by t1 and t2. DMPA/Ar was co-fed as a titrant/ inert 

tracer with a flow rate of ∼ 1.8 x 10-5 cm3 s−1/∼0.06 cm3 s−1 into a reactant feed comprising 

acetic acid/H2 ∼0.50 kPa/balance (total flow rate ∼1.67 cm3 s−1) at a reaction temperature 

= 403 K under ambient pressure; Mo2C loading ∼180 mg. Acetic acid HDO rates in the 

presence/absence of DMPA were tracked using GC before 0 s and after 1800 s. 
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Exp

t. 

No. 

DMPA 

pressur

e (kPa) 

t1 (s)a t2 (s)b 

DMPA 

flow rate 

(/ 10-6 mol 

min-1) 

DMPA 

adsorbe

d from 

t1 

(/ 10-5 

moles)c 

DMPA 

adsorbe

d from 

t2 

(/ 10-5 

moles)d 

Acetic 

acid HDO 

rate 

before 

DMPA 

(/ 10-7 mol 

s-1 gcat
-1)e 

Acetic 

acid 

HDO 

rate after 

DMPA 

(/ 10-8 

mol s-1 

gcat
-1)e 

Change 

in Acetic 

acid 

HDO 

rate 

(/ 10-8 

mol s-1 

gcat
-1)e 

Turnover 

frequency 

from t1 

(/ 10-4 mol 

molDMPA
-1 s-

1)f 

Turnover 

frequency 

from t2 

(/ 10-4 mol 

molDMPA
-1 s-

1)g 

DMPA 

product 

rate 

(/ 10-9 

mol s-1 

gcat
-1)h 

DMPA 

produ

ct 

forme

d 

using 

t1 (/ 10-

7 

moles)i 

DMPA 

product 

(% of 

DMPA 

adsorbed)
j 

1 0.09 198 208 3.8 1.2 1.3 1.2 5.9 5.8 8.4 8.0 7.1 2.5 2.02 

2 0.07 238 230 2.6 1.0 1.0 1.2 5.8 5.9 10.2 10.5 5.6 2.4 2.29 

3 0.12 140 176 4.9 1.1 1.4 1.1 5.2 5.8 9.1 7.3 6.9 1.7 1.52 

4 0.04 345 550 1.5 0.9 1.4 1.1 6.1 5.0 10.4 6.5 4.8 3.0 3.43 

5 0.24 86 82 9.5 1.4 1.3 1.1 4.6 6.1 8.0 8.5 7.7 1.2 0.88 

6 0.16 119 123 6.4 1.3 1.3 1.1 4.8 6.3 9.0 8.7 7.2 1.5 1.21 

7 0.38 51 51 15.1 1.3 1.3 1.1 4.0 6.5 9.1 9.2 9.0 0.8 0.65 

8 0.09 137 149 3.8 0.9 0.9 0.9 4.9 4.6 9.6 8.8 6.0 1.5 1.73 

9 0.04 245 271 1.5 0.6 0.7 1.0 6.3 3.4 9.9 8.9 4.8 2.1 3.41 

10 0.24 86 80 9.5 1.4 1.3 1.0 4.4 5.8 7.7 8.3 0.1 0.0 0.01 

11 0.07 254 433 2.8 1.2 2.0 1.2 5.9 5.7 8.7 5.1 4.4 2.0 1.70 

12 0.07 224 353 2.8 1.1 1.7 1.1 5.7 5.2 9.0 6.3 4.3 1.7 1.66 
a the DMPA breakthrough time in seconds (t1 as shown in Figure 4-8(b)). b the average residence time of DMPA obtained by integrating the area between normalized Ar and 

DMPA signals as shown in Figure 4-8(b). c obtained by multiplying DMPA molar flow rate by DMPA breakthrough time, t1. 
d obtained by multiplying DMPA molar flow rate 

by average DMPA residence time, t2. 
e Reaction conditions: acetic acid/H2 ∼0.51 kPa/balance with total flow rate ∼1.67 cm3 s−1 at reaction temperature = 403 K under ambient 

pressure, acetic acid conversion (at steady state in the absence of DMPA) during the course of titration were 5.85 %. f obtained by ((acetic acid HDO rates without DMPA) − 

(acetic acid HDO rates with DMPA))/(apparent amount of DMPA adsorbed on the catalysts during DMPA titration from breakthrough time t1). 
g obtained using the average 

DMPA residence time t2. 
h obtained during DMPA co-feed from GC data. i obtained by multiplying DMPA product rate by DMPA breakthrough time t1. 

j obtained by ((DMPA 

product formed using t1)x100/(DMPA adsorbed from t1)). 
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 The acetic acid HDO TOF values were found to be nearly invariant with DMPA 

partial pressure (0.04 – 0.4 kPa; Figure 4-9 and Figure 4-13, using breakthrough time t1 

and average residence time t2, respectively) demonstrating (i) the absence of DMPA mass 

transfer limitations during in-situ titration, (ii) a negligible effect of DMPA deoxygenation 

on the TOF calculation, and (iii) little or no diversity in the active sites titrated by DMPA 

under reaction conditions used in this work. 

Figure 4-9 Turnover frequency (TOF) of acetic acid HDO, determined by in-situ DMPA 

titration, as a function of DMPA pressure (varied from 0.04 – 0.38 kPa). Reaction 

conditions: temperature = 403 K under ambient pressure; feed composition: acetic acid/H2 

= 0.51 kPa/balance; Mo2C loading ∼180 mg. The amount of DMPA adsorbed was 

calculated using the breakthrough time, t1, as shown in Figure 4-8((b). Acetic acid 

conversion ranged from ~ 5.0 – 7.0 % at steady state in absence of DMPA co-feed. 
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4.4.5 Catalyst synthesis and characterization 

The molybdenum carbide catalyst was synthesized using procedures described in 

Section 4.3.1. X-ray diffraction patterns of passivated catalyst samples before and after 

acetic acid HDO reaction are shown in Figure 4-10 (a). Catalyst samples both before and 

after the reaction exhibit primarily the orthorhombic β-Mo2C phase with a small fraction 

of metastable FCC α-Mo2C phase as shown in Figure 4-10 (a). Absence of any peaks 

assigned to the molybdenum oxide crystalline phases suggests that bulk carburization was 

achieved. Absence of bulk MoO2 (2θ = 25o)[143], MoO3 (2θ = 26o)[143], or MoOxCy (2θ 

= 43o and 15o) [77] phases, even after exposure to atmosphere before XRD measurements, 

indicates that passivation and acetic acid HDO does not change the bulk structure of Mo2C 

crystallites. 

XPS analysis of the passivated molybdenum carbide sample before reaction 

(Figure 4-10 (b)) shows that the surface state comprises of 14.8% Mo6+, 14.8% Mo5+, 26% 

Mo4+, and 44.3% Mo3+, with Mo 3d5/2 peaks centered at 232.6, 230.8, 229.6, and 228.9 eV, 

respectively. Similar XPS analysis of the catalyst sample post acetic acid HDO reaction 

(Figure 4-10 (c)) showed that the surface comprised of 8.3% Mo6+, 7.3% Mo5+, 23.5% 

Mo4+, and 61% Mo3+, with Mo 3d5/2 peaks centered at 232.2, 230.7, 229.4, and 228.7 eV, 

respectively. C 1s and O 1s spectra are provided in Section 4.6.8. Handbook of X-ray 

Photoelectron Spectroscopy[208] was used for standard binding energies of Mo6+, Mo4+ 

and Mo5+ assigned at 232.6 eV, 229.2 eV and 231 eV respectively. 228.9 eV was assigned 

to Mo3+ based on reports by Choi et al.[209] and Sullivan et al.[143]. Román-Leshkov and 

co-workers[146,147] performed XPS studies on spent MoO3 after hydrodeoxygenation of 
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m-cresol at 573 – 673 K to track the changes in molybdenum oxidation states with 

increasing reaction temperature. Mo5+ (Mo 3d5/2 peak at 230.8 eV assigned to an 

oxycarbide phase[210]) accounted for 54 % to 31 % molybdenum on spent MoO3 

demonstrating formation of an oxycarbide during reaction. Also, the amount of Mo4+ 

increased with increasing reaction temperature due to the reduction of Mo6+ during 

reaction. Schaidle et al.[160] performed XPS measurements on Mo2C catalysts after 

passivation, H2 treatment at 673 K, and acetic acid reaction without exposure to 

atmosphere. Passivated Mo2C (without atmospheric exposure) showed mostly MoO3 

(Mo6+ peak at 232.9 eV) with only 19% Mo2C (Mo2+ peak at 228.4 eV) demonstrating that 

passivation oxidized the near surface region of as-synthesized Mo2C to predominantly an 

oxide.[160] Activation of passivated Mo2C in H2 at 673 K results in ~36% Mo2+ but mostly 

higher oxidation states of Mo (Mo3+ at 231.3 eV, Mo4+ at 229.9 eV and Mo5+ at 228.9 eV) 

assigned to an oxycarbidic phase.[160] O 1s peaks at 532.5 eV (assigned to strongly bound 

O-, OH-, H2O and O=C) and 531.2 eV (oxygen in oxycarbide or oxy-carbohydride phase) 

are also observed in both passivated and reduced Mo2C samples further demonstrating the 

formation of an oxycarbidic phase on oxygen exposure.[160] XPS after exposure to acetic 

acid and hydrogen at 623 K for different periods demonstrated that surface hydroxyls and 

an oxycarbide phase persisted under reaction conditions.[160] The absence of a peak 

assigned to Mo2+ species in our studies can be attributed to exposure of the sample to the 

ambient environment prior to XPS analysis. We hypothesize that the as-synthesized Mo2C 

used in our reaction studies would only consist of the carbidic phase but the possibility of 

catalyst evolution into an oxycarbidic phase with reaction progress cannot be excluded. 
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The presence of highly oxidized Mo 3d5/2 peaks and absence of a peak assigned to Mo2C 

(Mo2+ state) support our TPSR and kinetic study results that (i) oxygen and carbon 

deposition from acetic acid feed takes place on as-synthesized Mo2C catalyst during HDO, 

and (ii) the catalyst surface is saturated with feed oxygenate. The results above demonstrate 

(i) the utility of metal carbides for selective deoxygenation of carboxylic acids, (ii) the 

evolution of the catalyst surface during reaction as evident from post-reaction TPSR studies 

and a comparison reveals acetic acid as a more potent oxidant than H2O, CO2, and anisole 

for as-synthesized Mo2C, and (iii) a half order kinetic dependence of HDO rates on H2 

pressure and zero order dependence in oxygenate pressure on molybdenum carbide similar 

to that observed for aldehydes and aromatic ethers. 
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4.5 Conclusions 

Molybdenum carbide can catalyze acetic acid hydrodeoxygenation via a sequential 

deoxygenation-hydrogenation-dehydration-hydrogenation pathway as evidenced by 

contact time studies. Initial catalyst deactivation is observed for ~24 hours due to 

accumulation of O:Mobulk ~ 0.3 and C:Mobulk ~ 0.1 of oxygen and carbon, respectively, 

from the oxygenate reactant, before steady state conversion and rates are achieved. Acetic 

acid deoxygenation to acetaldehyde occurs through a two-site mechanism involving 

distinct sites for hydrogen and acetic acid activation. The products of acetic acid HDO 

showed no measureable kinetic inhibition effects on HDO rates. Acetic acid HDO does not 

change the bulk structure of the molybdenum carbide but the presence of an oxycarbidic 

or oxidic phase on the catalyst surface cannot be ruled out. The acetic acid HDO TOF 

Figure 4-10 (a) X-ray diffraction patterns of Mo2C catalysts before and after acetic acid HDO 

reaction (30 h time- on-stream), including reference diffraction patterns for FCC α-Mo2C 

(JCPDS PDF # 00-015-0457) and orthorhombic β-Mo2C (JCPDS PDF # 01-072-1683). (b) X-

ray photoelectron spectrum (XPS) of Mo 3d region of Mo2C catalysts (b) before and (c) after 

acetic acid HDO reaction. 
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estimated by in-situ DMPA titration was found to be 9 ± 1 × 10−4 mol s−1 molDMPA
−1 with 

an assumption that one DMPA molecule titrates one active site for acetic acid 

deoxygenation to acetaldehyde. 
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4.6 Supplementary Information 

4.6.1 Cyclohexane co-feed for acetic acid HDO on molybdenum carbide 

catalyst 

GC areas of acetic acid HDO products in presence/absence of cyclohexane co-feed 

is shown in Figure 4-11 below. The negligible change in GC areas when comparing data 

recorded with and without cyclohexane in the feed shows that cyclohexane can be used as 

an internal standard for quantification of reactant and product concentrations during acetic 

acid HDO. 

 

  

Figure 4-11 Time on stream evolution of product GC areas of acetic acid HDO in 

presence/absence of cyclohexane co-feed. Reaction conditions: temperature = 403 

K under ambient pressure; feed composition: acetic acid/cyclohexane/H2 = 0.99 

kPa/0.08 kPa/balance; Mo2C loading ∼113 mg. 
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4.6.2 Product rank and stability analysis for acetic acid HDO on 

molybdenum carbide catalyst 

Rank and stability of acetic acid HDO products is analyzed using the selectivity vs. 

conversion plot shown in Figure 4-12. Acetaldehyde is identified as a primary product, 

while ethanol, ethylene, and ethyl acetate are identified as secondary products. 

Furthermore, acetaldehyde and ethanol are unstable products while ethylene and ethyl 

acetate are observed as stable products. 

 

Figure 4-12 Selectivity (on a molar basis) of acetic acid HDO products on as-synthesized 

Mo2C catalyst used in this study with respect to acetic acid conversion. Reaction 

conditions: temperature = 403 K, pressure = 1 atm, acetic acid/ cyclohexane/ H2 = 1 

kPa/0.07 kPa/balance, total flow rate was varied from 0.33  ‒ 6.17 cm3 s-1 and catalyst 

loading was 95 mg and 720 mg in two independent experiments where contact time varied 

from  0.06 ‒ 26 h gcat gacetic acid
-1. 
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4.6.3 Acetaldehyde hydrogenation equilibrium calculations 

Acetaldehyde hydrogenation to form ethanol is represented below:  

 

 

 

The approach to equilibrium can be calculated as follows: 

4-4 

 

where η is the calculated approach to equilibrium, Pethanol, Pacetaldehyde, and PH2 are the reactor 

effluent partial pressures of ethanol, acetaldehyde, and H2 in atm, respectively, and Keq is 

the thermodynamic equilibrium constant of the hydrogenation of acetaldehyde to ethanol. 

The thermodynamic equilibrium constant, Keq (T), of hydrogenation of 

acetaldehyde to ethanol at 403 K is first calculated, in order to determine the approach to 

equilibrium for acetaldehyde to ethanol, using the following expression: 

     Keq (T)= e
-
∆Grxn

RT         4-5 

where, ∆Grxn is the free energy change for the acetaldehyde to ethanol reaction at 403 K, 

calculated as  

∆Grxn = ∆Hrxn - T∆Srxn              4-6 

+ H
2
 

⇋ 

K
eq

 (T) 

η= (
Pethanol

PacetaldehydePH2

)(
1

Keq(T)
) 
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where, ∆Hrxn is the enthalpy change for the acetaldehyde to ethanol reaction at 403 K and 

∆Srxn is the entropy change for the acetaldehyde to ethanol reaction. The relevant 

thermodynamic values calculated at the reaction temperature of 403 K were found to be 

∆Hrxn = -64.09 kJ mol-1, ∆Srxn =-100.27 J mol-1 K-1 and ∆Grxn = -23.68 kJ mol-1.[211] 

Therefore, using equation 4-5, Keq (403 K) = 1173.64.  

Using equation 4-4, we calculate the approach to equilibrium for acetaldehyde 

hydrogenation to ethanol for the space velocity experiments. The approach to equilibrium, 

ƞ, increased from 1.9 x 10-4 to 0.0265 as the contact time increased from 0.2 to 26 h gcat 

gacetic acid
 -1, indicating that the acetaldehyde to ethanol step is not equilibrated at any 

condition employed in this study. Similar calculations for acetic acid and H2 partial 

pressure variation experiments showed that ƞ varied from 8.7 x 10-4 to 1 x 10-4 with changes 

in acetic acid partial pressure (0.14 ‒ 0.97 kPa) and from 2.82 x 10-3 to 8 x 10-5 with changes 

in H2 pressure (11 ‒ 107 kPa). These results show that the second step of acetaldehyde 

hydrogenation to ethanol is always away from equilibrium under all reactions conditions 

examined for acetic acid HDO on Mo2C in this work. 

4.6.4 Heat and mass transfer calculations 

The existence of internal mass transfer limitations was estimated by comparing the 

reaction rate with the diffusion rate following the Weisz-Prater criterion, assuming that the 

concentration of the reactant on the catalyst pellet surface is close to that in the fluid. The 

Weisz-Prater criterion is given as: 
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                                         ƞɸ2 =
 robs Sρ

b
dp

2

4De Cs
                                                   4-7 

where ƞ is the dimensionless effectiveness factor, ɸ is the dimensionless Thiele modulus, 

robs is the observed rate of acetic acid HDO in mol s-1 gcat
-1, S is the surface area of the 

catalyst in m2 kgcat
-1, ρb is the catalyst pellet density in kgcat (m

3
cat)

-1, dp is the catalyst 

crystallite diameter in m, De is the effective diffusivity in m2 s-1 (De = Dεδ/τ, where D is 

the diffusivity of acetic acid in H2 at 403 K via Chapman-Enskog Theory[212], ε is the 

porosity, δ is the constrictivity, and τ is the tortuosity, assumed to be average values of 1.72 

x 10-4, 0.35, 0.8, and 6, respectively), and Cs is the acetic acid concentration on the catalyst 

pellet surface in mol m-3 (assumed to be equal to the acetic acid concentration in the gas 

fluid). Internal mass transfer limitations are negligible when ηϕ2 << 1, which is confirmed 

in our reaction system (Table 4-2). 
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The existence of internal heat transfer limitations can be estimated by calculating 

the average temperature within the catalyst pellet following the Anderson criterion[213] 

which assumes a parabolic temperature profile within the spherical catalyst pellet and a 

Taylor series expansion of the Arrhenius rate expression around Ts, the temperature of the 

catalyst pellet surface.  

4-8 
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2

obs b pave
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( H)r S dT
1

T 60 T

Table 4-2 Tabulation of parameters for the calculation of internal mass transfer limitations 

using the Weisz-Prater criterion for acetic acid HDO on Mo2C at 403 K. 
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where Tave is the average temperature within the catalyst pellet in K, Ts is the temperature 

on the catalyst pellet surface in K (assumed to be equal to the gas phase temperature),  ΔH 

is the reaction enthalpy in J mol-1, and λc is the thermal conductivity of the catalyst particle 

in W m-1 K-1. Calculations from Table 4-3 showed that the average temperature in the 

catalyst particle was very close (Tave/Ts = 1 – 3.32 x 10-15) to the temperature on the catalyst 

surface during acetic acid HDO at 403 K. 

The concentration of acetic acid on the surface of the catalyst particle is 

approximated via Mears’s criteria,[214] which is a mass balance around a spherical catalyst 

particle. 

Table 4-3 Tabulation of parameters for the calculation of internal heat transfer limitation 

using Anderson criterion for acetic acid HDO on Mo2C at 403 K. 
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4-9 

 

 

where Cs is the acetic acid concentration on the catalyst surface in mol m-3, Cb is the acetic 

acid  concentration in the gas fluid in mol m-3, and kg is the external mass transfer 

coefficient in m s-1.  

In a similar manner, the temperature gradient between the catalyst pellet surface 

and the gas fluid can be estimated via an energy balance around the spherical catalyst pellet.  
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where Ts is the temperature of the catalyst pellet surface in K, Tb is the temperature of the 

gas in K, and hg is the heat transfer coefficient between the gas phase and the catalyst pellet 

surface in W m-2 s-1. Calculations from Table 4-4 show that the external concentration and 

temperature gradients were negligible under the reaction conditions used in this work. 
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a: Estimated from Sh (Sherwood number) = kgdp/De = 2.8 from Frossling correlation 
1/2 1/3Sh 2 0.6Re Sc= + with Re (Reynolds number) = Ubdp/νg = 0.24 where Ub = superficial 

gas velocity = 0.134 m s-1 (total volumetric flow rate (1.67 cm3 s-1) divided by reaction 

cross sectional area (0.13 cm2) and void fraction (0.4)), νg = kinematic viscosity of gas = 

1.68 x 10-4 m2 s-1 (estimated as kinematic viscosity of hydrogen at 403 K), and Sc (Schmidt 

number) = νg/De = 20.9. 

b: Estimated from Nu (Nusselt number) = hgdp/λg = 2.03 where λg = thermal conductivity 

of gas = 0.235 W   m-1 K-1 (estimated from value of hydrogen at 403 K) from Ranz-Marshall 

correlation 1/2 1/3Nu 2 0.6Re Pr= + with Re (Reynolds number) = 0.24 and Pr (Prandtl number) 

= 1.13 x 10-3 (estimated as Prandtl number of hydrogen at 403 K). 

The bed-wise heat transfer limitations were checked using the Mears’s criterion 

given as 

    
∆H*R"R0

2

keTw

<
0.4*R*Tw

E [1+
8*𝑟𝑝

R0*(Biot)w
]
         4-11 

Table 4-4 Tabulation of parameters for the calculation of external heat and mass transfer 

limitations using Mears’s criteria for acetic acid HDO on Mo2C at 403 K. 
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where, Tw is the temperature of the reactor wall in K, R” is reaction rate per unit bed volume 

in mol sec-1 m-3, R0 is radius of reactor tube in m, R is ideal gas constant in J mol-1 K-1, ke 

is the thermal conductivity of catalyst particle in W m-1 K-1, E is the Activation energy of 

the acetic acid HDO obtained experimentally, and rp is the average particle radius in m. 

Calculations from Table 4-5 show that the bed-wise heat transfer limitations were 

negligible under the reaction conditions used in this work. 

 

 

Table 4-5 Tabulation of parameters for the calculation of bed-wise heat transfer limitations 

using Mears’s criteria for acetic acid HDO on Mo2C at 403 K. 
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4.6.5 Derivation of rate dependence for acetic acid HDO schemes 

The detailed derivations for the two plausible reaction schemes proposed for acetic 

acid HDO on Mo2C are discussed below. 

4.6.5.1 Scheme 1 

R = CH3 

 

Considering step (3) to be the rate limiting step, the rate of acetaldehyde formation 

can be expressed as 
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rRCHO = k3 [H-S1][RCOOH-S2]*
Z

L1

                                     4-12 

where k3 represents the forward rate constant, z[H–S1]/L1 represents the probability of 

finding adjacent [R-COOH-S2] surface species to [H-S1] species, L1 represents the total 

number of active sites S1, and [R-COOH-S2] and [H-S1] denote surface concentrations of 

dissociated hydrogen on site S1 and acetic acid adsorbed on S2, respectively. Since all the 

other steps are assumed to be in quasi-equilibrium, so  

[H-S1] = √K1 [S1][H2]
0.5

                                                 4-13 

[RCOOH-S2] = K2[RCOOH][S2]                                               4-14 

The site balances for S1 and S2 give 

L1 = [S1] + [H-S1]                                                        4-15 

L2 = [S2] + [RCOOH-S2] + [RC(OH)(OH)-S2] + [RCO-S2] + [H2O-S2] + [RCHO-S2]       

4-16 

Assuming that the most abundant reactive intermediate (MARI) for site 1 (S1) is empty 

sites and the coverage of the adsorbed acetic acid intermediate, R-COOH-S2, is much 

higher than that for other species adsorbed on S2 sites, 

L1 ≈ [S1]                                                                     4-17 

L2 ≈ [RCOOH-S2]                                                            4-18 

Therefore, from equations 4-14 and 4-18,  

[S2] = 
L2

K2[RCOOH]
                                                         4-19 

Substituting the expression of [R-COOH-S2], [H-S1], [S1] and [S2] derived above, the rate 

dependence for acetaldehyde formation with half order in H2 and zero order in acetic acid 

can be obtained by combining equations 4-12, 4-13, 4-17, and 4-18, to get: 
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r
RCHO

 = k3√K1 
L1[H2]

0.5
 L2  

* 
Z

L1
                                          4-20 

r
RCHO

 = k3√K1 z L2 
[H2]

0.5
[RCOOH]

0
                                   4-21 

4.6.5.2 Scheme 2 

R = CH3 

 

Considering step (4) to be the rate limiting step, the rate of acetaldehyde formation 

can be expressed as 
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r
RCHO

 = k4 [H-S1][RCO-S2]*
Z

L1
                                       4-22 

where k4 represents the forward rate constant, z[H–S1]/L1 represents the probability of 

finding adjacent [R-CO-S2] surface species to [H-S1] species, L1 represents the total 

number of active sites S1, and [R-CO-S2] and [H-S1] denote surface concentrations of 

dissociated hydrogen on site S1 and acetic acid adsorbed on S2, respectively. Since all the 

other steps are assumed to be in quasi-equilibrium, so  

[H-S1] = √K1 [S1][H2]
0.5

                                               4-23 

Step (3), (6) and (7) give, 

[RCOOH-S2] = K2 
[RCOOH][S2]                                      4-24 

[RCO-S2] = 
K3K2

 
[RCOOH][S2]

2

[HO-S2]
                                            4-25  

[HO-S2] = 
[H2O-S2][S1]

K6
 
[H-S1]

      4-26  

[H2O-S2] = 
[H2O][S2]

K7
         4-27  

Combining equations 4-27, 4-26, and 4-23 gives, 

[HO-S2] = 
[H2O][S2][S1]

K7K6√K1 [S1][H2]0.5                                                4-28 

Combining equations 4-28 and 4-25 gives, 

[RCO-S2] = 
K3K2[RCOOH][S2]

2
K7K6√K1 [S1][H2]

0.5

[H2O][S2][S1]
                                        4-29 

Combining equations 4-22, 4-23and 4-29 gives,  

r
RCHO

 = 
k4√K1 [S1][H2]0.5K3K2[RCOOH][S2]2K7K6√K1 [S1][H2]0.5

[H2O][S2][S1]
*

Z

L1
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or, 

r
RCHO

 = 
k4K1K3K2K7K6[RCOOH][K2][S1][S2] 

[H2O]
*

Z

L1
                                          4-30 

The site balances for S1 and S2 give, 

L1 = [S1] + [H-S1]                                                     4-31 

L2 = [S2] + [RCOOH-S2] + [RCO-S2] + [HO-S2] + [RCHO-S2] + [H2O-S2]        4-32 

Assuming that the most abundant reactive intermediate (MARI) for site 1 (S1) is 

empty sites and the coverage of the adsorbed acetic acid intermediate, R-CO-S2, is much 

higher than that for the other species adsorbed on S2 sites, 

L1 ≈ [S1]                                                             4-33 

L2 ≈ [RCO-S2]                                                        4-34 

Therefore, from equation 4-29 and equation 4-34,  

[S2] = 
L2[H2O]

K3K2K7K6√K1[RCOOH][H2]
0.5                                           4-35 

Substituting the expression of [R-CO-S2], [H-S1], [S1] and [S2] derived above, the rate 

dependence for acetaldehyde formation with half order in H2 and zero order in acetic acid 

can be obtained by combining equations 4-30, 4-33, and 4-35, to get: 

 

r
RCHO

 = k4√K1 
L1[H2]

0.5
 L2 * 

Z

L1
     4-36                                        

r
RCHO

 = k4√K1 z L2[H2]
0.5

[RCOOH]
0
     4-37                                
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4.6.6 Site requirements for acetic acid HDO on Mo2C catalysts 

Acetic acid HDO turnover frequency variation with DMPA co-feed partial pressure 

where the amount of DMPA adsorbed is calculated using the average residence time, t2, 

shown in Figure 4-8 in the main text. 

 

Figure 4-13 Turnover frequency (TOF) of acetic acid HDO, determined by in-situ DMPA 

titration, as a function of DMPA pressure (varied 0.04 ‒ 0.38 kPa). Reaction conditions: 

temperature = 403 K under ambient pressure; feed composition: acetic acid/H2 = 0.51 

kPa/balance; Mo2C loading ∼180 mg. The amount of DMPA adsorbed was calculated 

using the average residence time, t2, as shown in Figure 4-8 (b). Acetic acid conversion 

was always 5.0 ‒ 7.0 % at steady state in absence of DMPA co-feed. 
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4.6.7 Acetic acid HDO kinetics 

Acetic acid HDO rate variation with acetic acid conversion (<10%) as obtained by 

varying catalyst mass and total flow rate in two independent experiments. Acetic acid HDO 

rates were found to be invariant with acetic acid conversion demonstrating that HDO 

products do not have any measurable kinetic effects on acetic acid deoxygenation to 

acetaldehyde under the reaction conditions reported in this work. 

 

Figure 4-14 Acetic acid HDO rate as a function of acetic acid conversion. A range of 

acetic acid conversion was achieved by adjusting the catalyst mass (95 mg and 720 mg in 

two independent experiments) and total flow rate (3.37 – 6.17 cm3 s-1) at temperature = 

403 K, pressure = 1 atm, acetic acid/ cyclohexane/ H2 = 1 kPa/0.07 kPa/balance. Dashed 

line is included as a guide to the eye. 
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4.6.8 X-ray photoelectron spectroscopy of Mo2C catalysts 

C 1s and O1s of Mo2C catalysts before and after the acetic acid HDO reaction are 

shown below. 
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4.6.9 Measurement of temperature in the catalyst bed 

We measured the temperature of the catalyst bed using a K-type thermocouple 

inserted into a concentric thermal well giving a value of 471 ± 1 K. Separately, a 

Figure 4-16 X-ray photoelectron spectrum (XPS) of (a) C 1s and (b) O 1s regions of 

Mo2C catalysts before acetic acid HDO reaction. 

Figure 4-15 X-ray photoelectron spectrum (XPS) of (a) C 1s and (b) O 1s regions of 

Mo2C catalysts after acetic acid HDO reaction for 30 h time-on-stream. 
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thermocouple attached to the outside wall of the quartz reactor (~ 7 mm ID) gave a 

temperature reading of 473 ± 1 K. The observations from this experiment are shown in 

Figure 4-19 below. 

4.6.10 Change in product selectivity during DMPA titrations 

In this section, we discuss the change in acetic acid conversion and product molar 

selectivity during DMPA titration. The rate of acetic acid HDO and the selectivity for acetic 

acid HDO during DMPA titration is shown in Figure 4-18. During DMPA titrations, 

Figure 4-17 Temperature measurement during acetic acid HDO using a concentric 

thermal well for the catalyst bed and a thermocouple attached to the outside wall of 

the quartz reactor. Reaction conditions: 1 kPa acetic acid and 106 kPa H2, total flow 

rate ~1.67 cm3 s-1, and catalyst loading = 150 mg. 
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acetaldehyde selectivity increases at the expense of ethanol selectivity and is accompanied 

by a decrease in acetic acid conversion as expected. In order to determine if this change in 

product selectivity is solely due to changing acetic acid conversion (sequential reaction 

pathway proposed in Section 4.4.2), we fit a fourth order polynomial to acetaldehyde and 

ethanol selectivity under differential conversions (<10% acetic acid conversion) as shown 

in Figure 4-19. Using these polynomial fits, we estimated acetaldehyde and ethanol 

selectivity during DMPA titration experiments (using conversion data shown in Figure 

4-18 (a)) as shown in Figure 4-20. Though our estimates are within ~1% of acetaldehyde 

and ethanol selectivity at steady state acetic acid conversion (before time-on-stream ~1380 

min in Figure 4-20), these models under predict the selectivity changes on DMPA co-feed. 

These results indicate that the change in acetaldehyde and ethanol selectivity we observe 

during DMPA titrations (Figure 4-18 (b)) are not solely due to a change in acetic acid 

conversion (Figure 4-18 (a)). 

Results in this work as well as those reported by Chen et al.[39] demonstrate that 

the O* concentration of metal carbides – a strong function of the oxygenate reactant – 

impacts site identity and site density of hydrodeoxygenation pathways. In a purely series 

reaction network, we can predictably model the changes in product selectivity with reactant 

conversion but the evolution in oxygen content and consequently, site identity and density 

in our reaction studies make the same extremely challenging. Hence, it is not prudent to 

make any claims about the identity of the DMPA titrated sites for acetic acid HDO on 

molybdenum carbide catalysts. 
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Figure 4-18 (a). Acetic acid conversion and (b) acetaldehyde and ethanol molar selectivity 

as a function of time-on-stream during the course of in-situ 2,2-dimethylpropanoic acid 

(DMPA) titration. The catalyst (∼180 mg) was stabilized for ∼1450 minutes before in-situ 

DMPA titration. Shaded areas indicate DMPA/Ar mixtures (0.04 – 0.38 kPa DMPA/ 3.70 

kPa argon) were co-fed into the reactant feed comprising 0.50 kPa acetic acid/ balance H2 

with a total flow rate ~ 1.67 cm3 s−1 at reaction temperature = 403 K under ambient pressure. 
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Figure 4-19 Selectivity (on a molar basis) of acetaldehyde and ethanol during acetic acid 

HDO on as-synthesized Mo2C catalyst as a function acetic acid conversion. Reaction 

conditions: temperature = 403 K, pressure = 1 atm, acetic acid/ cyclohexane/ H2 = 1 

kPa/0.07 kPa/balance, total flow rate was varied from 1.12 ‒ 6.17 cm3 s-1 and catalyst 

loading was 95 mg and 720 mg in two independent experiments where contact time varied 

from 0.06 ‒ 1.74 h gcat gacetic acid
-1. Symbols are experimental data while dash lines are fourth 

order polynomial fits. 
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Figure 4-20 Acetaldehyde and ethanol molar selectivity as a function of time-on-stream 

during the course of in-situ 2,2-dimethylpropanoic acid (DMPA) titration. The catalyst 

(∼180 mg) was stabilized for ∼1450 minutes before in-situ DMPA titration. Shaded areas 

indicate DMPA/Ar mixtures (0.04 – 0.38 kPa DMPA/ 3.70 kPa argon) were co-fed into 

the reactant feed comprising 0.50 kPa acetic acid/ balance H2 with a total flow rate ~ 1.67 

cm3 s−1 at reaction temperature = 403 K under ambient pressure. Closed symbols are 

experimental data whereas open symbols are estimates from the fourth order polynomial 

fits shown in Figure 4-19. 
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 Absorptive hydrogen scavenging for enhanced 

aromatics yield during non-oxidative methane 

dehydroaromatization on Mo/H-ZSM-5 catalysts 

The results presented in this chapter were published in Anurag Kumar, Kepeng Song, 

Lingmei Liu, Yu Han, and Aditya Bhan, Absorptive Hydrogen Scavenging for Enhanced 

Aromatics Yield During Non-oxidative Methane Dehydroaromatization on Mo/HZSM- 5 

Catalysts, Angewandte Chemie, 2018, 130, 15803 –15808. 

5.1 Conspectus 

Chemical transient studies and Raman spectroscopy evince formation of (Mo2O5)
2+ 

dimers on air treatment of MoO3/H-ZSM-5 physical mixtures at 973 K and removal of 2.44 

± 0.1 O:Mo during initial CH4 reactions with MoOx precursors in a stoichiometric reaction 

that leads to MoCx moieties. The resulting MoCx/H-ZSM-5 formulation exhibits a steady-

state forward benzene synthesis rate of (5.05 ± 0.09) x 10-4 mol molMo
-1 s-1 during methane 

dehydroaromatization at 973 K.  Addition of Zr metal particles to MoCx/ZSM-5 in 

interpellet mixtures resulted in a 2.7x increase in methane converted and a concurrent 1.4, 

2.1, 2.6, and 5.6-fold increase in benzene, naphthalene, toluene, and C10
+ yields, 

respectively, in reference to a conventional MoCx/ZSM-5 catalyst at equivalent time-on-

stream (8.7 ks). The maximum methane conversion on these interpellet mixtures exceeded 

~27% demonstrating that equilibrium limitations encountered in methane 

dehydroaromatization on MoCx/ZSM-5 are circumvented by addition of Zr as a hydrogen 

absorbent.  Subsequent thermal treatment of the catalyst in helium flow at 973 K resulted 

in desorption of absorbed hydrogen and in regeneration of the Zr absorbent leading to 
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partial regeneration of the polyfunctional catalyst formulation yielding above equilibrium 

methane conversions. Hydrogen uptake experiments on Zr metal at 973 K demonstrated 

that zirconium metal forms ZrH1.75 on hydrogen exposure (3.28 – 95.13 kPa) as reconciled 

by X-ray diffraction. 

5.2 Background 

Dehydroaromatization (DHA) provides an attractive thermochemical route for 

methane valorization in reference to indirect and oxidative routes that bring forth 

significant kinetic challenges in conferring high selectivity.[215,216] The non-oxidative 

conversion of CH4 by pyrolysis reactions to produce aromatics occurs with near 

equilibrium yield on carbidic forms of Mo and W and on metallic Re clusters encapsulated 

in zeolites at temperatures ~950 K.[100,101,104–110] The dehydroaromatization of 

methane to benzene (with ~70% selectivity on a carbon basis) at these temperatures is 

restricted by equilibrium considerations (6CH4 ↔ C6H6 + 9H2) to ~10% single pass 

conversion with metal carbide clusters providing catalytic surfaces required for C-H bond 

activation and Brønsted acid sites on the zeolite catalyzing carbon chain growth reactions. 

The net rate of C2
+ hydrocarbons formation decreases with decreasing space velocity and 

increasing conversion necessitated by the approach to equilibrium, however, forward rates 

of hydrocarbon and benzene synthesis as well as selectivity to benzene are noted to be 

invariant. [105,111–113] The addition of hydrogen to influent mixtures of CH4/Ar also 

results in lower net rates of hydrocarbon synthesis mandated by equilibrium, however, as 

shown by Bedard et al. [111], the forward rates of hydrocarbon and benzene synthesis are 
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unperturbed by the addition of hydrogen demonstrating that hydrogen has no kinetic effect 

on the kinetically-relevant step of methane dehydroaromatization.    

Oxidic precursors of Mo deposited either by aqueous phase impregnation methods 

or vapor phase solid state ion exchange result in formulations that exhibit similar 

characteristics for methane DHA.[105,114–117] Spectroscopic features corresponding to 

bulk MoO3 precursors are noted to disappear upon thermal treatment of MoO3/HZSM-5 

mixtures in air at 973 K and chemical titration and probe molecule spectroscopy studies 

including in-situ FT-IR spectroscopy, differential thermal analysis (DTA), NH3-

temperature-programmed-desorption (TPD), 27Al MAS NMR, and H/D isotopic exchange 

demonstrate that some fraction of Brønsted acid sites in the zeolite are exchanged by MoOx 

species.[10,96,124–126,97,99,118–123] This high temperature (~973 K) surface migration 

of MoOx species is enabled by the lattice mobility within MoO3 which is rendered feasible 

above its Tamman temperature (~ 543 K).[116] A 1:1 Mo/Al stoichiometry as probed via 

water desorption and D2-OH exchange experiments is reported corresponding to exchange 

on Brønsted acid sites.[105,114–117] Iglesia and coworkers [112,115,116,127–129] first 

reported that hexavalent Mo forms dimeric (Mo2O5)
2+ species exchanged with two 

proximate Al centers by noting incomplete exchange of Mo and presence of residual 

protons in these samples, identifying Mo-speciation by X-ray absorption and UV-visible 

near infrared (UV-Vis) spectroscopy, and affirming stoichiometry of Mo2O5 moieties in 

chemical transient studies that noted the elution of ~2.5 O:Mo upon reduction of the MoOx 

species.  
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These oxidic precursors are noted to disappear during an initial induction period 

that results primarily in the evolution of COx and H2O without the concurrent formation of 

hydrocarbons.[111,114,115] X-ray absorption, temperature-programmed-oxidation, 

isotopic exchange, and DME chemical titration studies show that MoCx clusters of 0.6 – 1 

nm size are formed after carburization of (Mo2O5)
2+ dimers in Mo/H-ZSM-5 catalyst and 

a fraction of the Brønsted acid sites, previously exchanged with MoOx dimers, are 

regenerated.[111,113] The resulting MoCx clusters and their involvement in catalytic C-H 

bond activation during methane dehydroaromatization reactions at ~973 K on Mo/H-ZSM-

5 catalysts has been evidenced using X-ray photoelectron, ion sputtering, 95Mo NMR, and 

infrared spectroscopy.[113,126,217,218] Although the stoichiometry and coordination of 

MoCx clusters is still a topic of debate as we discuss below, the proficiency and reduced 

nature of active Mo-centers is no longer debated in the literature.[128,219–223] We refer 

the reader to three noteworthy publications in the recent literature that utilize state-of-the-

art spectroscopic methods to examine the evolution and speciation of MoCx species in 

methane DHA [222,224,225], however, we make no effort to identify the MoCx species in 

this report and instead report in-situ absorptive-hydrogen removal as a strategy to 

overcome thermodynamic limitations that limit single pass conversion in methane DHA. 

Recent reports in patent literature propose that addition of zirconium metal as a hydrogen 

acceptor to MoOx/H-ZSM-5 catalysts in aromatization reaction leads to increased methane 

conversion and aromatic yields.[226] These reports, however, do not arbitrate the effect of 

hydrogen acceptor function precisely as hydrogen/oxygen removal during the 

carburization transient of MoOx conversion to MoCx was not accounted for. 
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In this chapter, we report that addition of Zr to pre-carburized Mo/H-ZSM-5 

formulations (denoted as MoCx/H-ZSM-5 in this work) results in formation of ZrHx species 

during methane dehydroaromatization reactions at 973 K resulting in ~27% maximum 

single-pass methane conversion and an increase in yield of methane-derived hydrocarbon 

products at equivalent time-on-stream because equilibrium limitations are transiently 

circumvented by the hydrogen-absorptive Zr function. Thermal treatment of the Zr + 

MoCx/H-ZSM-5 formulation in helium flow results in regeneration of the Zr-absorbent 

leading to above-equilibrium methane conversions in successive reaction-regeneration 

cycles 

5.3 Materials and Methods 

5.3.1 Catalyst synthesis 

NH4-ZSM-5 (Zeolyst International, Si/Al = 11.5, CBV 2314) was converted to H–

ZSM-5 by treating in dry air (~1.67 cm3 s-1) to thermally decompose  NH4
+ to H+ and 

NH3(g) by increasing the temperature from room temperature to 773 K at ~0.0165 K s-1 

and holding at 773 K for ~36 h. Intimate mixtures containing Mo : Alf  ~0.25 were prepared 

by grinding together MoO3 (Sigma-Aldrich, 99.9%) and H-ZSM-5 powders in an agate 

mortar and pestle for ~0.25 h. The mixture was heated from room temperature to 623 K at 

~0.0167 K s-1 and held at this temperature for 15 h in dry air (~0.67 cm3 s-1) resulting in 

water removal and dispersion of MoO3 on the external surface of the zeolite.[111,116,127] 

Finally, the mixture was heated to 973 K at ~0.167 K s-1 and held at this temperature for 

10 h to facilitate molybdenum oxide migration into the zeolite pores.[111,127] The catalyst 

prepared via the above-mentioned protocol is referred to as Mo/H-ZSM-5 in this work. The 
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Mo/H-ZSM-5 powder was pressed to form pellets that were then crushed and sieved to 

obtain particle sizes between 180 and 425 µm (mesh 40 – 80) for use in catalytic reactions. 

Pure zirconium (Zr) metal was obtained from American Elements (PN# ZR-M-0251M-

GR.1T2MM, 99.5+% purity, metal basis) as granule-shaped particles (1 – 2 mm granule 

size) which were crushed and sieved to obtain particle sizes between 180 and 425 µm (mesh 

40 – 80) for use in the catalytic reactions. 

5.3.2 Catalyst characterization 

The bulk structure of the zirconium (American Elements PN# ZR-M-0251M-

GR.1T2MM, 99.5+% purity, metal basis) and zirconium hydride particles (prepared as 

discussed in Section 5.4.4) was determined by X-ray diffraction (XRD) using a Bruker D8 

Discover 2D X-ray diffractometer with a 2-D VÅNTEC-500 detector, Co Kα X-ray 

radiation with a graphite monochromator, and a 0.8 mm point collimator. Scans were 

measured in three measurement frames at 20° (2θ), 45° (2θ), and 70° (2θ) at 900 s frame−1 

while rotating the sample. Area detector images were finally converted to one-dimensional 

intensity vs. 2θ data sets by using an averaging integration algorithm and the radiation 

wavelength was recalibrated for Cu Kα wavelength (λ = 1.541 Å). 

Raman spectra of three samples – a physical mixture of MoO3 and H-ZSM-5 with 

Mo:Alf ~0.25, Mo/H-ZSM-5 with Mo:Alf ~0.25 (prepared as discussed in Section 5.3.1), 

and H-ZSM-5 air treated at 973 K for 5 h – were collected on a WITec alpha 300R confocal 

Raman microscope (WITec Instrument Corp., Germany) equipped with a frequency 

doubled 532 nm Nd:YAG laser, a 100x Nikon air objective with a numeric aperture of 
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0.90, a UTS300 spectrometer with 1800 groves/mm grating, and a DV401 CCD detector. 

The lateral spatial resolution was ~ 0.5 µm and the data were processed using the WITec 

Project 4.05 software.  

Brønsted acid site density of the H-ZSM-5 sample employed was measured using 

NH3 temperature-programmed-desorption. H-ZSM-5 (∼0.160 g) was treated in flowing 

NH3 (1.67 cm3 s-1, 1.01% NH3 in He, Praxair, certified standard) at 423 K for ~1.5 ks, 

purged in flowing He (Minneapolis Oxygen, 99.997%; 1.67 cm3 s-1) for ~28.8 ks, and 

ramped to 823 K at 0.167 K s-1 in flowing He and Ar (Matheson, UHP/Zero; used as an 

internal standard) while continuously monitoring the effluent via an online mass 

spectrometer (MKS Cirrus, m/z = 16, 17, 18, 40) to quantify desorbed NH3. The H+ site 

density was calculated by assuming unit stoichiometry between H+ and NH3 desorbed from 

423 to 823 K. 

5.3.3 Methane dehydroaromatization catalytic reactions 

Methane dehydroaromatization reactions were performed in a fixed bed tubular quartz 

reactor (I.D. 10mm) with an outer thermowell above the porous quartz frit (for holding the 

catalyst bed stationary) to hold a thermocouple to monitor the reaction temperature. The 

catalyst sample was heated in helium flow (~0.33 cm3 s-1, UHP, Minneapolis Oxygen) from 

room temperature to the reaction temperature, 973 K, at ~0.18 K s-1 in a resistively heated 

furnace (National Element FA120). Axial temperature gradients in the reactor were 

minimized by using an annular inconel cylinder to fill the vacant space in the furnace. A 

feed gas mixture of CH4/Ar (90 vol% CH4 and 10 vol% Ar, total feed flow rate ~0.27 cm3 
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s-1, UHP, Matheson Tri-Gas) was introduced to the reactor to perform methane reactions 

at 973 K and atmospheric pressure, with Ar serving as an internal standard. All flow lines 

were heated to temperatures in excess of ~473 K via resistive heating to prevent 

condensation of effluents. The composition of the reactor effluent was analyzed using a 

mass spectrometer (MKS Cirrus 200 Quadrupole MS system) and a gas chromatograph 

(Agilent 7890) equipped with a methyl-siloxane capillary column (HP-1, 50 m x 320 µm 

x 0.52 µm) connected to a flame ionization detector (FID) for detection of hydrocarbons 

and a GS-GasPro column (60 m x 0.320 mm) connected to a thermal conductivity detector 

(TCD) for detection of permanent gases (H2, Ar, and CH4). Transient product evolution 

throughout the course of the reaction was measured with an online mass spectrometer (MS) 

(MKS Cirrus 200 Quadrupole MS system) connected to the outlet of the GC. The number 

of removed O atoms during carburization of molybdenum oxide was determined by the 

cumulative amount of CO and CO2 eluted as calculated from the transient MS signal with 

Ar as an internal standard.  

The samples designated as MoCx/H-ZSM-5 in this work were prepared by exposing 

the Mo/H-ZSM-5 formulation to a CH4/Ar mixture (90 vol% CH4 and 10 vol% Ar, total 

feed flow rate ~0.27 cm3 s-1) for ~15.5 ks (for catalyst loading ~1.2 g) leading to complete 

carburization of the molybdenum oxide (discussed in detail in section 5.4.1) and 

subsequently, switching the feed to helium (~0.83 cm3 s-1). The sample was flushed in 

helium flow (~0.83 cm3 s-1) at 973 K for ~0.9 ks and then cooled to room temperature in 

the same helium flow. For the formulation designated as Zr + MoCx/H-ZSM-5 in this study, 

the MoCx/H-ZSM-5 sample (~1.2 g) was unloaded from the reactor and mixed with Zr 
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particles (180 – 425 µm, ~2.4 g) in a glove bag (Sigma Aldrich, Z530212, AtmosBag, two-

hand, non-sterile, size M, Zipper-lock closure type) under inert (helium) atmosphere to 

prevent oxidation of the carburized catalyst. This procedure gave interpellet physical 

mixtures of Zr and MoCx/H-ZSM-5. The interpellet mixture was subsequently loaded in 

the same quartz reactor under an inert atmosphere and transferred to the furnace without 

exposing the mixture to ambient conditions. The mixture was heated to the reaction 

temperature, ~973 K, in helium flow (~0.33 cm3 s-1) at ~0.18 K s-1 before performing 

methane dehydroaromatization reactions. 

Experiments to demonstrate in-situ regeneration of the absorbent function involved 

running methane dehydroaromatization on Zr + MoCx/H-ZSM-5 formulations for ~3.6 ks. 

Subsequently, the flow was switched to helium (~0.83 cm3 s-1) for ~ 61.2 – 82.8 ks and 

hydrogen in the reactor effluent was monitored using a mass spectrometer before 

performing methane dehydroaromatization reactions following the procedure described 

above. 

5.3.4 Hydrogen uptake on zirconium 

The hydrogen uptake capacity of Zr was examined by loading ~2.4 g of Zr particles 

(180 – 425 µm) in a tubular quartz reactor (I.D. 10 mm) and heating the sample in helium 

flow (~0.83 cm3 s-1) to ~973 K from ambient temperature at ~0.18 K s-1. Subsequently, the 

flow was switched to a H2/Ar gas mixture (3.28 – 95.13 kPa H2/ balance Ar, total flow rate 

~1.7 cm3 s-1) and the reactor effluent transient was monitored via a mass spectrometer. 

Once the hydrogen (m/z = 2) mass spectrometer signal reached a steady value in ~0.4 – 12 
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ks depending on the feed hydrogen pressure, the feed was switched to helium flow (~0.83 

cm3 s-1). 

5.3.5 Temperature-programmed desorption (TPD) 

Temperature-programmed desorption in helium flow was performed either post 

methane dehydroaromatization on Zr + MoCx/H-ZSM-5 or after hydrogen uptake on Zr 

particles. The feed was switched from a CH4/Ar or a H2/Ar mixture to helium (~0.83 cm3 

s-1) at 973 K. The sample was flushed in helium flow at ~973 K for ~0.9 ks. Subsequently, 

the sample was heated to ~1193 K at ~0.061 K s-1 and held at ~1193 K for 25 – 35 ks in 

helium flow. The reactor effluent was monitored using a mass spectrometer to quantify 

hydrogen and methane removed from the catalyst sample during TPD with helium as an 

internal standard. Finally, the catalyst (Zr + MoCx/H-ZSM-5) was cooled to room 

temperature whereas Zr particles were cooled to ~973 K. Subsequent hydrogen 

uptake/TPD cycles at different hydrogen pressures (3.28 – 95.13 kPa H2/ balance Ar, total 

flow rate ~1.7 cm3 s-1) were performed on a single Zr sample (~2.4 g loading) as discussed 

in Section 5.4.4.1. 

The reactor effluents during methane reaction on Mo/H-ZSM-5, MoCx/H-ZSM-5, 

and Zr + MoCx/H-ZSM-5, hydrogen uptake on Zr metal, temperature-programmed-

desorption on ZrHx and Zr + MoCx/H-ZSM-5, and catalyst regeneration in helium flow at 

973 K were monitored and quantified using an online mass spectrometer (MS) (MKS 

Cirrus 200 Quadrupole MS system) connected to the outlet of the GC. The numerous 

compounds were identified by the corresponding m/z ratio as H2 (m/z = 2), helium (m/z = 
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4), methane (m/z = 16), carbon monoxide (m/z = 28), carbon dioxide (m/z = 44), benzene 

(m/z = 78), naphthalene (m/z = 128), and argon (m/z = 40). Argon was used as the internal 

standard for quantification during methane reactions and hydrogen uptake whereas helium 

was used as internal standard for TPD studies. 

Response factors for each compound with respect to the internal standard were 

obtained by feeding known concentrations of each compound and varying their 

concentration in the range relevant to the reaction conditions. The response factor, the 

internal standard flow rate, and the mass spectrometer signal for a particular compound 

were used to quantify the amount of the compound during the reaction, uptake, and TPD 

experiments. 

5.4 Results and Discussion 

5.4.1 Chemical and structural characterization of Mo/H-ZSM-5 

formulations 

The transient evolution of products during the induction period of methane 

dehydroaromatization (DHA) on Mo/H-ZSM-5 catalyst at 973 K is shown in Figure 5-1. 

CO, CO2, and H2 are observed as the dominant products before the evolution of any 

hydrocarbon products (as shown in Figure 5-1 (a)). The formation of CO2 attained a 

maximum at ~0.2 ks whereas CO and H2 formation rates were maximized at ~0.3 ks, 

concurrent with negligible CO2 formation. Exposure of Mo/H-ZSM-5 to methane removed 

~2.44 ± 0.1 oxygen atoms per Mo during carburization dynamics of ~15.5 ks as assessed 

by measuring the cumulative amount of oxygen-containing products (CO and CO2) in the 

reactor effluent during this time interval. These observations elucidate the stoichiometric 
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reaction of MoOx precursors with methane to form MoCx clusters and are consistent with 

(Mo2O5)
2+ dimers occupying two proximate Al site are formed on air treatment of MoO3 

and H-ZSM-5 physical mixtures at 973 K, consistent with earlier reports.[111–114,227] 

An induction period of ~0.6 ks was observed for the formation of benzene pertaining to the 

time needed for O removal prior to aromatics formation.[130] As shown in Figure 5-1 (a), 

C2Hx (ethane and ethylene) products were formed immediately on exposure of Mo/H-

ZSM-5 to methane at 973 K and the rate gradually increased to a steady state value of ~6 

x 10-5 mol s-1 molMo
-1. In contrast, the primary product of methane DHA, benzene, was 

evolved initially at ~0.6 ks and increased monotonically to a maximum formation rate of ~ 

2.7 x 10-4 mol s-1 molMo
-1 at ~15.5 ks after complete carburization of (Mo2O5)

2+ dimers to 

MoCx. 
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Figure 5-1 Transient product formation rates and methane conversion as a function of 

time-on-stream for Mo/H-ZSM-5 at 973 K, total flow rate ~0.21 cm3 s-1 (90 vol% 

CH4/balance Ar), and catalyst loading ~1.2 g with Mo/Alf ~0.25. (a) Symbols are GC data 

and lines are mass spectrometer (MS) transient data. (b) Symbols are GC data and lines 

are included as a guide to the eye. 
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Figure 5-2 shows the Raman spectra of three samples: a physical mixture of MoO3 

and H-ZSM-5 with Mo:Alf ~0.25, Mo/H-ZSM-5 with Mo:Alf ~0.25, and H-ZSM-5 air 

treated at 973 K for 5 h. The MoO3 and H-ZSM-5 physical mixture (Figure 5-2 (a)) showed 

Raman bands at 820, 996, and 300 cm-1 attributed to the antisymmetric stretching mode of 

Mo–O–Mo, the stretching mode of Mo=O, and the bending mode of Mo=O bonds in bulk 

MoO3 crystallites, respectively.[127,228] Mo/H-ZSM-5 (Figure 5-2 (b)) showed much 

weaker bands at 820 and 996 cm-1 indicating that bulk MoO3 crystallites dispersed during 

thermal treatment at 973 K. Mo/H-ZSM-5 also showed weak bands at 376 and 820 cm-1 

corresponding to framework vibrations as affirmed by the presence of these bands in 

Raman spectra for a H-ZSM-5 sample air treated at 973 K for 5 h (Figure 5-2 (c)). These 

data also suggest that crystallinity of the zeolite framework was preserved during thermal 

treatment of Mo/HZSM-5 formulations. A new band at 970 cm-1 was observed for Mo/H-

ZSM-5 (Figure 5-2 (b)) which was assigned by Li et al.[127] to one of the stretching modes 

of Mo=O bonds in (Mo2O5)
2+ dimers formed within the H-ZSM-5 channels after MoOx 

thermal exchange at 973 K. The appearance of a new 970 cm-1 band and the disappearance 

of bands corresponding to bulk MoO3 in Raman spectra of Mo/H-ZSM-5 are consistent 

with earlier reports by Li et al.[127], further supporting (Mo2O5)
2+ dimer formation in 

Mo/H-ZSM-5. 
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Figure 5-2 Raman spectra of (a) physical mixture of MoO3 and H-ZSM-5 with 

Mo/Alf ~0.25, (b) Mo/H-ZSM-5 with Mo/Alf ~0.25, and (c) H-ZSM-5 treated 

in flowing air at 973 K for 5 h. The lines shown are a guide to the eye for bands 

at 376 cm-1, 820 cm-1, and 970 cm-1. 
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Formation of (Mo2O5)
2+ dimers upon ion exchange of MoO3 with two Al proximate 

centers within H-ZSM-5 channels has been evidenced using X-ray absorption spectroscopy 

and supported by other characterization investigations.[111,112,115,127] Mo/H-ZSM-5 

showed a pre-edge feature in near-edge X-ray absorption spectra similar to MgMo2O7 

which contains ditetrahedral Mo centers and also a post-edge energy (20 keV) absorbance 

similar to MgMo2O7 as opposed to MoO3 which contains distorted octahedral Mo 

centers.[111,112,115] In order for (Mo2O5)
2+ moieties to stabilize, the framework oxygen 

connected to Al atoms should reside within 0.42-0.55 nm of each other. Computational 

studies by Goodman et al.[229] show that the fraction of Al atoms that reside within 0.55 

nm of another framework Al for a Si:Alf ~15 is ~0.42 assuming random Al occupancy of 

T sites in the sample. Kosinov et al.[128] demonstrated that at Mo loadings in excess of 2 

wt% for H-ZSM-5 with Si:Al ~13, irreversible damage to the zeolite framework occurs due 

to MoOx reaction with framework Al leading to aluminum molybdate formation which is 

inactive for methane DHA. An upper limit to Mo loading in H-ZSM-5 catalysts for 

methane DHA applications can be attributed to the unavailability of enough Al pairs to 

accommodate all Mo dimers which leads to the need for migration of Al atoms during 

thermal treatment leading to dealumination. Consequently, we use a Mo:Alf ~0.25 for a H-

ZSM-5 catalyst with Si:Al ~11.5 to ensure the required number of Al atom pairs are 

available for (Mo2O5)
2+ dimer formation and stabilization within zeolite channels. The 

concentration of free Brønsted acid sites in H-ZSM-5 (Si/Al = 11.5) was determined via 

NH3 uptake to be 1.21 x 10-3 mol gcat
-1, which is similar to the concentration of Al in the 

zeolite as calculated from the Si-to-Al ratio (1.33 x 10-3 mol gcat
-1). 
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Figure 5-3 shows the high-angle annular dark-field imaging - scanning transmission 

electron microscope (HAADF-STEM) images of four samples: (i) H-ZSM-5 along [010], 

(ii) Mo/H-ZSM-5 (Mo:Al ~ 0.25) along [010], (iii) MoCx/H-ZSM-5 along [100], and (iv) 

Mo/H-ZSM-5 post CH4 reaction for ~150 ks along [100]. The HAADF-STEM imaging 

and analysis presented here were primarily performed by researchers (Kepeng Song, 

Lingmei Liu) at KAUST. Figure 5-3 (i) shows typical structure of H-ZSM-5 zeolite 

framework whereas Mo/H-ZSM-5 (Figure 5-3 (ii)) demonstrated that crystallinity of the 

zeolite framework was preserved and Mo species dispersed atomically (weak white 

contrast clusters (<1.5 nm) marked by red arrows) during thermal treatment of MoO3 and 

H-ZSM-5 physical mixtures. HAADF-STEM of Mo/H-ZSM-5 after ~15.5 ks CH4 reaction 

(Figure 5-3 (iii)) showed Mo containing particles with sizes >2 nm (blue arrows) and Mo 

containing clusters <1.5 nm where concentration of particles (likely on external  zeolite 

surface) and clusters increases after ~150 ks CH4 reaction (Figure 5-3 (iv)), suggesting the 

change in morphology of some Mo species from atomically dispersed to agglomerates of 

MoCx on CH4 exposure at 973 K.[98] 
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Figure 5-3 HAADF-STEM images of (i) H-ZSM-5 along [010], (ii) Mo/H-ZSM-5 

along [010], (iii) MoCx/H-ZSM-5 along [100], and (iv) Mo/H-ZSM-5 post CH4 reaction 

for ~150 ks along [100]. Reaction conditions: ~0.21 cm3 s-1 (90 vol% CH4), Mo/H-

ZSM-5 ~1.2 g, 973 K. 
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5.4.2 CH4 dehydroaromatization on Mo/H-ZSM-5 and MoCx/H-ZSM-5 

catalysts 

Figure 5-4 shows methane conversion and net product formation rates as a function 

of time-on-stream for Mo/H-ZSM-5 at 973 K. Near equilibrium conversion (~10%) was 

observed after carburization was complete at ~15.5 ks. Methane conversion monotonically 

decreased at long times-on-stream (exceeding ~ 26 ks). C2Hx (ethane and ethylene) was 

formed during the induction period and its formation rate steadily increased with time-on-

stream. Benzene, toluene, and naphthalene were the major aromatic products formed after 

an induction period during methane dehydroaromatization on Mo/H-ZSM-5 at 973 K. 

Benzene and toluene net formation rates increased with time-on-stream to achieve maxima 

of 2.70 x 10-4 mol s-1 molMo
-1 and 1.21 x 10-5 mol s-1 molMo

-1, respectively and subsequently, 

monotonically decreased at longer times-on-stream. These net benzene formation rates are 

similar to those reported by Bedard et al. (1.7 x 10-4 mol s-1 molMo
-1), Hargreaves et al. (1.4 

x 10-4 mol s-1 molMo
-1), Ichikawa et al. (2.9 x 10-4 mol s-1 molMo

-1), Iglesia et al. (4.5 x 10-4 

mol s-1 molMo
-1), and Solymosi et al. (5.0 x 10-4 mol s-1 molMo

-1) for methane DHA on 

Mo/H-ZSM-5 at 950 – 973 K.[100,112,123,230] Naphthalene net formation rates also 

followed a similar trend with rates decreasing at long times-on-stream after reaching a 

maximum of 5.67 x 10-5 mol s-1 molMo
-1.  
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Catalyst deactivation with time-on-stream can be attributed to the continuous 

buildup of coke within the zeolite channels which presumably leads to reduction of 

effective zeolite diameter, thus inhibiting the formation of bulky aromatics like 

naphthalene.[110,111,225,227] DME titrations by Bedard et al.[111] and XPS, ion-

scattering spectroscopy, and FT-IR measurements by Rosynek and co-

workers[110,227,231] demonstrate a reduction in the number of acid sites as well as 

Figure 5-4 Product formation rates and methane conversion as a function of time-on-

stream for Mo/H-ZSM-5 at 973 K, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), 

and catalyst loading ~1.2 g with Mo/Alf ~0.25. The dotted red line indicates the equilibrium 

conversion ~10% for 6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. 
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formation of carbonaceous deposits in zeolite channels at long times-on-stream during 

methane DHA on Mo/H-ZSM-5. We observed benzene and naphthalene selectivity to be 

~67% and ~21% respectively at ~15 ks time-on-stream which are typical for methane DHA 

reactions on Mo/H-ZSM-5.[105,114,115,117] Aromatic selectivity (naphthalene and 

benzene) decreased at longer times-on-stream with a concurrent increase in C2Hx 

selectivity, consistent with deactivation of acidic sites in zeolites by coke deposition which 

limits access to these oligomerization /dehydroaromatization sites.[112,231] 

The induction (carburization) period and the initial increase and subsequent 

reduction in aromatic formation rates with time-on-stream is suggestive of a bifunctional 

catalytic mechanism wherein C-H bonds in CH4 are activated on MoCx clusters formed 

during carburization which also catalyze dehydrogenation to form C2Hx species which 

subsequently undergo oligomerization/hydrogen transfer on residual Brønsted acid sites 

within zeolite channels to form aromatics (benzene and naphthalene). Wang et al.[227] 

have demonstrated that bulk molybdenum carbide catalyzed methane conversion to C2 

products but did not yield any aromatics. Furthermore, Szöke and co-workers[100,232] 

showed that unsupported Mo2C catalyzed ethane dehydrogenation to ethylene but not 

aromatics whereas MoCx/H-ZSM-5 catalyzed ethane conversion to benzene. Formation of 

MoCx species in zeolite micropores and their subsequent function as catalytic centers for 

methane DHA has been established through Raman spectroscopy[116,127], X-ray 

absorption[111,112,115,116], X-ray photoelectron spectroscopy[110,130,217], ion 

sputtering spectroscopy[110,130,217], UV-visible near infrared spectroscopy[128], and 

95Mo nuclear magnetic resonance (NMR)[109,218,233]. Bedard et al.[111] demonstrated, 
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using DME chemical titrations during methane DHA on Mo/H-ZSM-5 at 950 K, that the 

concentration of free Brønsted acid sites increased with carburization time due to MoCx 

cluster formation from (Mo2O5)
2+ species which had exchanged with the Brønsted acid 

sites during Mo/H-ZSM-5 preparation. Subsequently, the number of DME accessible 

protons decreased with time-on-stream which was attributed to adsorption of aromatics 

formed on regenerated acid sites, as suggested by a concurrent increase in benzene 

formation rate. These characterization studies are in line with the bifunctional mechanism 

for methane DHA on Mo/H-ZSM-5 catalyst at 973 K. 

The exact stoichiometry and coordination of MoCx clusters are still debated in the 

literature, with emphasis on the role of Mo speciation on methane DHA reactions, but the 

reduced carbidic nature of active Mo-centers and their proficiency during methane DHA 

reactions is well established.[219,220,223,225,234,235] All rates reported in this work 

were normalized to the total number of Mo atoms to account for all available Mo atoms 

resulting in the lowest possible rate.  

We calculated the forward rate of benzene formation for the stoichiometric reaction 

of CH4 to H2 and C6H6 (equation 5-1) on Mo/H-ZSM-5 at 973 K by analyzing the net rate 

of benzene formation and effluent hydrogen, benzene, and methane pressures in the regime 

(12 – 22 ks time-on-stream) in which net benzene formation rate was invariant. 

CH4    ↔   
1

6
 C

6
H6  +  

3

2
  H2                                                      5-1 

The approach to equilibrium for the reaction in equation 5-1, ƞ, was calculated via 

equation 5-2 using outlet pressures of benzene, hydrogen, and methane and the equilibrium 
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constant determined from thermodynamic values at 973 K (Keq = 0.0302).[236] The 

forward rate of benzene formation (Rfor) is related to the net benzene rate (Rnet) and ƞ as 

shown in equation 5-3. Using the calculated values of Rnet (2.7 x 10-4 mol s-1 molMo
-1) and 

ƞ (~0.5), we obtain the forward rate of benzene formation (Rfor) as (5.05 ± 0.09) x 10-4 mol 

s-1 molMo
-1. This forward rate of benzene formation is similar to rates reported by Bedard 

et al.[111] (4.7 ± 0.8 x 10-4 mol s-1 molMo
-1) and Iglesia and co-workers[112,115] (5.03 x 

10-4 mol s-1 molMo
-1) for methane DHA on Mo/H-ZSM-5 at 950 K.  

η = 
P

C6H6

1
6 P

H2

3
2

PCH4
 Keq

                                                                5-2 

Rfor = 
Rnet

(1-η)
                                                                 5-3 

Bedard et al.[111] showed that the net rate of benzene formation systematically 

decreased with increasing H2 co-feed concentration (H2:CH4 = 0.09 – 0.27 molar ratio) and 

that benzene synthesis rates recover to their pre-H2 co-feed values upon removal of H2 from 

the reactor influent demonstrating that hydrogen does not cause any irreversible structural 

or chemical modification to the MoCx moieties present in the catalyst during methane DHA 

at 950 K. Moreover, an invariant forward rate of benzene formation (~ (3.8 ± 0.5) x 10-4 

mol s-1 molMo
-1) was obtained for different catalyst loadings (0.1 – 1.0 g) and H2:CH4 co-

feeds (0.03 – 0.11 molar ratio) at 950 K demonstrating that hydrogen does not have any 

kinetic effect on the rate-limiting step of CH4 DHA and that hydrogen reduces the aromatic 

formation rate by increasing the thermodynamic reversibility of methane to benzene 

reaction. These results show that methane DHA on Mo/H-ZSM-5 is limited by 
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thermodynamic equilibrium due to inhibition by abundant amounts of hydrogen produced 

in the catalyst bed.  

  We performed CH4 reaction on Mo/H-ZSM-5 at 973 K for ~15.5 ks, during which 

(Mo2O5)
2+ dimers were carburized to MoCx species with Oremoved:Mo ~ 2.44 ± 0.1 as CO 

and CO2 as noted in Table 5-1, and then switched the reactor influent to an inert (helium, 

~0.83 cm3 s-1). Methane conversion and product formation rates exhibited a time-on-stream 

profile similar to Mo/H-ZSM-5 (Figure 5-4 (b)) as shown in Figure 5-5 (catalyst labeled 

as Mo/H-ZSM-5). Subsequently, methane DHA was performed on this carburized catalyst 

at ~973 K and methane conversion and product rates as a function of time-on-stream are 

shown in Figure 5-5 (catalyst labeled as MoCx/H-ZSM-5). As shown in Figure 5-5, the 

induction period in aromatics (benzene and naphthalene) formation observed in the case of 

Mo/H-ZSM-5 was absent on MoCx/H-ZSM-5 due to the presence of catalytically active 

MoCx moieties from the pre-carburization of Mo/H-ZSM-5. The MoCx/H-ZSM-5 

formulation showed characteristics of Mo/H-ZSM-5 for methane DHA after complete 

carburization of Mo-oxo species including (i) <10% methane conversion (equilibrium 

conversion for 6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K) that decreased with time-on-stream, (ii) 

benzene, toluene, and naphthalene as the major products with C2Hx formed at < 3% carbon 

selectivity, (iii) steady benzene formation rate for ~6 ks that subsequently declined with 

time-on-stream, and (iv) a shift in product selectivity towards C2Hx at longer times-on-

stream, as shown in Figure 5-5. The forward rate of benzene formation (Rfor ) was ~(4.92 

± 0.06) x 10-4 mol s-1molMo
-1. These observations demonstrate that induction periods 

corresponding to carburization dynamics are avoided when initiating methane DHA with 
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pre-carburized catalyst formulations and therefore, pre-carburized formulations allow for 

assessment of the effects of a hydrogen-absorbent function on mitigating thermodynamic 

equilibrium limitations in methane DHA as discussed below. 

  

Figure 5-5 Transient product formation rates and methane conversion as a function of 

time-on-stream for Mo/H-ZSM-5 and MoCx/H-ZSM-5 at 973 K, total flow rate ~0.21 

cm3 s-1 (90 vol% CH4/balance Ar), and catalyst loading ~1.2 g with Mo/Alf ~0.25. CH4 

reaction on Mo/H-ZSM-5 was stopped after 15.5 ks and the feed was switched to helium 

(~0.83 cm3 s-1). The catalyst was cooled to room temperature, then heated to ~973 K in 

the same helium flow, and finally CH4 reaction was started on the pre-carburized 

catalyst designated as MoCx/H-ZSM-5. The dotted red line indicates the equilibrium 

conversion ~10% for 6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. Symbols are GC data and lines 

are included as a guide to the eye. 
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5.4.3 CH4 dehydroaromatization on physical mixtures of Zr & MoCx/H-ZSM-5 

Methane dehydroaromatization was investigated at 973 K on an interpellet physical 

mixture of zirconium metal and MoCx/H-ZSM-5 prepared as discussed in Section 5.3.3. 

The physical mixing of Zr particles with the MoCx/ZSM-5 formulation was performed in 

an inert environment to avoid oxidation of MoCx species on atmospheric exposure due to 

their oxophilic nature.[111,133,221] Methane flow over Zr particles at ~973 K did not 

result in any product (aromatic or C2Hx) formation as shown in Figure 5-13. The transient 

methane conversion and product formation rates for the Zr and MoCx/H-ZSM-5 interpellet 

mixture (2:1 weight ratio) at 973 K as monitored simultaneously using a gas chromatograph 

and an online mass spectrometer are shown in Figure 5-6. Addition of hydrogen-absorbing 

Zr metal to MoCx/H-ZSM-5 methane dehydroaromatization catalyst (2:1 weight ratio) 

resulted in single-pass methane conversion as high as ~27% due to lifting of 

thermodynamic equilibrium constraints (~10% equilibrium conversion). Benzene, toluene, 

and naphthalene were the major aromatic products observed (> 92% carbon selectivity) 

with minor amounts of xylenes and C10
+ also formed (< 6% carbon selectivity). C2Hx 

products (ethane and ethylene) were also observed but accounted for <3% of the total 

products on a carbon basis. As shown in Figure 5-6(a), methane conversion, benzene, 

toluene, and naphthalene formation rates increased monotonically to ~27% at ~1.2 ks, 

~5.21 x 10-4 mol s-1 molMo
-1 at ~1.2 ks, ~2.84 x 10-5 mol s-1 molMo

-1 at ~1.8 ks, and ~1.27 

x 10-4 mol s-1 molMo
-1 at ~0.5 ks, respectively, before decreasing with time-on-stream 

accompanied by a concomitant increase in C2Hx formation rate. C2Hx formation rates 

increased continuously to ~1.09 x 10-4 mol s-1 molMo
-1 at ~9 ks. The effluent hydrogen flow 
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rate during methane reaction normalized by total Mo atoms in the catalyst is shown as a 

function of time-on-stream in Figure 5-6(b) along with the methane conversion. After an 

initial increase for ~0.27 ks in hydrogen flow rate, there was a monotonic decrease in 

hydrogen eluted for ~5.1 ks. We attribute this decrease in hydrogen elution, despite high 

methane conversion and aromatic product formation, to in-situ absorptive hydrogen 

removal by zirconium particles resulting in hydride formation (see Section 5.4.4). After 

~5.1 ks, an increase in the instantaneous hydrogen rate in the reactor effluent was observed 

despite the continuing decrease in methane conversion and aromatic formation. This 

increase is presumably due to the saturation of zirconium particles with hydrogen and a 

concomitant reduction in hydrogen-removal sites (Zr metal particles) in the catalyst bed. 
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Figure 5-6 Transient (a) product formation rates and methane conversion, (b) effluent 

hydrogen rate and methane conversion, as a function of time-on-stream for an 

interpellet physical mixture of MoCx/H-ZSM-5 and Zr metal. Reaction conditions: 

temperature ~973 K, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), and 

catalyst loading ~1.2 g MoCx/H-ZSM-5 with Mo/Alf ~0.25 and ~2.4 g Zr metal. 

Symbols are GC data and lines are mass spectrometer (MS) transient data. The dotted 

red line indicates the equilibrium conversion ~10% for 6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. 
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Benzene and naphthalene instantaneous selectivity calculated on a carbon basis were 

~60% and ~30% at ~0.3 ks whereas toluene and C2Hx accounted for ~3% and ~2%, 

respectively, of the total carbon in the products observed. The identity and sequence of 

appearance of products remain unchanged for MoCx/H-ZSM-5 and Zr + MoCx/H-ZSM-5 

suggesting that the bifunctional reaction pathways of methane dehydroaromatization were 

unperturbed upon Zr addition. The observed enhancement in methane conversion and 

aromatic product rates can be explained as a consequence of in-situ hydrogen removal 

resulting in alleviation of thermodynamic equilibrium constraints and is evident when 

comparing the net formation rate of products and product yields during methane DHA on 

MoCx/H-ZSM-5 and Zr + MoCx/H-ZSM-5 at 973 K. 

Figure 5-7 shows the comparison of methane conversion, instantaneous product net 

rate (benzene, naphthalene, toluene, C2Hx), and hydrogen effluent rate as a function of 

time-on-stream between MoCx/H-ZSM-5 and an interpellet physical mixture of Zr and 

MoCx/H-ZSM-5 at similar catalyst loadings (~1.2 g Mo/H-ZSM-5) during methane DHA 

at 973 K. Methane conversion as well as aromatic product rates were enhanced while 

hydrogen effluent rate was suppressed upon Zr addition to MoCx/H-ZSM-5 plausibly due 

to in-situ hydrogen absorptive removal by zirconium (see Section 5.4.4). As shown in 

Figure 5-7, the catalyst deactivation evident from the decrease in methane conversion and 

product rates with time-on-stream for Zr + MoCx/H-ZSM-5 was rapid as compared to 

MoCx/H-ZSM-5. The deactivation for Zr + MoCx/H-ZSM-5 catalyst formulation can be a 

consequence of two factors: (i) spatial gradients in hydrogen-absorbing sites across the 

reactor length due to the gradual stoichiometric reduction of absorbent Zr to form a hydride 
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and (ii) an increase in the rate of formation of unsaturated carbonaceous deposits in zeolite 

channels due to hydrogen removal leading to a reduction in available Brønsted acid sites 

for chain growth reactions. Our results to-date do not allow us to distinguish between these 

two scenarios. 
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Figure 5-7 Transient (a) methane conversion, (b) C2Hx, (c) benzene, (d) naphthalene, 

(e) toluene, and (f) hydrogen formation rates as a function of time-on-stream for 

MoCx/H-ZSM-5 and an interpellet physical mixture of MoCx/H-ZSM-5 and Zr 

metal. MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, 

total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. The 

dotted red line in (a) indicates the equilibrium conversion ~10% for 6𝐶𝐻4 ↔ 𝐶6𝐻6 +
9𝐻2 at 973 K. 
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Cumulative product yield for methane DHA on MoCx/H-ZSM-5 and Zr + MoCx/H-

ZSM-5 at time-on-stream, t, was defined as the total number of moles of product formed 

per total Mo atom in the catalyst at the end of time, t, and was calculated from the area 

under the curve of the plot for net rate as a function time-on-stream shown in Figure 5-7. 

The cumulative yields for aromatic products and the cumulative methane converted per 

Mo atom (methane turnover) for methane DHA at 973 K on MoCx/H-ZSM-5 and on an 

interpellet physical mixture of Zr and MoCx/H-ZSM-5 are shown and compared in Figure 

5-8 and Table 5-1. Zr addition lead to enhanced aromatic yields (benzene, naphthalene, 

toluene, xylenes, C10
+, C2Hx) and methane turnovers as shown in Figure 5-8. A comparison 

of the cumulative yields at 8.7 ks time-on-stream is noted in Table 5-1. A 2.6-fold increase 

in methane converted with a concurrent 1.4, 1.6, 2.1, 2.1, and 5.4-fold increase in C2Hx, 

benzene, naphthalene, toluene, and C10
+ yields respectively (after 8.7 ks time-on-stream) 

were achieved via interpellet mixtures of Zr and MoCx/ZSM-5 as compared to the 

conventional MoCx/ZSM-5 catalyst. Concurrently, a 0.84x decrease in hydrogen yield in 

the reactor effluent was observed for Zr + MoCx/ZSM-5 evidencing that Zr absorbs 

hydrogen (as discussed in Section 5.4.4) formed during methane DHA. Accounting for the 

total carbon in the products formed using equation 5-4 below, we calculated that ~3.46 C 

per Mo atom is deposited during methane DHA which is ~9.6 mol % of the total methane 

converted (~35.85 molCH4 molMo
-1) with Zr addition as compared to ~1.74 C per Mo in 

absence of Zr (total methane converted ~35.39 molCH4 molMo
-1), after 14.7 ks time-on-

stream evincing the high efficiency of this polyfunctional catalyst formulation to convert 

methane to aromatic products. 
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Cproduct = (2 × C2Hx + 6 × C6H6+ 7 × C7H8 + 8 × C8H10+ 10 × C10H8 + 11 × C10
+ )      5-4 

 

 



178 

 

  

Figure 5-8 Cumulative (a) methane converted, (b) benzene, (c) naphthalene, (d) 

toluene, (e) xylenes, (f) C10
+

 , and (g) C2Hx yield as a function of time-on-stream for 

MoCx/H-ZSM-5 and an interpellet physical mixture of MoCx/H-ZSM-5 and Zr metal. 

MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total 

flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. 
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Table 5-1 Oxygen removed during carburization, methane converted, product yields, and 

hydrogen balance for MoCx/H-ZSM-5 and an interpellet physical mixture of MoCx/H-

ZSM-5 and Zr metal. MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading 

~2.4 g, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. 

Corresponding time-on-stream data shown in Figure 5-5, Figure 5-6, Figure 5-7, and 

Figure 5-8. 

  

 MoCx/H-ZSM-5 Zr +  MoCx/H-ZSM-5 

Oremoved:Mo (molO molMo
-1) a 2.44 ± 0.1 2.51 ± 0.1 

CH4 converted (mol molMo
-1) b 13.68 35.85 

Product Yield (mol molMo
-1) b   

C2Hx 0.49 0.70 

Benzene 2.07 3.39 

Toluene 0.099 0.199 

Xylenes 0.014 0.200 

Naphthalene 0.284 0.602 

C10
+ 0.028 0.150 

H2 
c 9.02 7.57 

Hmissing:Zr (molH molZr
-1) d NA 1.48 

H:Zr (helium TPD) (molH molZr
-1) e NA 1.60 

a number of oxygen atoms removed per Mo atom calculated considering oxygen-

containing products (CO and CO2) eluted from the reactor during the initial 15.5 ks 

of methane reaction on Mo/H-ZSM-5 as shown in Figure 5-1(a). 
b cumulative methane converted or product yields calculated after 8.7 ks time-on-

stream as shown in Figure 5-8. 
c hydrogen (H2) yield per Mo atom calculated from time-on-stream data shown in 

Figure 5-7(f) 
d number of hydrogen atoms missing in the reactor effluent per Zr atom at the end 

of 8.7 ks time-on-stream, calculated as: 

Hmissing= (2 × H2 + 4 × C2Hx + 6 × C6H6+ 8 × C7H8+10 × C8H10+ 8 × 

C10H8 + 10 × C10
+ )  −  (4 ×  𝐶𝐻4 𝑟𝑒𝑎𝑐𝑡𝑒𝑑) 

where, effluent flow rates are used for all products and CH4 converted is calculated 

as (𝐶𝐻4𝑖𝑛
− 𝐶𝐻4𝑜𝑢𝑡

) during reaction 
e number of hydrogen atoms per Zr atom eluted during temperature-programmed-

desorption (TPD) in helium flow (~0.83 cm3 s-1) at ~1193 K, following the methane 

reaction on interpellet physical mixture of MoCx/H-ZSM-5 and Zr metal, as shown 

in Figure 5-12 
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5.4.4 Hydrogen uptake and structural characterization of zirconium metal (Zr) 

5.4.4.1 Hydrogen uptake of zirconium metal 

Hydrogen uptake experiments were performed on zirconium metal particles to 

determine the hydrogen absorption capacity of pure Zr metal at 973 K. Figure 5-9(a) shows 

the normalized effluent flow rates, acquired using an online mass spectrometer, for 

hydrogen and argon during the hydrogen uptake experiment where argon was used as an 

inert tracer and internal standard. A blank reactor gave a synchronic breakthrough curve 

for both Ar and H2 effluent flow rates (Figure 5-14) whereas we observed a delay in the 

breakthrough time for hydrogen as compared to the inert tracer argon when fed through a 

Zr metal bed (~2.4 g) as shown in Figure 5-9(a). The residence time of hydrogen in the 

reactor can be attributed to hydrogen absorption by Zr metal particles at ~973 K. The 

number of hydrogen molecules absorbed by Zr was estimated using the area between the 

Ar and H2 curves (shown in Figure 5-9(a) and Table 5-2) after normalizing flow rates to 

their corresponding steady state values. Similar hydrogen uptake experiments at varying 

hydrogen feed pressures (3.28 – 95.13 kPa, total feed flow rate ~1.7 cm3 s-1) were 

performed on a single Zr metal bed and the results are shown in Figure 5-9(a) and Table 

5-2. A bulk stoichiometry of the zirconium hydride (as discussed in Section 5.4.4.2) 

resulting from hydrogen uptake was obtained by normalizing the total number of hydrogen 

atoms absorbed by the number of total Zr metal atoms present in the sample. 

As noted in Table 5-2, the hydrogen breakthrough times decreased with increasing 

hydrogen pressures and the uptake curves at hydrogen pressures exceeding 10 kPa 
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resembled heavyside functions as shown in Figure 5-9(a). At ~973 K, Zr absorbs hydrogen 

to form ZrH1.75 consistently across a large hydrogen pressure range (3.28 – 95.13 kPa, 

Figure 5-9(c) and Table 5-2). These results suggest that the rate of hydrogen uptake on 

bulk zirconium metal is not kinetically relevant as we would expect sigmoidal uptake 

curves as hydrogen pressures increase if this were the case. The effect of Zr addition to 

MoCx/H-ZSM-5 catalysts during methane DHA reactions at 973 K discussed in Section 

5.4.3 is, therefore, limited by the transport of hydrogen from MoCx moieties in the zeolite 

to the Zr metal. 

Figure 5-9 (a) Normalized Ar (m/z = 40) and H2 (m/z = 2) effluent flow rates obtained 

using a mass spectrometer at different hydrogen feed pressures (3.28 – 95.13 kPa) during 

hydrogen uptake experiments for Zr metal. (b) Normalized H2 effluent flow rate and 

reactor temperature during temperature-programmed-desorption (TPD) in helium flow 

(~0.83 cm3 s-1) at ~1193 K, following the hydrogen uptake shown in Figure 5-9(a). (c) 

Hydrogen to zirconium molar ratio as a function of hydrogen uptake pressure calculated 

from hydrogen uptake (Figure 5-9(a)) (Habsorbed : Zr) and helium TPD (Figure 5-9(b)) 

(Hdesorbed : Zr). Zr metal loading ~2.4 g, Zr particle diameter ~ 3 x 10-4 m, total feed flow 

rate ~1.7 cm3 s-1, H2/Ar ~ (3.28 – 95.13) kPa/balance, temperature ~973 K. 
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Table 5-2 Experimental conditions and measured hydrogen uptake during hydrogen uptake 

experiments for Zr metal shown in Figure 5-9. Zr metal loading ~2.4273 g (~0.0267 

moles), Zr particle diameter ~ 3 x 10-4 m. 

 

 

5.4.4.2 Structural characterization of zirconium and zirconium hydride 

Following the hydrogen uptake of zirconium metal particles discussed in Section 

5.4.4.1, we performed temperature-programmed-desorption (TPD) in helium flow to 

investigate the stoichiometry of zirconium hydride formed and the proficiency of 

zirconium metal for regeneration after hydrogen absorption. Hydrogen was observed to 

evolve from zirconium hydride particles as the temperature of the sample was increased 

H2 flow 

rate 

/( 10-6 mol 

s-1)a 

H2 uptake 

pressure 

(kPa) 

Breakthro

ugh time 

(ks)b 

H2 

absorbed 

/( 10-2 

moles)c 

H2 

desorbed  

/( 10-2 

moles)d 

Habsorb

ed:Zre 

Hdesorbe

d:Zrf 

2.80 3.28 6.4 2.27 2.34 1.71 1.75 

8.14 11.64 1.9 2.32 2.38 1.74 1.79 

33.34 51.74 0.6 2.42 2.41 1.81 1.81 

61.92 95.13 0.3 2.29 2.28 1.72 1.71 
a hydrogen flow rate during hydrogen uptake experiment for Zr metal shown in Figure 

5-9(a), total feed flow rate ~1.7 cm3 s-1 (balance Ar), temperature ~973 K. 
b time delay for hydrogen signal in mass spectrometer with respect to Ar signal (internal 

standard and tracer) as shown in Figure 5-9(a). 
c number of moles of hydrogen absorbed by Zr metal, calculated using the breakthrough 

time and the transient during hydrogen uptake experiment shown in Figure 5-9(a). 
d number of moles of hydrogen eluted from the reactor during temperature-programmed-

desorption (TPD) in helium flow (~0.83 cm3 s-1) at ~1193 K as shown in Figure 5-9(b), 

following hydrogen uptake shown in Figure 5-9(a). 
e number of hydrogen atoms per Zr atom absorbed during hydrogen uptake (Figure 

5-9(a)). 
f number of hydrogen atoms eluted per Zr atom during temperature-programmed-

desorption (TPD) in helium flow shown in Figure 5-9(b).  
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from ~973 K to ~1193 K at ~0.061 K s-1 and the corresponding time-on-stream evolution 

for different hydrogen uptake pressures (3.28 – 95.13 kPa), monitored using an online mass 

spectrometer, is shown in Figure 5-9(b). Helium was used as an internal standard to 

calculate the total amount of hydrogen desorbed from the sample during TPD and the 

results are presented in Table 5-2. The results from hydrogen uptake (Habsobred:Zr) and 

helium TPD (Hdesorbed:Zr) experiments are collated in Figure 5-9(c) and Table 5-2. These 

results demonstrate that (i) zirconium metal absorbs hydrogen at ~973 K consistently 

across a large hydrogen pressure range (3.28 – 95.13 kPa) to form a bulk hydride with 

stoichiometry ZrH1.75 and (ii) all the hydrogen absorbed by Zr metal can be removed by 

helium TPD at ~1193 K to regenerate the zirconium metal. 

X-ray diffraction patterns of zirconium metal prior to hydrogen uptake and after 

hydrogen uptake at ~33.34 kPa hydrogen pressure are shown in Figure 5-10(a) and (b), 

respectively. As shown in Figure 5-10(a), the reference pattern confirmed that the 

zirconium material had bulk crystalline characteristics of metallic Zr. Post hydrogen uptake 

zirconium sample demonstrated mixed hydride phases of stoichiometry ZrH and ZrH1.66 

which are in close agreement with the hydrogen uptake and temperature-programmed-

desorption experiment results noted in Table 5-2 and Figure 5-9(c). 
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Figure 5-10 X-ray diffraction patterns of (a) Zr metal, and (b) Zr hydride formed by 

hydrogen uptake of Zr metal as shown in Figure 5-9(a). The reference diffraction 

patterns are also included for Zr metal (JCPDS PDF # 03-065-3366) in (a) and ZrH1.66 

(JCPDS PDF # 00-034-0649) and ZrH (JCPDS PDF # 00-034-0690) in (b). 
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5.4.5 Regeneration of CH4 dehydroaromatization catalysts 

5.4.5.1 Regeneration of physical mixture of Zr and MoCx/H-ZSM-5 for 

CH4 DHA 

Regeneration of the polyfunctional Zr + MoCx/H-ZSM-5 catalyst formulation was 

investigated by treating the catalyst in helium flow at ~973 K after performing methane 

DHA for ~3.6 ks. During the helium flush at ~973 K, hydrogen was observed to elute from 

the catalyst, presumably from the hydrogen absorbed by zirconium during reaction, as 

monitored using an online mass spectrometer (shown in Figure 5-15). The amount of 

hydrogen removed was quantified using helium as an internal standard. Methane 

dehydroaromatization reactions were again performed post the helium flush and the 

resulting methane conversion as a function of time-on-stream is shown in Figure 5-11. The 

helium flush resulted in regeneration of the absorptive-hydrogen-function. Consequently, 

above equilibrium methane conversions (equilibrium conversion ~10%) were obtained 

during each reaction-regeneration cycle (~ 22 – 15 % maximum conversion) as shown in 

Figure 5-11. The total methane turnover, defined as number of methane molecules 

converted per Mo atom, at the end of ~3.6 ks for each regeneration cycle is shown in Table 

5-3 demonstrating that the Zr + MoCx/H-ZSM-5 catalyst formulation consistently 

converted higher amounts of methane (~ 10.73 – 19.8 mol molMo
-1) as compared to the 

conventional MoCx/H-ZSM-5 catalyst (~ 6.14 mol molMo
-1). As discussed in Section 5.4.3, 

catalyst deactivation in Zr + MoCx/H-ZSM-5 during methane reactions is caused not only 

by loss of hydrogen-absorbing sites due to zirconium hydride formation but is compounded 

by loss of Brønsted acid sites caused by formation of unsaturated carbonaceous species in 
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the zeolite channels. The regeneration protocol presented in this work does not regenerate 

the acid sites which would account for the lack of complete regeneration post helium flush. 

Hydrogen balance calculations for the reaction-regeneration cycles are reported in Section 

5.6.3 (Table 5-4) using the methodology discussed in Section 5.4.3. The total amount of 

hydrogen removed during successive cycles of helium flow and post-reaction helium TPD 

(H:Zr ~ 3.1) is in good agreement with the hydrogen missing in the reactor effluent during 

the corresponding reaction cycles based on hydrogen balance calculations using equation 

5-5 (Hmissing : Zr ~ 2.32). This discrepancy can be attributed to the experimental error in the 

quantification of hydrogen using an online mass spectrometer at the very low 

concentrations of hydrogen present in the effluent during catalysis.  

Hmissing= (2 × H2 + 4 × C2Hx + 6 × C6H6 + 8 × C7H8 + 10 × C8H10 +  8 × C10H8 + 10 × 

                       C10
+ ) - (4 × CH4 reacted)                                                                             5-5  
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Table 5-3 Methane converted for MoCx/H-ZSM-5 and an interpellet physical mixture of 

MoCx/H-ZSM-5 and Zr metal before and after regeneration in He flow at ~973 K. MoCx/H-

ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 

cm3 s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. Corresponding time-on-stream data 

shown in Figure 5-11. 

 

 

 

 

  

 
MoCx/

H-

ZSM-5 

Zr +  MoCx/H-ZSM-5 

Fresh 

After 

Regenerat

ion 1b 

After 

Regenerati

on 2b 

After 

Regeneratio

n 3b 

CH4 converted (mol 

molMo
-1) a 

6.14 19.8 13.75 11.2 10.73 

a cumulative methane converted calculated after 3.6 ks time-on-stream as shown in 

Figure 5-11. 
b regenerations 1, 2, and 3 of Zr + MoCx/H-ZSM-5 were performed by flushing the 

catalyst in helium flow (~0.83 cm3 s-1) at 973 K for 61.2 ks, 84.6 ks, and 34.2 ks, 

respectively. 
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Figure 5-11 Transient methane conversion as a function of time-on-stream for MoCx/H-

ZSM-5 and for an interpellet physical mixture of MoCx/H-ZSM-5 and Zr metal before 

(fresh) and after regeneration in helium flow. Regenerations 1, 2, and 3 of Zr + MoCx/H-

ZSM-5 were performed by flushing the catalyst in helium flow (~0.83 cm3 s-1) at 973 K for 

61.2 ks, 84.6 ks, and 34.2 ks respectively. MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf 

~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), 

reaction at ~973 K. The dotted red line indicates the equilibrium conversion ~10% for 

6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. 
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5.4.5.2 Temperature-programmed-desorption after CH4 dehydroaromatization 

on Zr + MoCx/H-ZSM-5 

A temperature-programmed-desorption (TPD) in helium flow (~0.83 cm3 s-1) at ~1193 

K was performed following methane dehydroaromatization reaction at 973 K on an 

interpellet physical mixture of Zr and MoCx/H-ZSM-5 for ~9 ks (shown in Figure 5-6) and 

the corresponding reactor effluent transient monitored using a mass spectrometer is shown 

in Figure 5-12. Hydrogen was observed to elute from the reactor presumably from the 

zirconium hydride formed by hydrogen absorption during methane reaction. Moreover, 

hydrogenolysis of the carbonaceous species deposited during methane DHA by the 

desorbed hydrogen resulted in methane elution during post-reaction TPD. Kosinov et 

al.[222] and Solymosi et al.[227] have previously noted the removal of carbon deposits by 

treatment in pure hydrogen at ~973 K resulting in restoration of initial rates of methane 

conversion on Mo/H-ZSM-5 formulations. The total amount of hydrogen and methane 

eluted during TPD was calculated using helium as an internal standard. 

The total number of hydrogen atoms absent in the reactor effluent at the end of ~8.7 ks 

during methane reaction on Zr + MoCx/H-ZSM-5 was estimated using equation 5-5 and 

normalized by total Zr atoms present in the catalyst bed. The post-reaction TPD yielded 

H:Zr ~1.60 which is within ~10% of the hydrogen missing from hydrogen balance 

(Hmissing:Zr ~ 1.48 as noted in Table 5-1) suggesting that all the hydrogen absorbed by 

zirconium particles during methane DHA could be removed by high temperature 

desorption in line with hydrogen uptake experiments discussed in Section 5.4.4. Similar 

calculations for methane removed during TPD resulted in C:Mo ~1.69 which is less than 
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the carbon deposited calculated from carbon balance (C:Mo ~3.46) in Section 5.4.3. This 

difference can be attributed to the insufficient availability of hydrogen to hydrogenolyze 

all the carbon deposited. 

 

 

Figure 5-12 Mass spectrometer transient of H2 (m/z = 2) and methane (m/z = 16) 

effluent flow rate and reactor temperature during temperature-programmed-desorption 

(TPD) in helium flow (~0.83 cm3 s-1) at ~1193 K, following methane reaction on 

interpellet physical mixture of MoCx/H-ZSM-5 and Zr metal, shown in Figure 5-6. 

Reaction conditions: temperature ~973 K, total flow rate ~0.21 cm3 s-1 (90 vol% 

CH4/balance Ar), and catalyst loading ~1.2 g MoCx/H-ZSM-5 with Mo/Alf ~0.25 and 

~2.4 g Zr metal. 
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5.5 Conclusions 

Methane reactions on Mo/H-ZSM-5 catalyst at 973 K resulted in an initial carburization 

period during which O:Mo ~ 2.44 ± 0.10 is removed as CO and CO2 due to the formation 

of (Mo2O5)
2+ dimers on thermal treatment of MoO3 and H-ZSM-5 physical mixtures at 973 

K as reconciled by Raman spectroscopy. Steady state methane dehydroaromatization on 

MoCx/H-ZSM-5 catalysts at 973 K resulted in a forward rate of benzene synthesis ~ (5.05 

± 0.09) x 10-4 mol s-1 molMo
-1 with ~67% benzene and ~21% naphthalene product 

selectivity. Maximum methane conversion (~27%), aromatic synthesis rates, and benzene, 

naphthalene, toluene, xylene, and C10
+ product yields (1.4 – 5.4 times) were enhanced on 

interpellet physical mixtures of Zr and MoCx/H-ZSM-5 as compared to MoCx/H-ZSM-5 

due to in-situ absorptive-hydrogen removal by zirconium metal thereby lifting the 

thermodynamic constraints for methane dehydrogenation without any deleterious effect on 

C2-C10 product selectivity. A post-reaction helium temperature-programmed-desorption at 

~1193 K resulted in absorbed hydrogen removal (H:Zr ~1.60) from zirconium hydride 

particles (H:Zr ~ 1.48 from hydrogen balance) formed during methane reactions. Hydrogen 

uptake experiments on zirconium metal particles at 973 K demonstrated that Zr forms 

ZrH1.75 across a large hydrogen pressure range (3.28 – 95.13 kPa) which can be regenerated 

to Zr metal by high temperature (~1193 K) helium TPD as also supported by XRD analysis. 

A post-reaction thermal treatment in helium at 973 K of the polyfunctional Zr + MoCx/H-

ZSM-5 catalyst formulation led to regeneration of the absorptive-hydrogen removal 

function resulting in above equilibrium methane conversions (~ 22 – 15%) in successive 

reaction-regeneration cycles. 
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5.6 Supporting Information 

5.6.1 Methane reaction on zirconium (Zr) particles 

Activity of zirconium metal for methane conversion was tested by flowing methane 

(total flow rate ~0.21 cm3 s-1, 90 vol% CH4/balance Ar) over Zr metal particles (~2.4 g Zr 

metal) at ~973 K. The time-on-stream evolution of methane effluent flow rate is shown in 

Figure 5-13. Invariant methane flow rate through bypass and Zr particles demonstrates 

that Zr does not convert methane to any products under reaction conditions employed in 

this work. 

Figure 5-13 Methane effluent flow rate as a function of time-on-stream through bypass 

and Zr particles to test activity of zirconium metal for methane conversion. Reaction at 

973 K, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), and catalyst loading ~2.4 

g Zr metal. The line indicates the switch of flow from bypass to Zr particles (at 973 K). 
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5.6.2 Hydrogen uptake of zirconium metal 

Transient evolution of hydrogen and argon flow, as monitored using an online mass 

spectrometer, through a blank reactor (total feed flow rate ~1.7 cm3 s-1, H2/Ar ~ 95.13 

kPa/balance, temperature ~973 K) is shown in Figure 5-14. The synchronic breakthrough 

curve for Ar and H2 effluent flow rates indicates negligible hydrodynamic delay between 

the two gases in absence of a catalyst. 

 

Figure 5-14 Normalized Ar (m/z = 40) and H2 (m/z = 2) effluent flow rates obtained using 

a mass spectrometer through a blank reactor. Total feed flow rate ~1.7 cm3 s-1, H2/Ar ~ 

95.13 kPa/balance, temperature ~973 K. 
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5.6.3 Regeneration of physical mixture of Zr and MoCx/H-ZSM-5 for CH4 DHA 

Transient effluent flow rate of hydrogen during regeneration of Zr + MoCx/H-ZSM-5 

catalyst for methane DHA is shown in Figure 5-15. Helium was used as an internal 

standard to quantify the amount of hydrogen eluted during helium flush or post-reaction 

helium temperature-programmed-desorption (TPD). 

Figure 5-15 Mass spectrometer transient of H2 (m/z = 2) effluent flow rate during 

helium flush and temperature-programmed-desorption (TPD) in helium flow 

(~0.83 cm3 s-1) at ~1193 K, following methane reaction on interpellet physical 

mixture of MoCx/H-ZSM-5 and Zr metal, shown in Figure 5-11. Regenerations 1, 

2, and 3 of Zr + MoCx/H-ZSM-5 were performed by flushing the catalyst in helium 

flow (~0.83 cm3 s-1) at 973 K for 61.2 ks, 84.6 ks, and 34.2 ks respectively. 

MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total 

flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. 
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Table 5-4 Methane converted, product yields, hydrogen balance for MoCx/H-ZSM-5 and 

interpellet physical mixture of MoCx/H-ZSM-5 and Zr metal before and after regeneration 

in He flow at ~973 K. MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading 

~2.4 g, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. 

Corresponding time-on-stream methane conversion data shown in Figure 5-11. 

 

 MoCx/H-

ZSM-5 

Zr +  MoCx/H-ZSM-5 

Fresh 

After 

Regeneration 

1b 

After 

Regeneration 

2b 

After 

Regene

ration 

3b 

CH4 converted (mol molMo
-1) a 6.14 19.8 13.75 11.2 10.73 

Product Yield (mol molMo
-1) c      

C2Hx 0.19 0.214 0.213 0.216 0.210 

Benzene 0.864 1.545 1.266 0.887 0.640 

Toluene 0.04 0.103 0.105 0.087 0.071 

Xylenes 0.005 0.106 0.104 0.067 0.045 

Naphthalene 0.126 0.356 0.171 0.091 0.053 

C10
+ 0.013 0.085 0.051 0.017 0.008 

H2 d 9.02 3.5 3.17 2.18 1.64 

Hmissing:Zr (molH molZr
-1) e NA 0.83 0.53 0.47 0.49 

H:Zr (helium flush/TPD) 

(molH molZr
-1) 

NA 0.84 f 0.88 f 0.71 f 0.67 g 

a cumulative methane converted calculated after 3.6 ks time-on-stream as shown in Figure 5-11. 
b regeneration 1, 2, and 3 of Zr + MoCx/H-ZSM-5 were performed by flushing the catalyst in helium flow 

(~0.83 cm3 s-1) at 973 K for 61.2 ks, 84.6 ks, and 34.2 ks, respectively. 
c cumulative product yields calculated after 3.6 ks time-on-stream. 
d hydrogen (H2) yield per Mo atom calculated from time-on-stream mass spectrometer data. 
e number of hydrogen atoms missing in the reactor effluent per Zr atom at the end of 3.6 ks time-on-

stream, calculated as: 

Hmissing= (2 × H2 + 4 × C2Hx + 6 × C6H6+ 8 × C7H8+10 × C8H10+ 8 × C10H8 + 10 × C10
+ )  

−  (4 ×  𝐶𝐻4 𝑟𝑒𝑎𝑐𝑡𝑒𝑑) 

where, effluent flow rates are used for all products and CH4 converted is calculated as (𝐶𝐻4𝑖𝑛
− 𝐶𝐻4𝑜𝑢𝑡

) 

during reaction 
f number of hydrogen atoms per Zr atom eluted during helium flush in helium flow (~0.83 cm3 s-1) at 

~973 K, following the methane reaction on interpellet physical mixture of MoCx/H-ZSM-5 and Zr metal. 
g number of hydrogen atoms per Zr atom eluted during temperature-programmed-desorption (TPD) in 

helium flow (~0.83 cm3 s-1) at ~1193 K, following the methane reaction on interpellet physical mixture 

of MoCx/H-ZSM-5 and Zr metal. 
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5.6.4 Zirconium hydride equilibrium considerations 

The phase diagram for zirconium-hydrogen system is presented in Figure 5-16 as 

reported by Terrani et al.[237] As shown in Figure 5-16, at 700o C (973 K, the reaction 

temperature for our work) zirconium is expected to form a hydride with stoichiometry of 

ZrH1.6 based on equilibrium. This H:Zr stoichiometry is in close agreement with our 

experimental results from hydrogen balance during methane dehydroaromatization (DHA) 

reaction on interpellet mixture of Zr and MoCx/H-ZSM-5 which give H:Zr ~1.48 as shown 

in Table 5-4.  

  

Figure 5-16 Phase diagram for zirconium-hydrogen system.[237] 
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5.6.5 Comparison of catalyst-absorbent mixtures and membrane reactors in 

methane DHA with hydrogen removal 

In the limiting case in which both hydrogen membrane permeation and absorption are 

much faster than convection (DaH2,removal = kremovalL/u >> 1), hydrogen pressure 

approaches zero throughout the catalyst bed and methane conversion, product distribution, 

and coking rates should be identical for membrane reactors (MRs) and catalyst-absorbent 

mixtures (CAMs). However, as Iglesia and coworkers have reported [131] characteristic 

hydrogen permeation rates are generally much smaller than convective rates at practical 

contact times and only a fraction of H2 is removed in MRs. Thus, at contact times similar 

to those in our study MRs achieve ~12% methane conversion [131]. However, as Savari, 

et al. [132] remark, residual hydrogen “cleans” the catalyst surface and membrane and 

catalyst remain stable for ~ 100 h. Conversely, hydrogen removal by zirconium hydride 

formation is rapid, as evinced by breakthrough curves in Figure 5-5, and removes >90% 

of hydrogen before saturation of ZrH1.6 as calculated by hydrogen balance. Intimacy of 

hydrogen production and scavenging functions and rapidity of absorptive removal enhance 

single-pass methane conversion more dramatically than membrane reactors (27% vs 12%), 

but inherent transient nature of stoichiometric absorption limits lifetime of the synergistic 

interaction. 

Therefore, membrane reactors remove hydrogen less efficiently than catalyst-absorbent 

mixtures, but are more stable due to: (i) stability of permselective membrane and (ii) 

moderate hydrogen pressures preventing formation of polycyclic aromatic hydrocarbons 

which congest zeolite pores. Absorptive hydrogen removal offers a kinetically superior 
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method of hydrogen removal but is hampered by the inherent transient nature of 

stoichiometric absorption. Industrial scale operation of CAMs could plausibly operate in a 

fluidized-bed configuration – aided by the ~6x difference in densities of zeolite and 

zirconium metal. 
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 Controlling kinetic and diffusive length-scales during 

absorptive hydrogen removal in methane dehydroaromatization 

on MoCx/H-ZSM-5 catalysts 

The experimental studies reported in this chapter are performed by the author. These results 

are supported by a reaction-transport model developed primarily by Mr. Neil Razdan in 

collaboration with the author and Prof. Aditya Bhan at Department of Chemical 

Engineering and Materials Science, University of Minnesota to be published in a research 

article in the future. 

6.1 Conspectus 

Addition of zirconium metal as a hydrogen-selective absorbent to MoCx/H-ZSM-5 

formulations in staged-bed, stratified-bed, and interpellet physical mixtures resulted in 

enhanced aromatics yield (14-16% with Zr as compared to 8% in formulations without Zr) 

at equivalent times-on-stream for methane dehydroaromatization (DHA) at 973 K, 

evincing effective hydrogen abstraction by Zr metal leading to circumvention of  

thermodynamic limitations without detrimental effects on aromatic product selectivity 

(~70% benzene and ~21% naphthalene). The effects of proximity in Zr + MoCx/H-ZSM-5 

formulations can be described in terms of Damköhler and Péclet number which elucidate 

the importance of axial dispersion in the catalyst-absorbent polyfunctional system. 

Changing the proximity of catalytic and hydrogen-absorbent functions elaborates on the 

role of (i) reduction in number of catalytic sites and (ii) saturation of Zr metal by hydrogen 

absorption, in the deactivation of Zr + MoCx/H-ZSM-5 catalyst-absorbent system. 
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6.2 Background 

Non-oxidative methane pyrolysis forms aromatics on carbidic forms of Mo and W 

clusters encapsulated in zeolites at temperatures ~950 K. [100,101,216,104–110,215] The 

dehydroaromatization of methane to benzene (with ~70% selectivity on a carbon basis) at 

these temperatures is restricted by equilibrium considerations (6CH4 ↔ C6H6 + 9H2) to 

~10% single pass conversion.[100,101,216,104–110,215] Mo oxide precursors deposited 

on/in zeolite framework by aqueous phase impregnation or vapor phase solid state ion 

exchange carburize on methane exposure at ≳ 950 K to form MoCx nanoclusters (0.6-1.5 

nm).[110–112,115,128,217,238,239] Removal of 2.44 ± 0.1 O:Mo during methane 

reaction transients corresponding to reduction/carburization evidence the formation of 

dimeric (Mo2O5)
2+ species on two proximate Al centers within zeolitic channels which are 

subsequently converted to MoCx moieties. [112,115,116,127–129] We have previously 

demonstrated that pre-carburized MoCx/H-ZSM-5 formulations enable initiation of 

aromatics formation from methane DHA without carburization transients.[239] 

Abundant hydrogen formed during methane dehydrogenation reactions on Mo/H-

ZSM-5 suppress net aromatic synthesis rates and methane conversion. [131,240,241] We 

have recently reported in-situ transient absorptive-hydrogen removal using zirconium 

metal as a strategy to overcome thermodynamic limitations that limit single pass 

conversion in methane DHA to ~10% at 973 K on MoCx/H-ZSM-5 catalyst formulations. 

[239] Addition of Zr metal particles to MoCx/ZSM-5 in interpellet mixtures resulted in a 

2.7x increase in methane converted and a concurrent 1.4, 2.1, 2.6, and 5.6-fold increase in 

benzene, naphthalene, toluene, and C10
+ yields, respectively, in reference to a conventional 
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MoCx/ZSM-5 catalyst at equivalent time-on-stream (8.7 ks). The maximum methane 

conversion on these interpellet mixtures exceeded ~27% ‒ in significant excess of 10% 

equilibrium conversion at these reaction conditions ‒ demonstrating that equilibrium 

limitations encountered in methane dehydroaromatization on MoCx/ZSM-5 are 

circumvented by addition of Zr as a hydrogen absorbent. Characterization of Zr metal via 

hydrogen uptake experiments and X-ray diffraction evinced the formation of ZrH1.75 on 

hydrogen exposure (3.28 – 95.13 kPa) at 973 K. 

In this report, we investigate the crucial role of catalyst-absorbent proximity and reactor 

hydrodynamics in studies involving methane DHA with transient hydrogen removal. 

Hydrogen tracer studies demonstrate the highly dispersed nature of the fluid flow under 

reaction conditions. Measurements of reaction kinetic orders and forward rate constants 

were performed to form the foundation for a reaction-transport model that elucidates the 

importance of kinetic, diffusive, and convective length scales in methane DHA with and 

without Zr addition. This mathematical treatment of the polyfunctional system will be 

published in a future research article. Systematic variation of catalyst-absorbent proximity 

and flow conditions demonstrate the impact of kinetic and transport length-scales on 

catalyst deactivation. 

6.3 Materials and Methods 

6.3.1 Catalyst Synthesis and preparation 

Mo/H-ZSM-5, MoCx/H-ZSM-5, and polyfunctional configurations of MoCx/H-ZSM-

5 + Zr  were prepared by methods detailed previously and summarized herein.[111] Briefly, 

NH4-ZSM-5 (Zeolyst International, Si/Al = 11.5, CBV 2314) was converted to H–ZSM-5 
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by treating in dry air (~1.67 cm3 s-1) to thermally decompose  NH4
+ to H+ and NH3(g) by 

increasing the temperature from room temperature to 773 K at 0.0165 K s-1 and holding at 

773 K for 36 h. Intimate mixtures containing a nominal ~ 3 wt% Mo loading (Mo/Al ≈ 

0.25) were prepared by grinding together MoO3 (Sigma-Aldrich, 99.9%) and H-ZSM-5 

powders in an agate mortar and pestle for 0.25 h. The mixture was heated from room 

temperature to 623 K at 0.0167 K s-1 and held at this temperature for 15 h in dry air (ca. 

0.67 cm3 s-1) resulting in water removal and dispersion of MoO3 on the external surface of 

the zeolite.[111,116,238] Finally, the mixture was heated to 973 K at 0.167 K s-1 and held 

at this temperature for 10 h to facilitate molybdenum oxide migration into the zeolite 

pores.[111,238] The catalyst prepared via the above-mentioned protocol is referred to as 

Mo/H-ZSM-5 in this work. The Mo/H-ZSM-5 powder was pressed to form pellets that 

were then crushed and sieved to obtain particle sizes between 180 and 425 µm (mesh 40 – 

80) for use in catalytic reactions.  

The samples designated as MoCx/H-ZSM-5 in this work were prepared by exposing 

the Mo/H-ZSM-5 formulation to a CH4/Ar mixture (90 vol% CH4 and 10 vol% Ar, total 

feed flow rate ca. 0.27 cm3 s-1) for 15.5 ks (for catalyst loading ~1.2 g) leading to complete 

carburization of the molybdenum oxide as reported previously.[111,239] Subsequently, the 

feed was switched to helium (ca. 0.83 cm3 s-1). The sample was flushed in helium flow (ca. 

0.83 cm3 s-1) at 973 K for 0.9 ks and then cooled to ambient temperature in the same helium 

flow.  

Zirconium (Zr) metal was obtained from American Elements (PN# ZR-M-0251M-

GR.1T2MM, 99.5+% purity, metal basis) as granule-shaped particles (1 – 2 mm granule 
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size) which were crushed and sieved to obtain particle sizes between 180 and 425 µm (mesh 

40 – 80) for use in the catalytic reactions.  

All polyfunctional configurations of MoCx/H-ZSM-5 and Zr were constituted in an inert 

environment using a glove bag (Sigma Aldrich, Z530212, AtmosBag, two-hand, non-

sterile, size M, Zipper-lock closure type) to eliminate oxidation of MoCx species under 

ambient conditions. [111] This procedure gave five fixed-bed configurations: (i) MoCx/H-

ZSM-5 only, (ii) Zr packed upstream of the MoCx/H-ZSM-5 catalyst bed, (iii) Zr packed 

downstream of the MoCx/H-ZSM-5 catalyst bed, (iv) Zr packed both upstream and 

downstream of the MoCx/H-ZSM-5 catalyst bed (referred as sandwich configuration), and 

(v) an interpellet mixture of MoCx/H-ZSM-5 and Zr metal. Reconfigured catalyst-

absorbent mixtures were subsequently loaded in the same quartz reactor under an inert 

atmosphere and transferred to the furnace without exposing mixtures to ambient 

conditions. The reactor was heated to the reaction temperature, 973 K, in helium flow (ca. 

0.33 cm3 s-1) at 0.18 K s-1 before performing methane dehydroaromatization reactions. 

6.3.2 Methane dehydroaromatization catalytic reactions 

Methane dehydroaromatization reactions were performed in a fixed bed tubular quartz 

reactor (I.D. 10mm) with an outer thermowell above the porous quartz frit (for holding the 

catalyst bed stationary) to hold a thermocouple to monitor the reaction temperature. The 

catalyst sample was heated in helium flow (ca. 0.33 cm3 s-1, UHP, Minneapolis Oxygen) 

from room temperature to the reaction temperature, 973 K, at 0.18 K s-1 in a resistively 

heated furnace (National Element FA120). Axial temperature gradients in the reactor were 

minimized by using an annular inconel cylinder to ensure conduction of heat between walls 
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of the furnace and tubular reactor. A feed gas mixture of CH4/Ar (90 vol% CH4 and 10 

vol% Ar, total feed flow rate ca. 0.27 cm3 s-1, UHP, Matheson Tri-Gas) was introduced to 

the reactor to perform methane reactions at 973 K and atmospheric pressure, with Ar 

serving as an internal standard. All flow lines were heated to temperatures in excess of 473 

K via resistive heating to prevent condensation of effluents. The composition of the reactor 

effluent was analyzed using a mass spectrometer (MKS Cirrus 200 Quadrupole MS 

system) and a gas chromatograph (Agilent 7890) equipped with a methyl-siloxane capillary 

column (HP-1, 50 m x 320 µm x 0.52 µm) connected to a flame ionization detector (FID) 

for detection of hydrocarbons and a GS-GasPro column (60 m x 0.320 mm) connected to 

a thermal conductivity detector (TCD) for detection of permanent gases (H2, Ar, and CH4). 

Transient product evolution throughout the course of the reaction was measured with an 

online mass spectrometer (MS) (MKS Cirrus 200 Quadrupole MS system) connected to 

the outlet of the GC. The number of removed O atoms during carburization of molybdenum 

oxide was determined by the cumulative amount of CO and CO2 eluted as calculated from 

the transient MS signal with Ar as an internal standard.  

Evaluation of methane DHA kinetic orders and rate constants was performed on 

MoCx/H-ZSM-5 in the regime when benzene net rate was invariant (15 – 25 ks time-on-

stream for 1.2 g catalyst loading). H2 (0 – 0.23 kPa at 97.6 kPa CH4 and balance argon, 

total flow rate ca. 0.27 cm3 s-1 and catalyst loading  = 1.2g) and methane (2.7 – 97.6 kPa, 

balance argon, total flow rate ca. 0.27 cm3 s-1 and catalyst loading = 1.2 g) partial pressures 

were varied at constant contact time by altering H2, inert (Ar), and methane rates. 

6.3.3 Measurement of axial H2 diffusion coefficient in packed-bed flow reactors 
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Inert H2 tracer experiments were performed on beds of 180 – 425 μm quartz sand 

aggregates packed to 2.7 cm, an identical length as 1.2 g of 180 – 425 μm MoCx-H-ZSM-

5 aggregates in a 1.05 cm ID tubular quartz reactor. Quartz sand was heated to 973 K in 

inert (He or Ar) flow (ca. 1 cm3 s-1). For pulse tracer experiments, a sample of H2 (ca. 1 

cm3) was introduced to a stable reactor feed flow of CH4 using an electronic six-way valve 

(ED66UWE, VICI Valco 6-port valve). In step-change experiments, reactor feed flow was 

switched from Ar to an Ar and H2 gas mixture (5 vol % H2/balance Ar). Reactor effluent 

was monitored using an online mass spectrometer (MS) (MKS Cirrus 200 Quadrupole MS 

system). 

6.4 Results and Discussion 

Rates of non-oxidative methane conversion to benzene, naphthalene, methylarenes, and 

C2 hydrocarbons were measured over 1.2 g of MoCx/H-ZSM-5 catalysts (Mo/Alf = 0.25) 

with and without 2.4 g of Zr metal at T = 973 K and 13.0 cm3 s-1 flow of 90%/10% CH4/Ar 

in five reactor configurations listed in Section 2.1. 

6.4.1 Methane DHA on MoCx/H-ZSM-5 in absence and presence of Zr metal 

Figure 6-1 shows methane conversion, benzene net rates, and naphthalene net rates as 

a function of time-on-stream for the five MoCx/H-ZSM-5 + Zr fixed-bed configurations at 

973 K and atmospheric pressure. Introduction of Zr metal bed(s) downstream, upstream, 

and both downstream and upstream of the MoCx/H-ZSM-5 catalyst continuously abstracts 

H2, resulting in circumvention of thermodynamic limits and maximum methane conversion 

to ~21 %, ~20 %, and ~26 %, respectively, as compared to ~9 % for MoCx/H-ZSM-5 only 

(Figure 6-1 (a)). Improvement to total methane conversion is reflected by accelerated 
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benzene and naphthalene net rates as shown in Figure 6-1(b) and (c). MoCx/H-ZSM-5 + 

Zr catalyst systems in downstream, upstream, sandwich, and interpellet configurations 

gave maximum benzene net rates of 4.7 x 10-4 mol s-1 molMo
-1, 3.8 x 10-4 mol s-1 molMo

-1, 

4.4 x 10-4 mol s-1 molMo
-1, and 5.1 x 10-4 mol s-1 molMo

-1, respectively, in contrast to 2.5 x 

10-4 mol s-1 molMo
-1 for MoCx/H-ZSM-5 as shown in Figure 6-1 (b). Naphthalene net rates 

were maximized at 0.93 x 10-4 mol s-1 molMo
-1, 1.06 x 10-4 mol s-1 molMo

-1, 0.70 x 10-4 mol 

s-1 molMo
-1, and 1.39 x 10-4 mol s-1 molMo

-1 for downstream, upstream, sandwich, and 

interpellet configurations, respectively, as opposed to 0.40 x 10-4 mol s-1 molMo
-1 for 

MoCx/H-ZSM-5 (Figure 6-1 (c)). Methane conversion and aromatic product rates 

decreased with time-on-stream (Figure 6-1 (a) – (c)) due to both loss of catalytic active 

sites on MoCx/H-ZSM-5 and saturation of hydrogen absorption sites on/in Zr metal. 
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Figure 6-1 Transient (a) methane conversion, (b) benzene, and (c) naphthalene 

formation rates as a function of time-on-stream for all five studied configurations. The 

dashed red line in (a) indicates the equilibrium conversion ~10% for 6CH4 ↔ C6H6+9H2 

at 973 K. (d) Maximum single-pass methane conversion (right axis), cumulative product 

yield at 10.2 ks time-on-stream, and carbon deposited during methane DHA reaction 

after 10.2 ks time-on-stream (left axis) on MoCx/H-ZSM-5 and Zr catalyst beds 

configured with (i) MoCx/H-ZSM-5 only, (ii) Zr packed upstream of MoCx/H-ZSM-5, 

(iii) Zr packed downstream of MoCx/H-ZSM-5, (iv) Zr packed both upstream and 

downstream of MoCx/H-ZSM-5, and (v) an interpellet physical mixture of Zr and 

MoCx/H-ZSM-5. Reaction conditions: 973 K, MoCx/H-ZSM-5 ≈ 1.2 g, Zr ≈ 2.4 g, feed 

flow rate ≈ 0.21 cm3 s-1 (90 vol% CH4). 
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Cumulative product yield at time-on-stream, t, is defined as the total number of moles 

of product formed per total Mo atoms in the catalyst bed at the end of time, t, and is obtained 

from the area under the curve of the net product formation rate vs time-on-stream plots 

shown in Figure 6-1 (b) and (c). Cumulative product yields for methane DHA at 973 K, 

considering C2Hx (ethane, ethylene, and acetylene), benzene, toluene, xylenes, 

naphthalene, and C10
+ aromatics, were calculated for the five fixed-bed configurations at 

10.2 ks time-on-stream; their carbon sum (denoted as cumulative product yield in molC 

molMo
-1) is shown in Figure 6-1 (d). Time-on-stream variation of benzene and naphthalene 

cumulative yields for different catalyst-bed configurations is shown in Figure 6-7. 

MoCx/H-ZSM-5 + Zr staged-bed configurations resulted in a 1.5, 1.7, 1.5, and 1.7-fold 

increase in cumulative product yields for Zr bed packed upstream of MoCx/H-ZSM-5, 

downstream of MoCx/H-ZSM-5, sandwich configuration, and an interpellet mixture, 

respectively, as compared to MoCx/H-ZSM-5 (Figure 6-1 (d)). Catalytic reaction pathways 

over MoCx/H-ZSM-5 are unperturbed by addition of Zr metal, demonstrated by invariant 

cumulative aromatic product selectivity of ~70% benzene and ~20% naphthalene in all Zr 

+ MoCx/H-ZSM-5 configurations, shown in Figure 6-8. 

Impact of catalyst-absorbent proximity and configuration on magnitudes of coke 

deposition were evaluated by cumulative carbon balance. The quantity of deposited coke 

is found by the difference of converted methane and the sum of carbon observed in effluent 

products (Eq. 6-1). Interpellet mixture of MoCx/H-ZSM-5 and Zr (Zr:MoCx/H-ZSM-5 

weight ratio ~2:1) resulted in deposition of ~4.34 C per Mo atom (~ 11.6 % of 37.3 molCH4 

molMo
-1 converted); contrastingly, 1.82 C per Mo atom (~ 5.6 % of 32.7 molCH4 molMo

-1 
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converted), 1.76 C per Mo atom (~ 4.6 % of 37.9 molCH4 molMo
-1 converted), 4.0 C per Mo 

atom (~ 12.2 % of 32.7 molCH4 molMo
-1 converted), and 0.21 C per Mo atom (~ 0.95 % of 

22.2 molCH4 molMo
-1 converted) were deposited for Zr packed upstream of MoCx/H-ZSM-

5, downstream of MoCx/H-ZSM-5, sandwich configuration, and only MoCx/H-ZSM-5, 

respectively, at equivalent time-on-stream (10.2 ks, Figure 6-1 (d)). These results 

demonstrate change of catalyst-absorbent proximity and configuration reduced the degree 

of carbon loss by as much as 2.5-fold (~4.34 C per Mo atom for interpellet mixture vs 

~1.76 C per Mo atom for Zr packed downstream of MoCx/H-ZSM-5 at similar methane 

turnovers ~37.9 molCH4 molMo
-1), thereby, improving selectivity of methane conversion to 

effluent aromatics on MoCx/H-ZSM-5 catalyst formulations. 

Cproduct = (2 × C2Hx + 6 × C6H6+ 7 × C7H8 + 8 × C8H10+ 10 × C10H8 + 11 × C10
+ ) 6-1 

Hydrogen balance was quantified by post-reaction temperature-programmed-

desorption (TPD) at ~1193 K in helium flow for all fixed-bed configurations. Details are 

noted in Section 6.6.3. Hydrogen-to-zirconium molar ratio, H:Zr = 1.75, of hydrogen 

missing from reaction effluent agrees well with quantities of hydrogen desorbed during 

TPD (Figure 6-9).  

In summary, systematic change of spatial intimacy between catalyst and Zr metal 

maintains efficacy of polyfunctional formulations to enhance aromatic yield while offering 

a strategy to reduce the magnitude of carbonaceous species deposited on/in the catalyst. 

Ability of staged/stratified zirconium to continuously abstract hydrogen and effect 

improvement to net rates demonstrates gas-phase H2 is capable of dispersive transport to 

Zr absorbent both upstream and downstream of catalyst under reaction conditions. 
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Significance of dispersive transport considerations and influence of catalyst-absorbent 

proximity can be rigorously described by differential mole balance on catalyst and 

absorbent beds. Developing a resultant reaction-transport model requires determination of 

reaction rate equations and measurement of relevant kinetic and transport parameters, as 

discussed next in Section 6.4.2. 

6.4.2 Evaluation of methane DHA kinetic and transport parameters on MoCx/H-

ZSM-5 

6.4.2.1 Kinetics of methane DHA on MoCx/H-ZSM-5 

Kinetic measurements for methane DHA were performed on pre-carburized MoCx/H-

ZSM-5 formulations after exposing Mo/H-ZSM-5 (1.2 g catalyst loading) to CH4/Ar 

mixtures (90 vol% CH4/balance Ar) for 15.5 ks. The forward rate of benzene formation for 

the stoichiometric reaction of CH4 to H2 and C6H6 (equation 6-2) on MoCx/H-ZSM-5 at 

973 K was obtained using a methodology reported previously [111,239]. Briefly, we 

utilized the net rate of benzene formation and approach to equilibrium, ƞ (calculated from 

the effluent hydrogen, benzene, and methane pressures), to calculate a forward rate of 

benzene formation (Rfor) as (5.05 ± 0.09) x 10-4 mol s-1 molMo
-1 at 973 K, 90 vol% 

CH4/balance Ar, and 1 atm total pressure (Rnet ~ 2.7 x 10-4 mol s-1 molMo
-1, ƞ ~0.5, and Keq 

= 0.0302 [236]). This forward rate of benzene formation was similar to rates reported by 

Bedard et al.[111] (4.7 ± 0.8 x 10-4 mol s-1 molMo
-1) and Iglesia and co-workers[112,115] 

(5.03 x 10-4 mol s-1 molMo
-1) for methane DHA on Mo/H-ZSM-5 at 950 K.  

CH4    ↔   
1

6
 C

6
H6  +  

3

2
  H2                                                             6-2 
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Figure 6-2 shows H2 and methane partial pressure dependence of benzene forward 

rates over MoCx/H-ZSM-5 catalysts. Forward rates of benzene formation ((5.2 ± 0.05) x 

10-4 mol s-1 molMo
-1) were independent of hydrogen co-feed partial pressure (0 – 23 kPa) 

demonstrating that hydrogen does not have any kinetic effect on the rate-limiting step of 

CH4 DHA. These results are in line with the invariant forward rate of benzene formation 

((3.8 ± 0.5) x 10-4 mol s-1 molMo
-1) at different Mo/H-ZSM-5 catalyst loadings (0.1 – 1.0 g) 

and H2:CH4 co-feeds (0.03 – 0.11 molar ratio) for methane DHA at 950 K reported 

previously.[111]  Bedard et al. [111] demonstrated that the net rate of benzene formation 

systematically decreased with increasing H2 co-feed concentration (H2:CH4 = 0.09 – 0.27 

molar ratio) and that benzene net rates recovered to their pre-H2 co-feed values upon 

removal of H2 from the reactor influent evincing that hydrogen does not cause any 

irreversible structural or chemical modification to the MoCx moieties present in the catalyst 

during methane DHA at 950 K.  

Benzene was shown to have no kinetic effect on the stoichiometric reaction of CH4 to 

H2 and C6H6 (equation 6-1) on Mo/H-ZSM-5 at 950 K as evident from an invariant benzene 

forward rate ((3.8 ± 0.5) x 10-4 mol s-1 molMo
-1) at varying outlet benzene partial pressure 

(0.1 – 0.6 kPa) achieved via different catalyst loadings (0.05 – 1.0 g Mo/H-ZSM-5).[111] 

As shown in Figure 6-2, benzene forward rates were ~ 0.72 order in methane partial 

pressure (2.7 – 97.6 kPa) on MoCx/H-ZSM-5 at 973 K. These kinetic results elucidate that 

the forward rates of benzene formation during methane DHA on MoCx/H-ZSM-5 can be 

expressed by the rate equation shown in equation 6-3. We utilize this rate equation in 

conjunction with the Péclet number measurements (discussed in Section 6.4.2.2 below) to 
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develop a reaction-transport model for methane DHA studies on MoCx/H-ZSM-5 + Zr 

catalyst formulations. 

𝑅𝐵
⃗⃗⃗⃗  ⃗ = 𝑘𝐵PCH4

0.72                                                        6-3 

 

Figure 6-2 Effect of H2 partial pressure (solid black diamonds, varied from 0 – 25 kPa 

at 97.6 kPa CH4 and balance argon, total flow rate ca. 0.27 cm3 s-1, temperature = 973 

K and catalyst loading = 1.2 g) and methane partial pressure (solid black circles, varied 

from 2.7 – 97.6 kPa, total flow rate ca. 0.27 cm3 s-1, temperature = 973 K and catalyst 

loading = 1.2 g). Methane conversion was in the range 1.2 – 8.1 %. Dashed lines are 

included as a guide to the eye. 
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6.4.2.2 Measurement and Calculation of Péclet Number, Pe 

The enhanced aromatic synthesis rates observed on introduction of Zr metal bed 

upstream and downstream of the MoCx/H-ZSM-5 catalyst bed can be rationalized by 

accounting for bed-scale transport of hydrogen (generated over MoCx/H-ZSM-5 catalysts) 

both co- and counter-current to bulk advection. Péclet number (equation 6-4) is utilized to 

evaluate the relative contributions of diffusive/dispersive and convective transport in 

tubular flow reactors. 

Pe = uL/Deff = (
us

ε
)L/Deff 6-4 

  

where L is the catalyst bed-length, Deff is effective diffusion coefficient, and u is total 

linear flow velocity, us is superficial linear flow velocity, and ε is catalyst bed void fraction. 

Péclet number is the non-dimensional ratio of rates of diffusive and convective gas-phase 

transport in tubular flow reactors and can be used as an indicator of the importance of axial 

dispersion. Limit of Pe → ∞ represents an ideal plug-flow reactor (PFR) where bulk 

advection in one-direction is responsible for mass transport whereas neighboring fluid-

elements are unable of exchanging matter. Pe ≲ 10 is indicative of significant axial 

dispersion. Axially-dispersed packed-bed reactors are characterized by bed-scale material 

transport in response to concentration gradients due to chemical reaction and/or absorption 

rate processes occurring either (pseudo)-homogenously or at reactor bounds [242].  

Tubular flow reactors packed with catalyst or absorbent particles have shortened mean-

free path and diminished diffusional motion. Therefore, Deff, the effective bulk gas-phase 

diffusion coefficient are lower than D, the molecular limit. D is defined as the ratio of the 

diffusive flux and species concentration gradients in an unobstructed fluid medium [242]. 
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Therefore, substitution of D in place of Deff into Eq. 6-4 gives an absolute lower-bound on 

Pe for particular process conditions i.e., catalyst bed-length (L), effective diffusion 

coefficient (Deff), superficial linear flow velocity (us), and catalyst bed void fraction (ε). In 

this report, we use theoretical and experimental means to evaluate Deff, and Pe and thereby, 

validate the observed bed-scale hydrogen diffusion during methane DHA in polyfunctional 

catalyst-absorbent formulations. 

Detailed procedures for approximation of Péclet number for conditions which deviate 

from the ideal plug-flow reactor are provided by Levenspiel [242]. Bodenstein number, 

Bo, (equation 6-5) and catalyst-bed aspect-ratio, A, (equation 6-6) calculations suggest that 

the packed-bed reactor configurations utilized in this work are neither ideally-dispersed 

nor convectively-controlled. Therefore, the asymptotic, closed-form solution of the Navier-

Stokes equation cannot be used for calculation of Pe. [242] 

Bo = ud/D 6-5 

  

A = L/D 6-6 

  

where d is reactor diameter. Marshall [244] presents a combination of Darcy’s law 

[243] and Poiseuille’s law to obtain a correlation between D, Deff, and packed-bed porosity, 

ε (equation 6-7) for a viscous fluid flow. 

Deff

D
= ε

3
2 6-7 

  

Mutual diffusion coefficients for hydrogen for a number of gaseous mixtures were 

measured by the Taylor dispersion method [246] and the data was fitted to power law 

models with coefficients similar to those predicted by the kinetic theory of gases [247] as 

reported by Matsunanga, et al. [245]. We utilized these correlations to calculate D 



216 

 

(973 K) = 6.3 ±0.2 cm2 s-1 resulting in Pe ≳ 0.3 (using Eq. 6-4) which is an absolute lower-

bound on Pe. Using ε = 0.35, a typical value for packed bed columns [248], we find Pe = 

1.40 ± 0.2 for the reactions conditions used in this work, thereby, validating the balance of 

convective and diffusive time scales as indicated by the Bodenstein number and aspect 

ratio [242].  

We also measured Pe via step-change and pulse input of hydrogen through an inert bed 

of quartz sand particles sieved to identical size and packed to identical bed-length as 

compared to 1.2 g MoCx/H-ZSM-5 catalyst beds used in methane DHA reactions. The 

tracer experiments were performed for a range of reaction conditions (reactor diameter ~ 

0.68 – 1.05 cm, temperature ~ 303 – 973 K, and total flow-rate ~ 17.6 – 40 cm3 s-1) to 

demonstrate the dependence of Deff solely on temperature. We used the effluent hydrogen 

pressure histories for pulse and step-change inputs to calculate residence-time (exit-age) 

distribution, E, and mean residence time, tavg. Non-dimensional E (equation 6-8) represents 

the distribution of exit-ages of fluid elements which elute from the packed-bed reactor and 

is a normalized quantity such that ∫ Edt
∞

0
 = 1, where the non-dimensional time elapsed 

from tracer entry is given by equation 6-9.[242] 

Eθ = tavgE 6-8 

  

θ = t/tavg 6-9 

  

Figure 6-3 shows the comparison of Eθ profiles from experiments and the analytical 

solutions of differential mole balances for a perfect pulse (i.e. Dirac-delta function) or 

perfect step-change (i.e. Heaviside function) feed flow. The Pe are obtained by fitting the 

data with a mean-square minimization while using an axially-dispersed tubular reactor. 
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Deff and Pe as measured by hydrogen tracer experiments and calculated using equation 

6-4 are shown in Table 6-1. Experimentally measured Péclet numbers were found to range 

from 1.8 to 10 depending on process conditions (reactor diameter, total flow-rate, and bed 

temperature). Using equation 6-4, Deff was calculated to be 1.4 – 1.5 cm2
 s

-1 at 973 K which 

was in good agreement with the theoretical value of 1.4 cm2 s-1 from equation 6-7 with ε = 

0.35. For the methane DHA reaction conditions (temperature and flow rate) used in this 

work, Deff = 1.43 cm2 s-1 at 973 K results in a Pe = 1.32 demonstrating that convective and 

diffusive mass transport are balanced in the polyfunctional Zr + MoCx/H-ZSM-5 lab scale 

investigations reported in this work. These results establish the importance of axial 

dispersion in lab-scale packed-bed reactor studies for methane DHA and can be used to 

rationalize the observed enhancement in aromatics yield on introduction of hydrogen-

absorbing Zr metal bed downstream or upstream of the MoCx/H-ZSM-5 catalyst bed. 
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Figure 6-3 Non-dimensional tracer response curves (● or —) and ideal response fit (---) 

upon introduction of H2 by (a) impulse at 973 K with 0.33 cm3 s-1 total flow, (b) impulse 

at 973 K with 0.66 cm3 s-1 total flow, (c) step-change at 303 K with 0.29 cm3 s-1 total flow, 

and (d) step-change at 973 K with 0.29 cm3 s-1 total flow. Solid black lines in 3(a) and 

3(b) are to guide the eye. Detailed experimental conditions listed in Table 1. 
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Table 6-1 Summary of calculated and measured Pe, Deff 

 

 

6.4.3 Impacts of Catalyst-Absorbent Proximity on MoCx/H-ZSM-5 Deactivation 

Apparent loss of methane DHA activity in polyfunctional mixtures is complicated by 

conflation of dynamics attributable to catalytic CH4 activation and stoichiometric 

absorption of H2 into bulk Zr. As a metric for deactivation we consider decay in benzene 

yield, concomitant with decrease in total methane conversion, which results from (i) a 

deactivation of the MoCx/H-ZSM-5 catalyst and (ii) gradual saturation of Zr hydrogen 

absorption capacity. Loss of catalyst activity is generally attributed to carbon deposition 

either from (i) graphitic carbon formation from unsaturated products of initial methane C-

H activation or (ii) formation of PAHs and their derivatives which congest zeolite pores 

preventing access to MoCx aggregates and/or Brønsted acid sites. [106,113–115,128] 

Iglesia, et al. [239] have demonstrated the kinetics of deactivation on conventional 

Mo(Cx)/H-ZSM-5 catalysts are well-described by a 1st-order deactivation rate constant, 

which assumes decrease in activity arises solely from a loss of catalytic active sites, S, at a 

rate  

Method a 

Temperatur

e 

[K] 

Flow Rate 

[cm3 s-1] 

Reactor 

Diameter 

[cm] 

Pe b 
Deff 

b 

[cm2 s-1] 

H2 Pulse in CH4 (Fig. 3a) 973 20.0 0.68 5.0 1.4 

H2 Pulse in CH4 (Fig. 3b) 973 40.0 0.68 10 1.4 

H2 Step-Change in Ar (Fig. 3c) 303 17.6 1.05 5.0 0.5 (2.3e) 

H2 Step-Change in Ar (Fig. 3d) 973 17.6 1.05 1.8 1.5 

Equation 6 c 973d 13.0d 1.05d 1.3 1.4 
a All experiments performed at 973 K  
b Calculated taking ε = 0.35  
c D taken from correlations given by Matsunanga, et al. [237]   
d Reaction conditions relevant to methane DHA reactions performed in this work 
e Adjusted to 973 K assuming Deff ~ T3/2 
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dS

dt
 = -kdS                                                         (29) 

Figure 6-4 shows this simple model quantitatively captures decay of net benzene 

formation rates for MoCx/H-ZSM-5 with or without Zr.  Formulations wherein zirconium 

is either physically mixed with MoCx/H-ZSM-5 or staged downstream of the catalyst show 

two distinct deactivation regimes whose transition coincides, in each case, with hydrogen 

breakthrough (i.e. complete saturation of ZrHx) [239]. Apparent deactivation due to Zr 

saturation during in-situ H2 removal is more rapid in interpellet mixtures than in staged 

configurations owing to catalyst-absorbent intimacy increasing rates of both H2 production 

by DHA reactions and absorption by proximate Zr. Following hydrogen breakthrough, net 

benzene rates in physical interpellet mixtures are significantly less than those intrinsic to 

MoCx/H-ZSM-5 catalysts suggesting increased carbon deposition during in-situ H2 

removal (Figure 6-4 (a)) alters either the quantity or nature of catalytic active sites. In 

contrast, staging Zr downstream of MoCx/H-ZSM-5 (Figure 6-4 (b)) has little effect on 

benzene rates after zirconium saturation, demonstrating separation of catalyst and 

absorbent moderates coke formation during polyfunctional catalysis, preventing significant 

alteration to speciation and number of active sites. Further, 1st-order deactivation rate 

constants after hydrogen breakthrough in both interpellet and staged configurations are 

unchanged compared to MoCx/H-ZSM-5 catalysts under identical reaction conditions 

(Table 6-2), evincing in-situ H2 removal in these formulations does not irreversibly alter 

kinetics of deactivation phenomena despite impacting carbon dynamics during enhanced 

methane conversion.  
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Figure 6-4 (c) shows benzene net synthesis rate histories for Zr packed upstream of 

MoCx/H-ZSM-5. Saturation of ZrHx upstream of MoCx/H-ZSM-5 catalyst demands H2 

transport opposite to convective flow, concomitantly eliminating both breakthrough 

behavior of H2 elution curves and the two distinct deactivation regimes characteristic of 

polyfunctional formulations in Figure 6-4 (a) and (b). Loss of activity in Figure 6-4 (c) 

follows a 1st-order deactivation profile throughout the lifetime of catalyst and absorbent 

with greater kd than those intrinsic to MoCx/H-ZSM-5 (Table 6-2). We posit that the high 

concentration of H2 removal sites at low contact times is responsible for the rapid 

deactivation in these reactor configurations. MoCx/H-ZSM-5 deactivation may, in part, 

result due to molecular moieties formed at low contact times (equivalently low 

conversions) whose formation is promoted by removal of molecular hydrogen. At low 

conversions, intermediates to observed arenes, proposed to be C2Hx, [117] are not yet at 

concentrations sufficient for conversion to aromatic hydrocarbons and H2 abstraction may 

disproportionately enhance formation of graphitic carbon, CH4 → C(s) + 2H2, which 

provides an absolute upper-bound on H2 liberated per carbon, and thus, if equilibrium 

limited, is most aided by hydrogen removal.  

Figure 6-4 (d) demonstrates H2 breakthrough and benzene rate histories are 

complicated by partition of Zr upstream and downstream of the catalyst bed. We identify 

two deactivation regimes before and after H2 breakthrough; however, the transition is not 

distinct as in Figure 6-4 (a) and (b). Apparent breakthrough in Figure 6-4 (d) corresponds 

solely to complete saturation of Zr partitioned downstream of catalyst; saturation of Zr 

packed upstream of catalyst is not coincident with H2 breakthrough, as evidenced by 
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Figure 6-4 (c). In contrast to interpellet mixtures and formulations with Zr staged solely 

downstream of catalyst, 1st-order deactivation rate constants after H2 breakthrough for 

sandwich configurations are significantly larger than those without zirconium suggesting 

H2 removal sites concentrated upstream of the catalyst bed continue to deleteriously impact 

stability of methane aromatization rates. Disparate impact of H2 removal at low or high 

contact times on catalyst stability, even after Zr saturation, supports hypotheses that 

graphitic carbon, or another small molecule precursor, is involved in deactivation of active 

sites in Mo/H-ZSM-5 catalysts.  

 

 

 

 

 

 



223 

 

 

Figure 6-4 Instantaneous net benzene synthesis rate (left y-axes) and hydrogen 

effluent rate (right y-axes) as a function of time-on-stream during methane DHA 

reaction for (a) an interpellet physical mixture of Zr and MoCx/H-ZSM-5, (b) Zr 

packed downstream of MoCx/H-ZSM-5, (c) Zr packed upstream of MoCx/H-ZSM-

5, and (d) sandwich configuration, compared to MoCx/H-ZSM-5 only in each case. 

Reaction conditions: 973 K, MoCx/H-ZSM-5 ≈ 1.2 g, Zr ≈ 2.4 g, feed flow rate ≈ 

0.21 cm3 s-1 (90 vol% CH4). Dashed lines are linear fits for the curves as discussed 

in text and corresponding data shown in Table 6-2. 
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Table 6-2 Summary of deactivation constants for benzene formation calculated using 

equation 31 for MoCx/H-ZSM-5 and Zr in different fixed-bed configurations 

 

6.4.4 Methane DHA on Zr bed packed downstream of MoCx/H-ZSM-5 with 

different Zr metal loadings 

Methane DHA was investigated on Zr beds packed downstream of MoCx/H-ZSM-5 

bed with different Zr:MoCx/H-ZSM-5 loadings (0.2 – 5). The time-on-stream evolution of 

methane conversion, benzene, naphthalene, and hydrogen net rates for different 

Zr:MoCx/H-ZSM-5 loadings (0.2 – 5) are shown in Figure 6-5. As shown in Figure 6-5 

(a), increase in the Zr metal loading increased the maximum methane conversion from 9 

% (MoCx/H-ZSM-5 only) to 23% (Zr:MoCx/H-ZSM-5 weight ratio ~ 5) due to 

circumvention of thermodynamic limitations by hydrogen abstraction by Zr metal. 

Hydrogen removal results in enhanced aromatics formation as evident from increasing 

benzene and naphthalene net rates with Zr metal loadings (0.2 – 5 weight ratio of 

Zr:MoCx/H-ZSM-5) as shown in Figure 6-5 (b) and (c). During methane reaction, Zr metal 

bed packed downstream of MoCx/H-ZSM-5 catalyst absorbs hydrogen formed in the 

catalyst bed and therefore, the hydrogen net rate observed at the reactor outlet is 

significantly suppressed and a breakthrough curve in hydrogen net rate is observed. 

Fixed-bed configuration 
kd before hydrogen 

breakthrough / s-1 

kd after hydrogen 

breakthrough / s-1 

No Zr (MoCx/H-ZSM-5 only) NA 0.0094 

Interpellet mixture a 0.1058 0.0113 

Zr downstream b 0.0418 0.0109 

Zr upstream c NA 0.0243 

Sandwich d 0.0733 0.0171 
a Corresponding data shown in Figure 6(a) 
b Corresponding data shown in Figure 6(b) 
c Corresponding data shown in Figure 6(c) 
d Corresponding data shown in Figure 6(d) 
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Increase in Zr metal loading increases the time before breakthrough in hydrogen net rate is 

observed as shown in Figure 6-5 (d). Table 6-3 shows the methane turnovers, cumulative 

product yields, hydrogen balance (Hmissing:Zr), and hydrogen desorbed during post-reaction 

He TPD for MoCx/H-ZSM-5 and Zr packed downstream of MoCx/H-ZSM-5 with different 

Zr:MoCx/H-ZSM-5 loadings (0.2 – 5). Methane turnovers and cumulative product yields 

(C2-C10
+) increased monotonically with increasing Zr:MoCx/H-ZSM-5 ratio as shown in 

Table 6-3. Increase in Zr loading increased coke deposition presumably due to formation 

of polyromatic species that block the zeolite channels. Good agreement between hydrogen 

balance and hydrogen desorption by post-reaction TPD in all the cases demonstrated that 

all the hydrogen absorbed by Zr metal during methane DHA reaction could be removed by 

temperature programmed desorption in helium at ~1193 K as shown in Table 6-3. 
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(a) (b) 

(c) (d) 

Figure 6-5 (a) Methane conversion, (b) benzene, (c) naphthalene, and (d) hydrogen net rates as a 

function of time-on-stream on MoCx/H-ZSM-5 only and Zr bed packed downstream of MoCx/H-

ZSM-5 with different Zr:MoCx/H-ZSM-5 loadings (0.2 – 5). MoCx/H-ZSM-5 loading ~1.2 g with 

Mo/Alf ~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), 

reaction at ~973 K. 
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Table 6-3 Oxygen removed during carburization, methane converted, product yields, 

and hydrogen balance for MoCx/H-ZSM-5 only and Zr bed packed downstream of 

MoCx/H-ZSM-5 with different Zr:MoCx/H-ZSM-5 loadings (0.2 – 5). MoCx/H-ZSM-

5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 cm3 

s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. Corresponding time-on-stream data 

shown in Figure 6-5. 
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6.5 Conclusions 

Introduction of a continuous hydrogen scavenging functionality via interpellet and 

staged fixed-bed configurations of MoCx/H-ZSM-5 and Zr metal circumvents intrinsic 

thermodynamic limitations of methane DHA at 973 K, thereby, increasing single-pass 

methane conversion to near the kinetic limit (~14% conversion to benzene), as dictated by 

forward synthesis rates. Zr metal beds staggered downstream and/or upstream of the 

MoCx/H-ZSM-5 catalyst bed results in 1.5 – 1.7 fold enhancement in cumulative product 

yield due to transient hydrogen absorption by Zr accelerating methane conversion to 

aromatics. Inert H2 tracer studies with impulse and step-change input measure effective H2 

dispersion coefficients, Deff = 1.4 cm2 s-1, and Péclet number, Pe = 1.32, to confirm the 

significant role of axial dispersion at process conditions relevant to catalytic studies. In-

situ hydrogen removal is also observed to affect the deactivation of Zr + MoCx/H-ZSM-5 

formulations in methane DHA. 
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6.6 Supporting Information 

6.6.1 CH4 dehydroaromatization on Mo/H-ZSM-5 and MoCx/H-ZSM-5 

Methane dehydroaromatization was investigated at 973 K on Mo/H-ZSM-5 and 

MoCx/H-ZSM-5 catalyst formulations. Corresponding results are shown in Figure 6-6. 
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Figure 6-6 Product formation rates and methane conversion as a function of time-

on-stream for (a), (b), (c) Mo/H-ZSM-5 and (c) MoCx/H-ZSM-5 at 973 K, total flow 

rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), and catalyst loading ~1.2 g with 

Mo/Alf ~0.25. (a) Symbols are GC data and lines are mass spectrometer (MS) 

transient data. (b) and (c) Symbols are GC data and lines are included as a guide to 

the eye. The dotted red line in (b) and (c) indicates the equilibrium conversion ~10% 

for 6𝐶𝐻4 ↔ 𝐶6𝐻6 + 9𝐻2 at 973 K. (c) CH4 reaction on Mo/H-ZSM-5 was stopped 

after 15.5 ks and the feed was switched to helium (~0.83 cm3 s-1). The catalyst was 

cooled to room temperature, then heated to ~973 K in the same helium flow, and 

finally CH4 reaction was started on the pre-carburized catalyst designated as 

MoCx/H-ZSM-5. 
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6.6.2 CH4 dehydroaromatization on MoCx/H-ZSM-5 and Zr metal in various 

fixed-bed configurations 

Methane dehydroaromatization was investigated at 973 K on MoCx/H-ZSM-5 and Zr 

fixed-beds in different configurations. Corresponding results are shown in Figure 6-7. 

 

Figure 6-7 Cumulative (a) methane converted, (b) benzene and (c) naphthalene yield as a 

function of time-on-stream on MoCx/H-ZSM-5 and Zr catalyst beds configured with 

MoCx/H-ZSM-5 only, Zr packed downstream of MoCx/H-ZSM-5, Zr packed upstream of 

MoCx/H-ZSM-5, Zr packed both upstream and downstream of MoCx/H-ZSM-5 

(sandwich), and an interpellet physical mixture of Zr and MoCx/H-ZSM-5. MoCx/H-ZSM-

5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 cm3 s-1 

(90 vol% CH4/balance Ar), reaction at ~973 K. 
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6.6.3 Hydrogen balance for CH4 dehydroaromatization on MoCx/H-ZSM-5 and 

Zr metal in various fixed-bed configurations 

Hydrogen balance calculations were performed for methane DHA reactions on 

MoCx/H-ZSM-5 and Zr fixed-beds in different configurations. Corresponding results are 

shown in Figure 6-9. The total number of hydrogen atoms missing in the reactor effluent 

at the end of saturation of Zr metal (16.1 ks,  11.5 ks, 10.2 ks, and 10.2 ks for Zr packed 

downstream of MoCx/H-ZSM-5, Zr packed upstream of MoCx/H-ZSM-5, Zr packed both 

Figure 6-8 Cumulative product selectivity (carbon basis) calculated at 10.2 ks time-on-

stream on MoCx/H-ZSM-5 and Zr catalyst beds configured with MoCx/H-ZSM-5 only (No 

Zr), Zr packed downstream of MoCx/H-ZSM-5, Zr packed upstream of MoCx/H-ZSM-5, 

Zr packed both upstream and downstream of MoCx/H-ZSM-5 (sandwich), and an 

interpellet physical mixture of Zr and MoCx/H-ZSM-5. MoCx/H-ZSM-5 loading ~1.2 g 

with Mo/Alf ~0.25, Zr metal loading ~2.4 g, total flow rate ~0.21 cm3 s-1 (90 vol% 

CH4/balance Ar), reaction at ~973 K. 
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upstream and downstream of MoCx/H-ZSM-5 (sandwich), and an interpellet physical 

mixture of Zr and MoCx/H-ZSM-5, respectively) during methane reaction were estimated 

using equation 6-4 and normalized by total Zr atoms present in the catalyst bed. This 

number is referred as “absorbed” in Figure 6-9. A temperature-programmed-desorption 

(TPD) in helium flow (~0.83 cm3 s-1) at ~1193 K was performed following methane 

dehydroaromatization reaction at 973 K for all fixed-bed configurations and the reactor 

effluent transient was monitored using an online mass spectrometer. Hydrogen was 

observed to elute from the reactor presumably from the zirconium hydride formed by 

hydrogen absorption during methane reaction. The total amount of hydrogen eluted during 

TPD was calculated using helium as an internal standard. The number of hydrogen atoms 

eluted, normalized by the total Zr atoms present in the catalyst bed, is referred as 

“desorbed” in Figure 6-9. 

Hmissing= (2 × H2 + 4 × C2Hx + 6 × C6H6 + 8 × C7H8 + 10 × C8H10 +  8 × C10H8 + 10 × 

C10
+ ) - (4 × CH4 reacted)             6-4 
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Figure 6-9 Hydrogen missing during methane DHA reaction (black data set) and hydrogen 

desorbed during post-reaction helium TPD at 1193 K (red data set) for MoCx/H-ZSM-5 

and Zr catalyst beds configured with Zr packed downstream of MoCx/H-ZSM-5 (Zr after), 

Zr packed upstream of MoCx/H-ZSM-5 (Zr before), Zr packed both upstream and 

downstream of MoCx/H-ZSM-5 (sandwich), and an interpellet physical mixture of Zr and 

MoCx/H-ZSM-5. MoCx/H-ZSM-5 loading ~1.2 g with Mo/Alf ~0.25, Zr metal loading 

~2.4 g, total flow rate ~0.21 cm3 s-1 (90 vol% CH4/balance Ar), reaction at ~973 K. 
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 Future Work 

Methane dehydroaromatization (DHA) on Mo/H-ZSM-5 formulations at 973 K 

suffers from catalyst deactivation and intrinsic thermodynamic equilibrium limitations. 

The work presented in this thesis paves way for a number of future research directions such 

as (i) studying the cause and nature of catalyst deactivation, (ii) identifying the key 

intermediates involved in methane DHA, (iii) understanding carburization dynamics 

during conversion of MoOx/H-ZSM-5 to MoCx/H-ZSM-5 formulations, (iv) elucidating 

the diffusional constraints in methane DHA, and (v) extending the use of hydrogen 

absorbent to other materials, thereby, providing a handle on the rate of hydrogen removal 

during methane DHA. 

 The work presented in Chapter 5 addresses the thermodynamic equilibrium 

challenge in methane DHA by introduction of a metal hydrogen absorbent, zirconium, 

resulting in above-equilibrium methane conversions. Despite high methane conversions 

(11 – 28 %), the catalyst suffers from rapid deactivation. This catalyst deactivation is 

partially attributed to the formation of polyaromatic species which presumably leads to 

blockage of zeolite pores making the oligomerization sites (Brǿnsted acid sites) 

inaccessible to reactive intermediates resulting in reduction in number of available active 

sites as the reaction progresses. This hypothesis is consistent with the decrease in aromatic 

formation rates with times-on-stream with a concurrent increase in C2Hx formation rate on 

MoCx/H-ZSM-5 catalysts as discussed in Chapter 5. Quantifying the number of Brǿnsted 

acid sites using dimethyl ether (DME) titrations (reported previously by Bedard et al.[111]) 

at different times-on-stream on MoCx/H-ZSM-5 and MoCx/H-ZSM-5 + Zr formulations is 
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recommended to validate the above hypothesis and also establish if circumvention of 

thermodynamic limitations changes the nature of deactivation for methane DHA.  

The reaction pathway for methane DHA on MoCx/H-ZSM-5 formulations is 

proposed to involve methane conversion to C2Hx species (ethane, ethylene, and acetylene) 

which are subsequently converted to aromatics (primarily benzene and naphthalene) via 

chain-growth reactions. The exact nature of the key reactive intermediate(s) in this 

chemistry is still debated. A systematic study involving space-time variations, co-feed of 

C2Hx (ethane, ethylene, and acetylene), benzene, and naphthalene, and rigorous kinetic 

analysis involving calculation of forward rate of benzene and naphthalene formation, can 

provide insights into the nature and role of the reaction intermediate(s) during methane 

DHA on Mo/H-ZSM-5 formulations.  

As discussed in Chapter 5, methane reaction on MoOx/H-ZSM-5 at 973 K results 

in carburization transients during which MoOx/H-ZSM-5 precursor is converted to 

MoCx/H-ZSM-5 catalyst as evidenced from HAADF-STEM characterization and 

deposition of 9 carbon per Mo at the end of carburization. The nature of the deposited 

carbon species and the role of carburization in catalyst stability have not been established 

unambiguously till date. Investigating the carburization of MoOx/H-ZSM-5 using various 

carburizing agents like methane and C2 – C4 hydrocarbons and at varying temperatures and 

pressures, followed by characterization of the resulting MoCx/H-ZSM-5 formulations via 

HAADF-STEM, X-ray absorption, and methane DHA probe reaction can help understand 

the role of catalyst synthesis in catalyst deactivation and nature of Mo species in resulting 

MoCx/H-ZSM-5 materials.  
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Light olefins (C2 – C7) selectivity during methanol-to-hydrocarbon (MTH) 

conversion on MFI catalysts was shown to be affected by the intra-crystalline residence 

time of bulkier hydrocarbons which changed the relative propagation of aromatics-based 

and olefins-based catalytic cycles.[249] Along similar lines, changing the intra-crystalline 

residence time of reactive intermediates in methane DHA could provide a handle for 

controlling the extent of polyaromatics formation and thereby, mitigate the observed 

catalyst deactivation. A systematic study of the diffusional constraints in methane DHA on 

MoCx/H-ZSM-5 involving synthesis of H-ZSM-5 formulations with varying crystallite 

size, loading the samples with consistent amounts of Mo oxide precursors, and subsequent 

evaluation of deactivation constants during methane DHA, using the protocols discussed 

in chapter 6, will be prudent. These experimental studies can be supported by the 

developmental of a mathematical model accounting for transport phenomena at crystallite 

length scales similar to the reaction-transport model referred to in chapter 6. 

The heavyside breakthrough curves for hydrogen uptake on Zr metal reported in 

chapter 5 suggest that hydrogen absorption by Zr during methane DHA is not kinetically 

limited. The rapid deactivation during methane DHA on Zr + MoCx/H-ZSM-5 

formulations can also be attributed to saturation of Zr metal due to formation of ZrHx on 

hydrogen absorption leading to >10% methane conversions for a limited time-on-stream. 

Therefore, a possible approach to retain above-equilibrium methane conversions for longer 

durations on catalyst-absorbent formulations would be to utilize hydrogen absorbents with 

slower rates or higher capacity of hydrogen absorption at relevant reaction conditions. 
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Titanium, ceria, nickle, and niobium are some of the known hydrogen absorbents reported 

in literature which can replace Zr metal used in this thesis.[250–252] 
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Scheme 9-1 Schematic of the reactor unit utilized in this thesis work 


